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1
GENERAL INTRODUCTION

Parts of this chapter is published as "Electrochemical methods for carbon dioxide separations", by K.M.
Diederichsen*, R. Sharifian*, J. Kang, Y. Liu, S. Kim, B. Gallant, D. A. Vermaas, T. A. Hatton. Journal of Nature
Reviews Methods Primers 2, 68 (2022). [1] * These authors contributed equally.
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2 1. GENERAL INTRODUCTION

1.1. NECESSITY OF CARBON CAPTURE
To mitigate the climate change, complying with the Paris Agreement, a global net zero
greenhouse gasses (GHG) emission needs to be realized by 2050 [2]. In line with this
ambition, to decarbonize the global economy, the “Net Zero by 2050” IEA-roadmap pro-
vides a pathway by setting out more than 400 milestones for all countries and policy
makers (Figure 1.1) [2].

Figure 1.1: Few selected global milestones for policies, infrastructure, and technology deployment for achiev-
ing the net zero emission scenario by 2050 [2].

The global annual clean energy investments need to at least triple by 2030 (i.e., to
around 4 trillion USD) to reach net zero emissions by 2050 [2]. Approximately 90 % of
the global electricity generation in 2050 would need to come from renewable sources,
including solar PV and wind together to account for more than 70%. Unfortunately, the
current share of renewable electricity generation is less than 30 % [3]. For solar power,
the required capacity-increase translates to a need to install the world’s largest solar park
every day [2]. The energy transition must also involve achieving 3000 GW electrolysers
to produce low-carbon hydrogen in Mt scale (while the global installed electrolysers ca-
pacity in 2020 was only 0.3 GW [4]), Figure 1.1. It is an immense challenge to transition
this fast, while also adressing the needs in transport and industry.

On the bright side, we can use extra tools to speed up the carbon neutrality chal-
lenge; removing carbon dioxide directly from the environment is such a tool. Even in
the most optimistic scenario, if by 2050 the global energy sector transitions to renew-
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able electricity, direct carbon removal from the environment is still inevitable to achieve
the carbon neutrality goal (Figure 1.1). Particularly as many markets (e.g., long-distance
transport, agriculture and industry that need carbon as a feedstock) are not able to tran-
sition to renewable sources in the short term. Therefore, carbon removal, directly from
the air (DAC) or ocean (i.e., indirect air capture [5]), is necessary to compensate for hard-
/ impossible-to-abate emissions [2].

By 2030, a capture capacity of 4 GtCO2 per year must already be achieved. This is
while, unfortunately, the current carbon capture, utilization, and storage (CCUS) facil-
ities around the world have the capacity to capture only 0.04 GtCO2 per year (and that
mainly from flue gas) [6].

Annually, more than 35 Gt CO2 is emitted. From the total emissions, at least 35 % is
decentralized emission that cannot be addressed locally (see Chapter 2). All uncaptured
emissions end up in the atmosphere which, subsequently, can settle an equilibrium with
the dissolved CO2 in the ocean through the carbonate equilibrium (see Chapter 2). While
the carbon concentration in the atmosphere is small (ca. 400 ppm), the dissolved inor-
ganic carbon in the ocean, converted to CO2 gas, is more than 140× more concentrated
by volume in seawater than is CO2 gas in air [7]. Furthermore, thanks to the vast con-
tact area of the ocean with the atmosphere, the air-ocean carbon exchange rate is fast,
enabling indirect carbon capture from the air through oceanic carbon removal [5].

Extracting 1 Gton-CO2 per year (i.e., ca. 2.7 % of the total global CO2 emission) from
the ocean surface layer (i.e., the upper ca. 100 m, also known as the ocean surface/ mixed
layer) requires processing only a fraction of 0.00025 of this layer’s volume [5]. From every
1 L of seawater, theoretically ca. 2.13 mM CO2(g) or 2.078 mM CaCO3(s) can be extracted
(see Chapter 4). When the dissolved inorganic carbon (DIC) content is extracted from
the ocean, the decarbonized stream can be directed back to the ocean where it can re-
equilibrate with the atmosphere again through absorbing CO2(g) from the atmosphere,
allowing the cycle to be repeated. Assuming that the decarbonized sea/ ocean water is
returned to the surface mixed layer of the ocean, the time scale for CO2 re-absorption is
approximated to be within one year [8].

1.2. ELECTROCHEMICAL CARBON CAPTURE
Electrochemistry is the science that deals with interaction between electrical energy and
chemical changes [9]. The separation of carbon dioxide from a dilute feed driven by an
electrochemical potential comprises a growing field of research that shows promise to-
wards reducing the energy requirements of carbon capture processes. The importance
of improving carbon capture processes has only grown as the climate crisis driven by
anthropogenic CO2 emissions worsens. Traditional methods of separating CO2 from the
flue gas of a power plant, industrial process, or from air rely on thermal or pressure-
swings to modulate the affinity of a sorbent for CO2. Such processes, including amine
scrubbing [10], calcium looping [11], and solid supported sorbent [12] have been studied
for decades, with several commercial processes now available, but still require signifi-
cant improvements in cost and energetic penalty, required chemicals, and sustainability
(see Chapter 2). While advances have been made with new chemistries that increase sor-
bent capacity and reduce the required change in temperature, methods involving elec-
trochemistry show promise for revolutionary enhancements [13].
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Electrochemical methods of separating CO2 from a dilute feed gas were first studied
in the early days of manned spacecraft as a means of cabin air filtration, using molten
carbonate cells [14–17]. Since then, many other types of electrochemical processes have
been described, comprising a wide range of potential applications with any concentra-
tion of feed CO2 (see Chapter 2). Electrochemical methods may fall under two general
classes of separations, depending on the type of influence on the sorbent; direct or indi-
rect process.

In a direct process, electrochemistry acts directly on the sorbent, while indirect pro-
cesses act on a secondary aspect of the system to modulate capacity. This includes ad-
justments to solution pH or addition and removal of a blocking species which may bind
more strongly to the sorbent than CO2. In either type of process, electrochemical meth-
ods show several potential advantages (see Chapter 2). Conventional (temperature-swing)
capture processes often face difficulties related to operation at elevated temperatures,
including accelerated sorbent degradation and equipment corrosion, high evaporative
losses, and challenges in heat integration with existing plant designs; integration in re-
newable energy systems (which often do not rely on heat cycles) would be even more
challenging. On the other hand, electrochemical processes can operate isothermally
and without necessarily including heating or cooling, though some designs benefit from
faster kinetics at elevated temperatures. Furthermore, electrochemical systems can be
designed to couple to renewable power sources (such as wind and solar) directly, and
quickly scale to different applications with highly modular units.

As elaborated in Chapter 2, electrochemical carbon capture can be done via (1) or-
ganic redox [13] (i.e., direct or indirect modification of a CO2 sorbent using sorbent such
as, bipyridines [18, 19], disulfides [20], copper/amine systems, the quinone species [21],
quinone in salt-concentrated aqueous electrolytes [22], and ionic liquid [23]), (2) Tran-
sition metal (TM) Redox (e.g., Zn, Cu, and Ni compounds) [24], (3) pH-swing (leveraging
the carbonate equilibrium via acid-alkaline pH-swing through electrolysis [25], bipolar
membrane electrodialysis [5, 7, 26, 27], capacitive deionization [28], H+ (de)intercalation
[29], and proton-coupled electron transfer (PCET) of organic molecules) [30, 31], (4)
high-temperature molten carbonate cells [32–35], and (5) hybrid methods (including
electrochemical CO2 capture and conversion combinations [36] and battery systems [37,
38]).

The performance of the carbon capture electrochemical process is determined by
factors including the type of input feed (e.g., gaseous, aqueous) and its CO2/ water/
impurity content, temperature, heat/steam availability, energy source, choice/ perfor-
mance of the cell components (e.g., membrane, solvents, electrodes) and the cell de-
sign. Furthermore, the accuracy and availability of measurement techniques influence
the obtained results and analysis.

This thesis focuses on the pH-swing method applied via a bipolar membrane elec-
trodialysis (BPMED) cell for oceanic carbon capture. The BPMED cell consists of two
end electrodes, charged membranes, and in-between-membranes flow paths (i.e., inte-
grated gasket spacers) (Figure 1.2). The desired chemical reaction (in the case of oceanic
carbon capture) is the conversion of bicarbonate ions to gaseous CO2 or carbonate ion
(and subsequently e.g., calcium carbonate CaCO3(s)). Via electrochemistry, this reaction
takes place under an electrical driving force supplied by a power supply or potentiostat/
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galvanostat.

Figure 1.2: The electrochemical bipolar membrane electrodialysis (BPMED) stack technology for sustainable
carbon capture from the ocean and the possible captured carbon fates of utilization (CCU) or storage (CCS).
The BPMED cell consists of two end electrodes, cation/ anion exchange membranes (CEM, AEM) and the
bipolar membrane (BPM, where the water dissociation reaction (WDR) takes place). Gaseous CO2(g) and solid
CaCO3(s) are the captured products from the acid and base compartments, respectively that can be used or
stored.

Unfortunately, the energy consumption of carbon capture is still high, particularly
from diluted streams including the air and ocean, even using electrochemical methods
[26, 39, 40], see Chapter 2 and 6. Furthermore, the TRL of these methods is still low (<
5), requiring further studies to be performed to explore the challenges in the technology
upon practical deployment.

1.3. ENERGY CONSUMPTION OF THE ELECTROCHEMICAL CAR-
BON CAPTURE

For measurements in electrochemical capture technologies, the most common figures
of merits are the energy consumption, process rate (i.e., current density), product purity
and long term/cycle stability. For the energy consumption, expressed in kJ per moles
of captured CO2, it is noteworthy that electrical energy is required (e.g., from renewable
sources), opposed to traditional methods based on amines or calcium looping, which
requires heat. Most publications report only the electrical energy consumption of the
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electrochemical cell, ignoring the energy consumption for circulating the liquids or ex-
tracting/dissolving gases from the liquid. The electrical energy consumption of the elec-
trochemical cell is defined as (see Chapter 4):

E =
∫

V I

nCO2(g)
d t (1.1)

In which E is the energy consumption (kJmol−1CO2), V is the cell voltage (V), I is the
current (A), t is the time (s) and nCO2(g) is the number of moles CO2 in the product
stream. In the particular case of the bipolar membrane electrodialysis (BPMED) for pH-
swing based carbon capture, in case of steady state, Equation 1.1 becomes:

E =V ×F ×n (1.2)

In which F is the Faraday constant of 96485 Cmol−1, n the number of charges needed to
go from (bi)carbonate to CO2 (which depends on the Coulombic efficiency and the start-
ing compound e.g., bicarbonate or carbonate), and V is the cell voltage (V). In BPMED,
a very low current (I ) deceases the Coulombic efficiency, thus increases n, while a high
current increases the voltage V (i.e., due to ohmic losses), see Chapter 4. Hence, an op-
timum in energy efficiency occurs (for the electrochemical stack), which is currently at
relatively low current density of < 10 mAcm−2 [41].

From an environmental point of view, the total required electrical energy for CO2
capture should be lower than the amount of CO2(g) emitted per unit of electricity used.
As currently the average European emission factor from electricity is ca. 0.46 kgCO2(eq)
per kWh [42], it translates that the total capture energy consumption (incl. pumping,
electrochemical reaction etc.) should not exceed 2.17 kWh per kgCO2(eq) (i.e., ca. 344
kJmol−1CO2). However, in countries where electricity is mainly generated from renew-
able sources such as Iceland or Denmark (i.e., electricity emission < 0.05 kgCO2(eq)kWh−1),
much higher values for energy consumption of the carbon capture can still be economi-
cally appealing. Thankfully, some (lab-scale) electrochemical CO2(g) captures are demon-
strated using even less than 121 kJmol−1CO2 [22], proving the potential of electrochem-
ically induced CO2 capture.

In addition to the amount of required energy and its source, the footprint of the cap-
ture plant/ technology is also important. For instance, solar farms require 5-10 acres per
MW; meaning that, for direct air capture (DAC) of all emissions at about 35 - 40 Gtyr−1,
one would need a solar farm 12 times the size of Rhode Island; meaning that the foot-
print of the solar panels is actually larger than the DAC unit itself [43], so optimising the
energy consumption is also important to keep a small overall footprint.

While the energy consumption is the most reported figure of merit for (electrochemi-
cal) CO2 capture methods, a stable process at high current density (allowing high through-
put) and a high product purity is required for a practical relevant process. Commercially
relevant current densities are typically in the order of 100 mAcm−2, while the minimum
energy consumption is typically at an order of magnitude lower current density [39]. The
gas purity is often defined as the molar fraction of CO2 in the product gas. In the case of
capture from dilute CO2 sources, such as water or air, the recovery rate (for example the
fraction of the entering stream captured) is less relevant, and often not reported.
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1.4. FATE OF THE CAPTURED CARBON

Once separated, the captured CO2 can be e.g., (1) injected (typically in a supercritical
state, in deep geologic formations e.g., in underground saline aquifers and empty oil/ gas
reservoirs); (2) mineralized (e.g., by injection into suitable mineral-rich formations e.g.,
basalt, yielding magnesium or calcium carbonates); or (3) further utilized in downstream
processes such as electrosynthesis of chemicals or fuels (CCU, Figure 1.2). It must be
noted that carbon utilization as chemicals or fuels cannot achieve net carbon removal,
but is necessary to meet the industrial carbon demand, especially when little/ no fossil
fuels are produced anymore. Consequently, so far, the main argument for utilization has
been to provide cost offsets for adoption of capital-intensive capture systems, helping
industries to encourage their earlier-stage adoption.

1.5. ION EXCHANGE MEMBRANES

The electrochemical bipolar membrane electrodialysis (BPMED) stack (Figure 1.2) con-
sists of charged dense ion exchange membranes (IEMs, Figure 1.3). IEMs include cation-
exchange membranes (CEM, negatively charged), anion-exchange membranes (AEM,
positively charged), and bipolar membranes (BPM, cation- and an anion-exchange mem-
brane laminated/ electro-spun together with a water dissociation catalyst in between
[44, 45]). The choice of the IEM determines the dominant ion carrier.

Ion exchange membranes operate under application of an electrical field. Additional
type of membranes used in carbon capture may operate under partial pressure gradient
of CO2(g), including (1) micro-porous gas-liquid contactors (for non-dispersive absorp-
tion), (2) dense membranes for gas permeation, and (3) supported liquid membranes
(also known as immobilized liquid membranes) in which selectivity is given by the affin-
ity of CO2 with the liquid [46].

In addition to IEMs cost and life-time, their (perm)selectivity, and electrical resis-
tance are the main considerations for the use in industry [39, 40, 46, 47]. In the case of
the bipolar membrane for the pH-swing capture, decreasing the required voltage for the
water dissociation reaction (WDR) towards its thermodynamic value (instead of the cur-
rently high voltage of ca. 0.83 V [48]) can reduce the energy consumption of the process
by a factor three [49] (see Chapter 3).
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Figure 1.3: Three different types of ion exchange membranes (IEM), from right to left anion exchange mem-
brane (AEM), which is selective for negatively charged (carbonic) species, bipolar membrane (BPM), which en-
ables fast water dissociation, and cation exchange membrane (CEM), which is selective for positively charged
ions.

1.6. THESIS OUTLINE AND RESEARCH QUESTIONS

Among capture technologies that remove CO2 from the environment, the electrochem-
ical methods already have proven their advantage over the traditional (thermal based)
capture thanks to their sustainability, ease of retrofitting, higher efficiency, and espe-
cially their ability to capture CO2 from diluted streams. Nevertheless, they are still much
more expensive than the price of carbon in market (i.e., > 10×), particularly due to the
amount and price of the required electricity. Aside from the price of electricity and car-
bon market, reducing the electrical energy consumption of the capture technology is
the game changer for further capture developments. In pursuit of lowering the energy
consumption of carbon capture, this work has investigated the in-situ oceanic carbon
capture using bipolar membrane electrodialysis (BPMED).

The use of the bipolar membrane (BPM) in electrochemical cells is versatile; their
ability to support charges via water dissociation allows to use them as a barrier between
electrolytes and products in electrolysis, or to create a pH-swing in BPMED setups. The
bipolar membrane has great potential in electrochemical energy applications and re-
source recovery [45]. However, current bipolar membranes are designed for production
of high purity acid and base (i.e., large pH-swing of e.g., pH = 0 vs. pH = 14) and have
not yet been optimized for other developing applications, such as resource recovery, car-
bon capture, and carbon conversion where a milder pH-swing is already acceptable [49].
While the BPM-selectivity is most important for acid/ base production, for the later ap-
plications (such as carbon capture), membrane ionic selectivity might be of less impor-
tance in comparison with e.g., the membrane resistance [49]. For the BPMED to be fully
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deployed in these newer applications, further development and knowledge is required.
Furthermore, despite its potential in offsetting excess atmospheric CO2, data on oceanic
carbon capture and particularly using electrochemical methods is very limited and (1)
lacks guidelines to decrease the process energy consumption, (2) includes unknowns in
operating at relatively low pH-differences, and (3) misses the opportunities for explor-
ing the use of base stream in seawater CO2 capture. In the framework of the necessary
carbon capture, and the opportunities for electrochemical (ocean) CO2 capture, the fol-
lowing research questions are addressed in the remainder of this thesis:

• What are current challenges, limitations, and advantages of implementing pH-
swing based electrochemical carbon capture technologies on an industrial scale?
(Chapter 2).

• What is the role of the pH-profile along the bipolar membrane (BPM) on its voltage
when performing the water dissociation reaction? (Chapter 3).

• How to reduce the electrical energy consumption of the oceanic carbon capture
performed via bipolar membrane-based in-situ mineralization? (Chapter 4).

• What is the most effective scaling management scenario when performing oceanic
carbon capture using bipolar membrane-based in-situ mineralization? (Chapter
5).

• What are the large-scale impacts and costs of oceanic carbon capture technology
performed via bipolar membrane electrodialysis (BPMED)? (Chapter 6).

A thorough literature review has been used for determining the current electrochemical
technologies (Chapter 2) while a broader context for estimating the large-scale impacts
and costs of oceanic carbon capture via BPMED is presented later (Chapter 6). An ex-
perimental approach is used for the findings in Chapter 3-5. Given the low TRL of the
technology, both the acid route to isolate carbon species (as CO2(g), Chapter 3) and the
route of using base (to enable a product of CaCO3(s), Chapter 4-5) are explored. Both
synthetic seawater and real seawater are used to enable prototype demonstration in a
relevant environment (Chapter 4), in order to increase the TRL of the technology to 5.

The findings in this work unlocks the potential for further upscaling and allows for
subsequent research to process engineering of a practical carbon dioxide removal (CDR)
plant from the ocean.
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Electrochemical CO2 capture technologies are gaining attention due to their flexibility,
their ability to address decentralized emissions (e.g., ocean and atmosphere) and their fit
in an electrified industry. In the present work, recent progress made in electrochemical
CO2 capture is reviewed. The majority of these methods rely on the concept of "pH-swing"
and the effect it has on the CO2 hydration/ dehydration equilibrium. Through a pH-swing,
CO2 can be captured and recovered by shifting the pH of a working fluid between acidic
and basic pH. Such swing can be applied electrochemically through electrolysis, bipolar
membrane electrodialysis, reversible redox reactions and capacitive deionization. In this
review, we summarize main parameters governing these electrochemical pH-swing pro-
cesses and put the concept in the framework of available worldwide capture technologies.
We analyse the energy efficiency and consumption of such systems, and provide recom-
mendations for further improvements. Although electrochemical CO2 capture technolo-
gies are rather costly compared to the amine based capture, they can be particularly in-
teresting if more affordable renewable electricity and materials (e.g., electrode and mem-
branes) become widely available. Furthermore, electrochemical methods have the ability
to (directly) convert the captured CO2 to value added chemicals and fuels, and hence pre-
pare for a fully electrified circular carbon economy.



2.1. INTRODUCTION

2

17

2.1. INTRODUCTION

To honour the Paris Agreement, a global net zero greenhouse gasses (GHG) emission
needs to be realized by the end of this century [2–4]. Among all GHG’s, CO2(g) is ac-
cepted to be the main anthropogenic control knob on the climate and has been the fo-
cus of many studies [5, 6]. To achieve a net zero emission [7], reducing the total CO2
emission obtains most impact in the short term [8]. The largest CO2 emission is due to
combustion of fossil fuels and thus can be reduced through fossil fuels phase out. How-
ever, although ultimately fossil fuels phase out might be possible for the power industry
and transportation sector (through substitution with renewable energy), many sectors
(e.g., steel/cement production, intercontinental air transport or non electrical trains) do
not have a suitable alternative for carbon based fuels. In addition, due to the current
agriculture techniques, the net global deforestation and the growing demand for car-
bon as a resource, CO2 will be emitted due to many anthropogenic activities. Therefore,
to achieve a net zero GHG’s emission, in addition to emission reduction, CO2 capture
and utilization is required in the long term. Also, as the long term CO2 emitters include
decentralized emitters, direct capture from CO2 sinks (e.g., atmosphere and ocean, see
Figure 2.1 is necessary for effectively addressing the anthropogenic CO2 emissions [9,
10].

Figure 2.1: Schematic of the carbon cycle. The total carbon reserve is shown in gigatonnes of carbon (GtC). The
global GHG emissions in CO2(eq) by economic sectors: 25% Electricity and heat production, 24% Agriculture,
forestry and land use, 6% Buildings, 14% Transportation, 21% industry and 10% other energy usages. Data
extracted from [11–13].
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The main challenge that currently available CO2 capture methods face is a high en-
ergy consumption [14–16]. A few mature, non-electrochemical CO2 capture technolo-
gies e.g., absorption, adsorption, membrane separation and cryogenic capture are al-
ready available in industrial scales [17–26], section (2.4). These methods often depend
on the availability of thermal energy, which makes them less well suited for CO2 capture
from dilute sources e.g., air and ocean. Furthermore, the cost of direct air capture via tra-
ditional technologies has been estimated in the literature from $ 100 to $1000 per tonne
of captured CO2 [4, 27–29].

Electrochemical processes have the potential to be rather energy efficient as they can
target molecules directly (instead of the medium surrounding them) [30, 31]. Using elec-
trochemistry for CO2 capture dates back to the late 1960s, when molten carbonates as
electrolyte were used for CO2 control in a manned spacecraft [32–35]. Nowadays, elec-
trochemical CO2 capture methods can be applied to all CO2 containing streams with any
concentration. Direct capture from air [36], ocean [9, 37] and flue gas [38–40] have been
reported. Such capture units can be retrofitted as plug-and-play processes, allow small
footprints and are geometrically flexible [40, 41]. They do not require external sources
of heat or high pressures/ vacuum for operation, nor degradation of sorbent material
is expected [41]. Although heat integration can be beneficial for power plants in reduc-
ing the need for energy, other industries (e.g., food and water sector) cannot integrate
high heat, rising the need for technologies that can perform under low heat conditions
from centralized emitters as well [15]. In electrochemical systems, the electric potential
gradient is the main driving force which can be controlled precisely to drive chemical
reactions isothermally [30, 31, 42]. A number of bench-scale capture demonstrations
via electrochemical pH-swing have obtained CO2 capture and release at the promising
value of ~100 kJmol−1CO2 [43, 44]. The added advantage of the electrochemical methods
is their ability to integrate CO2 capture and utilization [45] (section (2.5)). An example
is the modular, sequential CO2 capture and conversion system that uses the pH-swing
concept to produce CO electrochemically [46, 47]. In addition, reactive CO2 capture, in
which the CO2 capturing medium pre-concentrates the dilute feed and produces favor-
able local micro-environments, has become an emerging field for integrated CO2 cap-
ture and conversion using electrochemical techniques [48, 49].

A wide variety of efforts to electrochemically capture CO2 has been demonstrated in
the past 50 years, with an intensification of research activities in the last two decades. In
this work we give an overview of such advances. The center of our scope are the elec-
trochemical methods that use a pH-swing concept, as shown in Figure 2.2 (a) and (b).
The swing refers to (electrochemically) shifting the pH of a working fluid (continuously)
between basic and acidic pH to influence the CO2 equilibrium to capture and recover
CO2.

The pH-swing allows absorption and desorption at ambient temperature and does
not require use of any special chemicals. Widely available, inexpensive, non toxic/ non
corrosive/ non volatile salt solutions, such as NaCl, KCl, KHCO3 or even seawater can
be used for the process. The pH-swing can be applied electrochemically using electrol-
ysis, bipolar membrane electrodialysis (BPMED), capacitive deionization and reversible
PCET agents as demonstrated in Figure 2.3. In this work, after providing the required
theoretical background in section (2.2), each pH-swing route is explained and the re-
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search of this route is comprehensive reviewed in section (2.3). In addition to a pH-
swing approach, other electrochemical technologies involve using redox-active carriers
[50] (section (2.3.3)), molten carbonate cells and hybrid methods (section (2.3.4)) such as
electrochemically enhanced absorption/ adsorption [30, 31]. To enable comparison, we
also briefly describe the main conventional capture methods, their drawbacks and ad-
vantages, and opportunities to improve these technologies with electrochemical meth-
ods, in section (2.4). Finally, CO2 utilization and storage is discussed briefly in section to
close the carbon cycle (2.5).

Figure 2.2: a) Effect of pH on the CO2 equilibrium (for a closed system at temperature of 25 °C and salinity of
35 ppt). The solution is buffered around two pKa values. b) Schematic of the pH-swing concept.

Figure 2.3: Summary of electrochemical CO2 capture methods.
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2.2. THEORY: PH-SWING CONCEPT AND INVOLVED REACTIONS
The concept of CO2 capture via pH-swing leverages the responsiveness of the thermo-
dynamic equilibrium of CO2 to pH changes. A pH-swing is also used for other resource
recovery applications than CO2 capture, but the method is not always explicitly referred
to as "pH-swing". For instance, pH-swing is employed to recover ammonia electrochem-
ically from urine [51, 52] and to remove phosphate from waste water streams [53].

2.2.1. CARBONATE EQUILIBRIUM
The carbonate equilibrium can be described as open or closed based on the contact
with an overlying gas and is explained in detail in [54–57]. In an open system, the total
concentration of the dissolved inorganic carbon varies by changing in the pH; Acidifi-
cation results in CO2(g) out-gassing, while basification lead to more CO2(g) absorption,
increasing the DIC. In a closed system (e.g., inside of an electrochemical cell), the to-
tal DIC remains constant regardless of any pH changes. If so, the dominant carbonic
species alter by changing the pH as demonstrated in Figure 2.2 (a). The equilibrium can
be shown through reaction (2.1) to (2.4):

CO2(g)⇌CO2(aq) (2.1)

CO2(aq)+H2O⇌H2CO3 (2.2)

CO2(aq)+OH− ⇌HCO −
3 (2.3)

OH−+H+ ⇌H2O (2.4)

Reaction (2.1) is dependent on the fugacity of CO2(g) and often described through Henry’s
law (see section (2.2.3)). It is often assumed to be really fast (i.e., 1010 s−1 in both direc-
tions) in a well-mixed scenario (i.e., only mass-transport limited) [56, 58, 59]. For experi-
mental values of reaction rates k1,k−1 (Equations 2.2) and k2,k−2 (Equations 2.3) see ref-
erences [58, 60, 61]. As the pH increases, reaction (2.3) pushes the equilibrium towards
HCO –

3 , and it predominates reaction (2.2) above pH 8.5 [60]. See section (2.2.2) for more
discussion on the kinetics of the reactions. The total dissolved inorganic carbon, DIC,
can be described as the summation of the concentration of all present carbonic species:

D IC = [H2CO ∗
3 ]+ [HCO −

3 ]+ [CO 2−
3 ] (2.5)

Where H2CO *
3 = H2CO3 + CO2(aq). In multi-ionic systems, additional carbonate species

or complexes (e.g., NaCO –
3 and NaHCO3(aq)) are present in the definition of DIC, as

well [62, 63].

2.2.2. REACTIONS KINETICS AND HOW TO IMPROVE IT
To capture and release CO2(g) through a pH-swing, both thermodynamics and kinet-
ics play a role [58, 60]. Assuming thermodynamic equilibrium, the equilibrium ratio of
[H2CO ∗

3 ]

[HCO −
3 ]

changes by a factor of more than 100 over when using a small pH-swing of

only 2 pH-units, see Figure 2.2 (a). However, although such a narrow pH-swing is ther-
modynamically favourable and enables lower energy consumption, it suffers from slow
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kinetics. At near neutral pH, the CO2 hydration rate is ≃ 2.9×10−2 s−1 and the (HCO –
3 )

dehydration rate is ≃ 2×10−4 s−1 [43, 61]. These reaction rates are a function of e.g. tem-
perature and ionic strength of the system [64–66]. To overcome the slow kinetics, (1) a
wider range of pH-swing or (2) a reaction catalyst need to be applied. As for a wider pH-
swing range, the base promoted hydration rate of the CO2/HCO –

3 system is reported to
be ≃ 6×103 M−1s−1 and the acid-promoted dehydration rate is increased to ≃ 4.1×104

M−1s−1 [43, 60, 61, 66]. Alternatively, the use of a catalyst such as the Carbonic Anhy-
drase (CA) enzyme (CA, [67]) is suggested for improving the kinetics [43, 68, 69]. CA is
reported to enhance both the CO2 hydration and dehydration reaction kinetics; Hydra-
tion rate constant ≃ 105 s−1 and dehydration rate constant ~106 s−1 near a neutral pH
of 7 are reported [67]. However, although initially effective, such enzyme is not stable,
and is prone to enzyme loss, deactivation, or degradation. Investigation on improved
catalysts is recommended, but until such catalysts are developed, to effectively capture
and recover CO2, a wider range of pH-swing (pH < pKa1 and pKa2 < pH) is needed for
capture application.

2.2.3. INORGANIC CARBON SOLUBILITY

In equilibrium, the concentration of free CO2 in water (i.e., [CO2(aq)]) is proportional to
its partial pressure in the gas phase; According to the Henry’s law, [CO2(aq)] = K0× fCO2(g)

where K0 (in molL−1atm−1) is the solubility coefficient of CO2(g) and fCO2(g) stands for
the gas fugacity (in atm), which is close to the partial pressure of CO2(g) (within 1%).
Figure 2.4 (a) shows the solubility of CO2 as a function of temperature and CO2 partial
pressure. At elevated alkalinity, the total solubility of CO2(g), and hence DIC (in Eq.2.5)
increases due to reaction (2.3) route. Figure 2.4 (b) shows the solubility of DIC as a func-
tion of the water pH and the partial pressure of CO2. See the supporting information for
the used equations and references.

Figure 2.4: (a) CO2 solubility in water as a function of the temperature and CO2 partial pressure. (b) Loga-
rithmic solubility of dissolved inorganic carbon (DIC) in water at 25 °C as a function of the water pH and CO2
partial pressure.
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2.2.4. INPUTS AND METRICS

Figure 2.5 demonstrates input parameters and the metrics of electrochemical CO2 cap-
ture based on a pH-swing. The feed, cell, process and kinetics can be leveraged for the
product/ output. The main challenge such capture technologies are facing is their (es-
timated) high Capex, resulted from a high energy consumption and the immaturity of
the technology [4]. Data on Capex of electrochemical methods is still scarce, making the
energy consumption (at high current density and capture efficiency) the most practical
metric of comparison. Thankfully, despite the currently high energy consumption, op-
timization of the process and cell parameters can significantly decrease the energy loss
involved in such processes as explained in section (2.3.2) and (2.3.5).

Figure 2.5: Input and metrics of electrochemical pH-swing based CO2 capture and the overall process concept.

2.3. ELECTROCHEMICAL PH-SWING CONCEPTS

Electrochemically induced pH-swings for CO2 capture have been demonstrated through
(membrane) electrolysis, bipolar membrane electrodialysis, reversible redox couples,
capacitive deionization and hybrid processes that combine two or more methods as
shown previously in Figure 2.3. In this section we introduce each method separately
and compare them in terms of feasibility, energy consumption, energy efficiency and
technology readiness level (TRL).
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2.3.1. ELECTROLYSIS

Electrolysis can enable the pH-swing in the vicinity of (two) electrodes as shown in Fig-
ure 2.6. (Membrane) electrolysis for CO2 capture is used for alkali absorbent (re)generation
[39, 70–74] or simultaneous H2 production [37, 75–77]. H2 production can (partially) off-
set the cost of CO2 capture and is possible when water electrolysis takes place. In the
earliest work done by Stucki et al., CO2 is absorbed from a flue gas in an KOH absorbent,
the resulted (bi)carbonate solution is fed into the electrolyser (for alkaline regeneration),
where CO2 is recovered and H2 is produced via the following reaction:

2H2O+K2CO3(aq) → 2KOH(aq)+CO2(g)+H2(g)+0.5O2(g) (2.6)

The KOH can be used as absorbent for capturing CO2, turning into K2CO3(aq), which
can be fed again to the electrolysis system.

Figure 2.6: Schematic of water electrolysis. Depending on the catholyte/ anolyte (air, water etc.), applied volt-
age and the pH of the medium, different half reactions take place

One downside in such systems is that the cell voltage has, in addition to 1.23 V for wa-
ter splitting, a contribution from the pH difference between the anolyte and the catholyte,
represented by Nernstian potential of Φ = 0.059∆pH (in volts) at 25 °C, as shown in the
Pourbaix diagram (Figure 2.7) [75]. When using an extreme pH gradient (pH 0 at an-
ode, pH 14 at cathode), this would imply a 2.06 V for balancing the free enthalpy of the
reaction.
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Figure 2.7: Pourbaix diagram of water electrolysis [78].

Using the pH-swing in electrolysis, the CO2 can be either released as (purified) gas
(e.g., via reaction (2.6)), or as (bi)carbonate products in the work of Rau and Park et al.
[71, 72, 76, 79]. The latter has been demonstrated for Ca(HCO3)2(aq) (Figure 2.8 (a))
and [72, 76] solid carbonate mineral as shown in Figure 2.8 (b) [71]. Natural (mined
and crushed) carbonate minerals are used to provide Ca2+ in Figure 2.8 (a). Through
reaction (2.7), CO2 can be removed from an overlying gas mixture (e.g., air or flue gas).
The produced Ca(HCO3)2(aq) can be diluted and stored in the ocean, water reservoirs or
underground:

2H2O+CaCO3(s)+CO2(g) → Ca(HCO3)2(aq)+H2(g)+0.5O2(g) (2.7)

Capture of 1 mole of CO2(g) for each mole of CaCO3 via reaction (2.7) is possible, while
22 tonnes of CO2 can be captured per tonne H2 generated (assuming a 1:1 molar ratio)
[72]. This implies that, depending on CO2 emission involved in the operation (e.g., for
supplying electricity and for limestone/carbonate mining, crushing and transport), the
system has the potential of producing carbon-negative hydrogen [80].

Figure 2.8: a) H+ ions at the anode dissolve CaCO3(s), the resulted Ca2+ ions move towards the cathode, form-
ing Ca(HCO3)2(aq). Reprinted (adapted) with permission from [72]; Copyright (2008) American chemical so-
ciety. b) NaCl electrolysis, where NaOH is used as the CO2(g) absorbent and CaCO3(s) is the final capture
product, Figure from [71]. Both approaches use the concept of placing the anode inside of a porous container.
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The process efficiency in Figure 2.8 (a) can be enhanced e.g., by:

• Improving the mass transfer between the overlying gas and the absorbent (to im-
prove CO2(g) dissolution).

• Introducing an ion selective membrane between the electrodes (to avoid unwanted
secondary reactions).

Alternative to water electrolysis, salt electrolysis, such as NaCl [70] and KCl [39] can also
be used for CO2 capture. If so, only an alkaline pH (at the cathode) is enabled, because
at the anode e.g., the reaction 2Cl – → Cl2(g) + 2e – takes place instead of the oxygen evo-
lution reaction (OER) [71]. The produced alkalinity at the cathode can then be utilized to
sequestrate CO2 in the form of carbonate salts. When the capture product is CaCO3(s),
no CO2(g) desorption step is required. Furthermore, CaCO3 is easier to transport and
store compared to CO2(g). NaCl electrolysis for alkaline absorbent (re)generation fol-
lows reaction (2.8) [70]:

2H2O+2NaCl(aq) → 2NaOH(aq)+Cl2(g)+H2(g) (2.8)

Using salt electrolysis for CO2 capture is especially interesting due to salt availability in
the seawater, leveraging possible substitution of the electrolyte with abundant seawater
[70]. The produced (toxic) Cl2(g) at the anode can be treated by the produced NaOH so-
lution using a scrubber, or can alternatively be utilized as a feedstock for the synthesis of
HCl, Cl containing polymers and bleaching agents [70]. Alternatively, using water elec-
trolysis and by inserting two ion exchange membranes (IEMs) between the electrodes
(Figure 2.9), produces H2 simultaneous acidifies seawater to recover CO2(g) [37, 81, 82].
The use of two IEMs avoids the production of Cl2(g) and electrode contamination.

Figure 2.9: CO2 capture and H2 production via sea water acidification and water electrolysis. In the middle
compartment, cation exchange resins are used. Reprinted (adapted) with permission from [82]; Copyright
(2014) American chemical society.
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When applying electrolysis using a reversible redox reaction - thus no net gas pro-
duction - saves energy. For example, the production of O2(g) (or Cl2(g)) can be avoided
by recirculating the produced H2(g) from the cathode to the anode compartment [73,
74]. Alternatively, H2 production can be avoided if O2 reduction takes place on the cath-
ode, instead of the H2O reduction [83]. At the cathode, depending on availability of O2
or H2, two possible reactions may exist for OH – production:

2H2O+O2 +4e− → 4OH− (E 0 = 0.401V vs. SHE) (2.9)

4H2O+4e− → 2H2(g)+4OH− (E 0 =−0.83V vs. SHE) (2.10)

When sufficient O2 is available at the cathode, or sufficient H2 at the anode, the H+/OH –

generation can take place in a practical cell voltage range of 1.3 V to 2.2 V through re-
action (2.9). The supply of sufficient gas to the opposing electrode can be assisted by
using gas diffusion electrodes [84]. Without recirculating the gaseous products, the cell
voltage is typically > 2.2 V [83]. From a thermodynamic point of view, the use of (net) wa-
ter electrolysis requires a significant thermodynamic minimum energy (1.23 V for water
splitting), in addition to the potential required for generating a pH difference (see Fig-
ure 2.7) [78, 85]. Considering the necessity of a wide pH-swing to enhance the carbon
equilibrium kinetics, and using pH 0 and 14 to favour electrolyte conductivity, a mini-
mum of 2.06 V is required, corresponding to 199 kJ/mol CO2. Furthermore, in almost
all demonstrated devices/systems, the rate of CO2 capture is locked with the rate of H2
or O2 generation, which sometimes may not be desirable and present additional chal-
lenges for multi-stack development of the system. These drawbacks can be addressed
using bipolar membrane electrodialysis as explained in the following section.

2.3.2. BIPOLAR MEMBRANE ELECTRODIALYSIS (BPMED)
A Bipolar membrane (BPM) consists of an anion (AEL) and a cation (CEL) exchange lay-
ers, laminated together. When a sufficient electric field is applied, the BPM dissociates
water into OH – and H+, producing a controllable ∆pH over the membrane as shown
in Figure 2.10 (a) and b [86–91]. Using a bipolar membrane, the thermodynamic mini-
mum voltage required for this water dissociation is 0.829 volts for a produced ∆pH = 14.
That is 2.5× lower than that of water electrolysis at the same ∆pH = 14 (1.23 + 0.829 at
minimum), as no gas evolution takes place using a bipolar membrane [86]. The thermo-
dynamic voltages over the BPM are even lower for smaller ∆pH over the membrane [85,
89].

The feasibility of using bipolar membrane electrodialysis for pH-swing based CO2
capture is shown in early studies in 1995 [92]; Alkaline KOH and acidic H2SO4 were re-
generated in a two compartment BPMED cell, containing a BPM and a cation exchange
membrane. After CO2 from air is captured in KOH absorbent, it can be recovered through
acidification. The produced K2SO4 is treated in the BPMED cell to regenerate the desired
acid and base again. CO2 capture via BPMED has been further explored by others, and
these works are addressed in more details in next sections.
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Figure 2.10: a) BPMED schematic. b) BPMED for CO2 recovery in [93]. (ES) electrode solution = KOH, (AS) acid
solution of KH2PO4 + H3PO4, (BS) base solution of six different mixtures of KHCO3, K2CO3 and KOH. Figure
adapted from [93].

ENERGY CONSUMPTION AND CAPTURE EFFICIENCY

In BPMED, a trade off between the energy consumption and the process rate, deter-
mined by the applied current density, exists. Operating at very low current densities is
not effective due to the higher salt ion leakage through the BPM and hence the lower wa-
ter dissociation rate [93]. On the other hand, at high current densities, the ohmic voltage
losses increase, leading to an undesirable higher energy consumption (see supporting
information).

Figure 2.11: Trend of energy consumption, faradaic efficiency and CO2 production rate vs. current density in
CO2(g) recovery from 0.125 M K2CO3-rich solution via BPMED. The black squares are experimentally mea-
sured data by [93] while the red lines show the calculated values performed by [4]. Reprinted (adapted) with
permission from [4]; Copyright (2020) American chemical society.

Figure 2.11 (a) shows the minimum energy consumption for CO2(g) recovery from
0.125 M K2CO3-rich solution via BPMED at a current density around 10 mAcm−2 [4].
However, although the energy consumption is the lowest at that current density, produc-
tion rate favours higher current densities as shown in Figure 2.11 (c). The experimentally
measured current efficiency (i.e., faradaic efficiency) in Figure 2.11 (b) shows - in addi-
tion to its low values at i < 10 mAcm−2 due to salt cross-over - a slight decreases at i > 20
mAcm−2. It is hypothesized that current densities above the optimum value, reduce the
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BPM’s permselectivity [94] or enhance the water splitting reaction in the AEM’s [95, 96],
leading to a lower efficiency [93]. The current efficiency also decreases if the current is
carried by an undesired ion through the membranes. For example, in Figure 2.10 (b),
the (bi)carbonate ions are the desired current carriers. However, if (as a result of high
pH) OH – ions become the main charge carrier through the AEM, the current efficiency
decreases. On the other hand, when capturing CO2(g) from flue gas or in DAC, a high
pH (i.e, high [OH – ]) is favoured in the outlet of the same compartment, because CO2(g)
absorption capacity and rate increase in a solution with high pH. Adopting monovalent-
ion-selective AEM’s that favour the transport of HCO –

3 ions over OH – ions then could
improve the efficiency when such process is intended [4, 97].

Figure 2.12: Change of the measured current density (blue diamond line) and faradaic efficiency (red circle
line) with regards to the change in catholyte concentration, anolyte concentration and the applied temperature
in an electrochemical KOH (absorbent) production via KCl electrolyser. Reprinted from [39], Copyright (2019),
with permission from Elsevier.

As opposed to what is shown in Figure 2.11 (b), the current efficiency of BPMED can
reach as high as 95% if e.g., a 0.5 M KHCO3 is used instead of the 0.125 M K2CO3 for
CO2(g) recovery through acidification. In fact, both in BPMED and (membrane) elec-
trolysis, in addition to the current density, the anolyte and catholyte concentrations and
the operation temperature affect the current efficiency, as demonstrated in Figure 2.12
[39] and summarized in Table (2.1). The (slightly) positive effect of temperature on im-
proving the faradaic efficiency of electrochemical methods has been reported [39, 70].
Higher temperatures improve the electrochemical reaction rates. In the case of BPMED,
the kinetics of water dissociation in BPM is also enhanced at elevated temperatures [98,
99]. However, in addition to the extra energy needed for heating up the electrolytes, the
thermal stability of the ion exchange membranes poses a limitation on high tempera-
ture processes. For instance, the commercial bipolar membranes are cannot withstand
temperatures higher than 40-60 °C for a long duration [100]. Moreover, CO2 solubility
decrease at higher temperatures (up to 100 °C) [101–103]. This means that operating at
high temperature is not yet practical. A breakdown of energy consumption and com-
parison for (membrane) electrolysis and BPMED is provided in section (2.3.5) and the
supporting information.
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CELL CONFIGURATION

The cell configuration defines the number of membranes, membrane cell pair arrange-
ment, electrolyte flow path and the thickness of the compartment/ membrane. The
design of the cell is the most important factor to minimize the cell resistance [75]. As
opposed to the BPMED for traditional acid and base production (i.e., BPM-CEM-AEM-
BPM), the pH-swing process for CO2 capture allows a simplified membrane sequence
due to the limited pH-range (i.e., pH 3-9 instead of 0-14).

In choosing the optimised configuration, the (co-)ionic leakage of the membranes
is crucial. When using multi-ionic CO2 feed, such as seawater, carbonic species should
be rejected to obtain a maximum capture efficiency. Carbonic species are neutral (e.g.,
CO2(aq) and H2CO3) or negatively charged and hence are rejected better by a CEM than
by an AEM. In addition to higher selectivity, the use of CEM’s instead of AEM’s have
proven to increase conductivity and mechanical stability in a BPMED cell for CO2 cap-
ture [73, 104]. For further reducing co-ionic cross-over, a trade off between the perms-
electivity of IEM’s and their resistance should be considered, which is controlled by the
membrane thickness. In general, thicker membranes have higher resistivity but show a
better selectivity [73]. Applying a reinforced structure to a thinner membrane can im-
prove its selectivity while maintaining its resistivity to a certain extent [73, 105].

Depending on the charge carriers in the cell, the flow mode (i.e., one-way pass vs.
batch mode) and feed concentration, each BPMED process asks for a different cell con-
figuration. While BPM-CEM might be the choice of some researchers for CO2 recovery
from carbonate solutions [106, 107], others chose a BPM-AEM [44, 93] for the same pur-
pose. That is while novel configurations as BPM-AEM-AEM are also emerging for mini-
mizing BPM fouling when extracting CaCO3 from seawater [108], see section (2.3.2).

HIGH PRESSURE BPMED
In a closed system (such as the one created inside of an electrochemical cell), acidifica-
tion increases the concentration of dissolved CO2. This concentration can lead to the
formation of CO2(g) bubbles inside of the cell. Theoretical models, suggest the trapped
CO2 in the acid solution dominate the cell resistance and increase the energy consump-
tion [109]. Trapped gas bubbles lower the effective membrane surface area, cause high
voltages and shorten the membrane lifetime (due to localized “hot spots” of high current
density). To avoid gas production inside of the cell, Eisaman et al. [44] proposed a high
pressure BPMED process using a similar cell as shown in Figure 2.10 (b) where the entire
stack is kept at high pressure, i.e., there is no pressure difference across the membranes
in the stack. The authors observed that by increasing the pressure, the total cell voltage
decreases due to the avoided CO2 gas bubbles production in the cell; the electrochemi-
cal energy required at 6 atm (333 kJmolCO2

−1) was seen to be 29% less than that of 1.5
atm (471 kJmol−1CO2) at a current density of 139 mAcm−2.

BPMED FOR CARBON CO2 EXTRACTION FROM SEAWATER

The ocean is a massive sink for CO2 [12, 110, 111]. The higher carbon content of the
ocean compared to that of the atmosphere [9, 55, 112] makes the ocean an interesting
source for CO2 capture [110]. Moreover, as opposed to the separation of CO2 from a gas
mixture that involves two steps (i.e., capture and release), in CO2 capture from seawater,
a separate CO2(g) adsorption/absorption step is not required, because the ocean already
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acts as CO2 absorbent leveraging its gigantic surface. The ocean contain DIC of ~2.3-2.5
mM, mainly in the form of HCO –

3 ions, in normal seawater of pH ~8.1. The product
of seawater CO2 capture can be (1) gaseous CO2 [9], (2) solid carbonates [108], or (3)
dissolved bicarbonates and carbonates ions (to be subsequently stored in the ocean)
[72, 76, 79, 113].

To extract the CO2 as gas, the bi-/ carbonate ions present in the seawater can be
converted into H2CO *

3 in the acidic compartments adjacent to the BPM [114]. Subse-
quently, through vacuum stripping of the acidified stream using membrane contactors,
CO2(g) can then be produced [9, 114].

Alternatively, at alkaline pH > pKa2, HCO –
3 converts to CO 2 –

3 and can subsequently
precipitate through reaction with dissolved Mg2+ or Ca2+ [9, 108]. When the partial pres-
sure of CO2 remains unchanged, the pH determines which mineral is obtained e.g., the
precipitation of CaCO3 (in synthetic seawater) is favoured in 9.3 < pH < 9.6 [9, 115]. Con-
sidering that the Ca2+ and Mg2+ concentrations in seawater are respectively 4× and 25×
higher than that of DIC, mineralization has the potential to remove all DIC, theoretically
[116]. In addition, mineralization eliminates the expenses of using a membrane contac-
tor [117, 118].

In the third option, converting CO2 to dissolved alkaline bicarbonates and carbon-
ates enables carbon sequestration. This is a long-term carbon storage which also helps
against ocean acidification by increasing the ocean alkalinity [72, 76, 79, 113]. However,
further research is required for understanding the full range and capacity of such ap-
proach.

The main bottlenecks in using in-situ BPMED for this mineral crystallization are the
risk of membrane contamination (i.e., fouling) in the stack and the slow kinetics of the
carbonate precipitation. To avoid the fouling, pure NaCl (instead of seawater) can be
used in the BPMED for NaOH and HCl production [9]. The produced NaOH is then
added to the seawater stream in a controlled crystallizer to initiate the precipitation.
In order to improve the kinetics of the precipitation, use of a seeded crystallizer unit
is suggested [108, 119]. Although seawater CO2 capture through mineralization is shown
feasible, debates on the environmental impacts of reducing Ca2+/Mg2+ concentration of
the ocean are in progress [116, 120].

ELECTRODEIONIZATION (EDI)
Electrodeionization (EDI) combines ion exchange membranes technology with ion ex-
change resins [121–126]. Ion exchange resins are solid cross-linked polymers that con-
tain fixed charged groups typically based on acrylic or styrene monomers. When filling
the flow compartments with beads or 3D structures of ion exchange resins, the polymer-
electrolyte interface area is increased [127]. The combination can help overcome the
concentration polarization losses associated with electrodialysis and electrolysis. The
major application of electrodeionization (EDI) includes the removal/ recovery of heavy
metals and organic acids for pure water production [128–132]. The combination of BPMED
with resin wafer electrodeionization (RW-EDI) is demonstrated in the lab-scale, where
porous, solid matrix of ion-exchange resin beads are incorporated in between of the
CEM’s and BPM’s in the cell [43]. However, unfortunately, data on the energy consump-
tion and current efficiency of the system is not reported. The combination of elec-
trodeionization (EDI) with electrolysis is shown feasible as demonstrated in Figure 2.9
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[77, 82]. However, as shown in Table (2.1), the process still requires further optimization
(in terms of production of H2(g) and cost/ stability of resins) to decrease its significant
energy consumption. Furthermore, the (bio)fouling of the resin beads due to the con-
tact with seawater decreases the overall efficiency of the method and needs yet to be
addressed.

The pH-swing based EDI application for CO2 capture has only been explored at a ba-
sic level [128]. More work has been done on the use of amine based ion exchange resins
as adsorbent for CO2 capture, through thermal swing. Such resins are reported to show
good stability after repetitive adsorption-desorption cycles with only a small reduction
in capture capacity, and require relatively mild desorption conditions [127, 133, 134]. Re-
cently, wafer enhanced electrodeionization for conversion of CO2 into HCO –

3 feed for
algae cultured photobioreactors is reported [135]. Suggestions for further research on
EDI technology are producing inexpensive ion exchange resins, reducing possibility of
resin fouling (e.g., for the case of seawater feed [77]), and maintaining long-term resin
stability [128].

2.3.3. REDOX-ACTIVE CARRIERS AND ELECTRODE REACTIONS
An alternative to BPMED and electrolysis for CO2 capture, is the more classical elec-
trochemical separation strategies that perform absorber/desorber cycles using specific
redox-active sorbent carriers [40, 50]. These redox-active carriers can be used for sep-
aration of CO2(g) from a gas mixture through (1) binding route Figure 2.13 (a) and (2)
pH-swing route Figure 2.13 (b). Both routes have been demonstrated feasible in the lab-
scale [136, 137]. As for the "binding route", the suitable carrier is activated at the cathode
and can bind with the target species at its reduced state. The target species in this case is
the CO2 molecule. Subsequently, the captured CO2 can be released at the anode through
oxidation of the carrier while the carrier is regenerated. This process is also referred to as
"electrochemical CO2 pumping" [136, 138], see Figure 2.13 (a). The cycle can be broken
down into four steps [42]:

1. Sorbent activation through oxidation or reduction

2. CO2(g) capture on the activated sorbent

3. Sorbent deactivation through the reverse electrochemical process

4. CO2(g) release

Alternatively, in order to decrease the required electrical energy, these steps could be in-
tegrated in a two or three-stage process [41, 42] by e.g., enabling CO2 capture or release to
be performed simultaneously with electrochemical reduction or oxidation of the carrier.
In order to improve the kinetics of CO2 capture and release, the "pH-swing route" can be
integrated, where the chemistry of redox-active carriers are designed to undergo proton
coupled electron transfer (PCET) reactions [136, 137, 139, 140], as shown in Figure 2.13
(b) [136, 137, 141]. If so, an "electrochemical H+ pumping" takes place that enables an
acidic and a basic pH on the anode and the cathode, respectively.

Although redox-active systems have yet to achieve industrial utility, they have the
potential of producing pure CO2 stream even from dilute gas mixtures e.g., air [142].
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Among different classes of redox-active compounds that have been explored, such as
bipyridines [143, 144], disulfides [50] and copper/amine systems [30, 31], the quinone
species [142, 145–147] are of particular interest [41], owing their strong binding affinity
for CO2 in their reduced form compared to that of their neutral state [40, 148]. Quinones
are organic compounds derived from aromatics, through conversion of an even number
of -CH= groups into –C(=O)– groups [149]. Quinones have also gained great interest
as potential ideal candidates for PCET mechanism [139, 140, 150–154] inspired by their
role in biological systems [155]. These redox reactions are (ideally) reversible, and can
operate within the water splitting window [136].

Figure 2.13: a) Electrochemical CO2 separation using gas diffusion electrodes (GDE) through binding with
quinone redox-active carrier (i.e., no pH-swing is created). Reprinted (adapted) with permission from [145];
Copyright (2015) American chemical society. b) Combination of pH-swing with the chemistry of redox ac-
tive carriers through (PCET) reaction using mixture of hydroquinone, quinone, and sodium bicarbonate.
Reprinted (adapted) with permission from [137]; Copyright (2015) American chemical society.

The choice of catalysts on the surface of the electrodes to facilitate the electron trans-
fer together with the type and concentration of the electrolyte are important in deter-
mining the process efficiency in terms of capture, transport and release of CO2, and ki-
netics [137]. Furthermore, the local pH shown in Figure 2.13 (b) is not the same as the
bulk pH [156]. While the high pH at the cathode determines the CO2 absorption and the
lower pH at the anode drives CO2 desorption, only the bulk pH can be controlled in a
practical process. That makes the choice of an appropriate average pH that enhances
both reactions, challenging. Alternatively, the local pH can be maintained by inserting
(1) an anion-exchange membrane (AEM) or (2) an extra salt compartment sandwiched
between an AEM and a cation-exchange membrane (CEM) between the electrodes [148].

Despite its progress in the lab-scale, CO2 separation using redox active carriers is not
practically implemented because of the limitation it faces in terms of both solvents and
carriers. It is difficult to find a solvent that is inexpensive, safe, electrochemically sta-
ble and allows high solubility of the redox species [50, 148]. Possible improvements in
terms of solvents can be achieved by using ionic liquids as electrolytes [40, 145] or using
salt-concentrated aqueous electrolytes [148]. As for the carriers, the solubility, chemical
stability and kinetics of the redox molecule can pose limitations on the process [50]. To
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address these drawbacks, electrochemically mediated amine regeneration can be em-
ployed, using a similar concept, but by employing amines rather than quinones as de-
scribed in section (2.4.1). Alternative to using dissolved carriers in an electrolyte-where
the transport of both the electrolyte and the carrier molecules between the two elec-
trodes is required-, the active carriers can be immobilized between the opposite elec-
trodes [40]. The latter is explained further in section (2.4.2). Recently, solid polymerized
quinone (formed into a composite with carbon nanotubes to confer electronic conduc-
tivity) is employed [40]. This so called "electro-swing" exhibits a high Faradaic efficiency
and a low energy consumption (40–90 kJmol−1 CO2 captured) compared to the thermal
or pressure swings for sorbent regeneration. However, it needs to be improved in terms
of capacity and kinetics.

ELECTRODE INDUCED PH-SWING

Another electrochemical based CO2 capture concept utilizing local pH near electrodes
is the (membrane) capacitive deionization (MCDI) method [38, 157]. Capacitive deion-
ization is mainly used for water treatment, but its application has recently expanded to
energy harvesting and CO2 capture [158–166]. The motivation to capture CO2 via such
system is that deionized water can be used without the need of any other chemicals, us-
ing inexpensive carbon based electrodes [38, 157]. MCDI cells consist of activated car-
bon electrodes and ion-exchange membranes. When a current is applied in the charg-
ing step of MCDI, HCO –

3 and H+ ions are adsorbed into the porous electrodes inside of
the cell (causing a local low pH at the cathode and increasing pH in the bulk). As the
electrolyte is being depleted from ions, more CO2(g) can be absorbed in the deionized
water due to the shift in the CO2 equilibrium, to make up for the depletion. It has been
proposed to use a gas–liquid contactor spiral glass tube outside of the cell for in-situ ab-
sorption. When the current direction is reversed (i.e., discharging step), the subsequent
desorption of H+ and HCO –

3 (plus a small amount of CO 2 –
3 ) ions from the carbon elec-

trodes drives the chemical equilibrium in the opposite direction. As the concentration
of H2CO *

3 will exceed the solubility, CO2(g) is formed from the electrolyte. CO2(g) ab-
sorption and desorption can be controlled through shifting the current direction. CDI
can also be used in combination with NH3-based CO2 capture [167].

In addition to the carbon based capacitive electrodes, other metals can also be used.
For example, CO2 can be captured through intercalation/ deintercalation of protons on
the manganese dioxide (MnO2) based electrodes. The electrodes can host protons (i.e.,
intercalation) during reduction and release them (i.e., deintercalation) during oxidation,
creating the required pH-swing for CO2 absorption and desorption, respectively [168].
In such methods, periodic electrode polarity and the switching fluid flows ensure a con-
tinuous process.

2.3.4. MOLTEN CARBONATE CELLS AND HYBRID ELECTROCHEMICAL CAP-
TURE METHODS

Electrochemical methods can benefit from a pH-swing approach but are not limited to
it. Examples are using (high temperature) molten carbonate cells or the hybrid methods
that integrate CO2 capture and conversion. High-temperature molten carbonate cells
are early electrochemical CO2 capture examples [33, 169]. In such process, a CO2 con-
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taining (flue) gas is fed to the cathode side of an electrochemical cell, where electricity is
used to drive CO2 and O2 (in form of CO 2 –

3 ) across a molten carbonate salts electrolyte
(sandwiched between ceramic membranes in contact with the electrodes). At the an-
ode, carbonate ion will be reduced to CO2 and O2 again. An alternative design enables
a molten carbonate fuel cell, where CO2 is captured while H2 is produced [170–172]. In-
volved challenges are difficult operating conditions due to the high temperatures, corro-
sion and sensitivity to the presence of SOx in the gaseous mixture [21, 25, 173]. Research
for developing dense molten carbonate CO2 selective membranes at high temperatures
( > 723 K) is still in progress [174–176]. Examples of electrochemical hybrid capture and
utilization is the electrochemical seawater battery system [177], the alkali metal-based
CO2 batteries (e.g., lithium-CO2 batteries [178, 179]) and electrochemical CO2 capture
and conversion combinations [26, 180–184]. The absence of pH-swings, and the lack
of further development of these proposed electrochemical capture routes, categorizes
these concepts beyond the scope of this review. The broader context in terms of CO2
utilization is discussed in section (2.5).

2.3.5. WHICH ELECTROCHEMICAL METHOD TO USE?
A comparison of the metrics of electrochemical pH-swing based CO2 capture methods
is given in Table (2.1). These capture methods have often energy consumption > 300
kJmol−1 CO2. As a comparison with conventional methods, the energy consumption
of CO2 capture (from flue gas) via aqueous monoethanolamine (MEA) using a thermal
swing, currently the most mature capture method, is between ~170-300 kJmol−1CO2
[185–191]. Approximately ~80% of this energy is the contribution of the thermal regen-
eration [14], included in the reboiler heat duty [192]. Most conventional and electro-
chemical captures are energy intensive, when compared to the combustion energy of
various fuels and the emitted CO2 per mole of the fuel. From an economic point of view,
CO2 capture is only interesting if the energy consumption of the capture is <66 kJmol−1

CO2 [43, 193]. Renewable sources would be preferred over fossil fuels for driving elec-
trochemical CO2 capture to 1) maximize the reduction in net carbon emission and 2)
leverage the advantage of electrifying the CO2 capture process. At the same time, the
absence of flue gas from power plants in renewable sources would make diffused CO2
sources (e.g., atmosphere and seawater) the most logical feed for electrochemical CO2
capture technologies. This is also reflected in Table (2.1), where most research has fo-
cused on capture from air, seawater or (low concentrated) bi(carbonate) solutions.
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At present, (membrane) electrolysis and BPMED are the most studied electrochemi-
cal capture approaches. Figure 2.14 (a) shows the estimated energy consumption of both
methods (see supporting information for calculations). This electrical energy consump-
tion, E (in kJmol−1CO2), is calculated via:

E = i · A ·V
rCO2(g)

(2.11)

Where i is the current density (Am−2), A is effective area of the electrodes (m2), V is
the total cell voltage (volts) and rCO2(g) is the recovery rate of the captured CO2(g) in

mols−1. To put the energy consumption of Figure 2.14 (a) in perspective, the energy
produced per mole of fuel (through combustion) and the associated emitted CO2 are
shown in Figure 2.14 (b). This emphasizes the energy-intensive nature of the capture
process: capturing 1 mole of CO2 via BPMED consumes 25-60% of the energy obtained
from combustion of hydrocarbon fuel per mole of CO2, dependent on the fuel type. For
conventional methods and electrochemical capture via electrolysis, this figure is even
larger.

Figure 2.14: a) Electrical energy consumption for direct air capture (DAC) through (membrane) electrolysis.
Current density of 20 mAcm−2 and ∆pH=14 is assumed for both cases. See supporting information for de-
tailed calculations. The thermodynamic work required for DAC (assuming 400 ppm CO2(g)) is 20 kJmol−1

CO2 [16]. b) The combustion heat of common fuels and their CO2(g) emission, obtained from reference [196]
and stoichiometric combustion reactions.

Figure 2.14 (a) shows that the ohmic losses cover a significant part of the energy
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losses ([78]), and bring in a lever to reduce E . In electrochemical cells, such losses can
appear as e.g., heat and/or unwanted chemical byproducts. For example, losses caused
by product recombination, such as recombination of produced H+ and OH – in BPMED
or the recombination of O2(g) and H2(g) in water electrolysis to form water again. Mem-
brane co-ion leakage is another common loss often involved in membrane based elec-
trochemical processes [94]. The limitations and areas of improvements of each electro-
chemical CO2 capture method can be summarized as:

1. It is obvious from Figure 2.14 (a) that the energy consumption for BPMED is lower
than that of electrolysis when targeting CO2 capture. In case hydrogen is an aimed
product as well, the energy difference between these two methods (which is equiv-
alent to 1.23V) can be justified, and can be lower than the energy for two separate
systems making acid/base and hydrogen. However, in more detail, the combi-
nation of these two products in electrolysis complicates the optimal current den-
sity, which is not necessarily the same for hydrogen and acid/base production.
Moreover, most hydrogen catalysts are geared towards acidic environments, and
earth abundant oxygen catalyst are available for alkaline environments, while the
opposite environments are present in the combined electrolysis/acid-base pro-
duction [197]. That limits the options for electrocatalytic material (e.g., platinum
and ruthenium), which can pose resource limitations as a relatively large electrode
area is required. On the contrary, up scaling can be done easily for BPMED capture
method by repeating multiple cell pairs within a single electrode pair.

2. When using BPMED, despite its uncomplicated up scaling, the typical energy con-
sumption in Table (2.1) is still 2-3 times more than theoretically expected in Figure
2.14 (a). These losses are due to the involved non-idealities in charged membranes
(e.g., high resistivity, co-ion leakage, low chemical stability), the high over poten-
tial of water dissociation in BPM, or carbonate feed (requiring 2 H+ per molecule
to acidify to H2CO3) instead of bicarbonate. Thankfully, achieving a lower energy
consumption is possible both through process optimization and material engi-
neering. Process optimizations can be done by e.g., controlling the applied current
density (i ), feed flow rate (residence time in the cell), electrolyte conductivity/ pH,
cell configuration, flow path/ mode, and operation pressure/ temperature, while
water dissociation can be improved through material engineering [198, 199]. The
current minimum economic cost of BPMED is at least twice of the cost of the wet-
scrubbing rival [4]. However, the cost can significantly decrease if improvements
in the cost of renewable energies, cost and availability of ion exchange membrane,
membrane life time and membrane selectivity is achieved. Finally, the total cap-
ture cost does not only depend on the method, but also on the source of the cap-
ture. For example, depending on the pumping facilities and plant location, indi-
rect ocean capture (IOC) can be economically favored relative to direct air capture
(DAC), or vice versa [200].

3. The reversible free enthalpy in Figure 2.14 (a) is based on a ∆pH=14. Using lower
∆pH, a lower reversible free enthalpy is involved [85]. Although it is theoretically
possible to perform a pH-swing between pH 4-7, potentially reducing the energy
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consumption to values close to the thermodynamic limits, this low energy con-
sumption is not obtained in practical BPMED at medium to high current density.

4. Membrane capacitive deionization (MCDI) is recently demonstrated to capture
CO2 from a CO2(g)+N2(g) mixture, using only demineralized water [38, 157] with
the lowest capture energy among other methods (~40-50 kJmol−1 CO2), see Table
(2.1). However, the obtained current density is extremely low (~0.02-0.06 mAcm−2)
and there is a long way to go before (M)CDI becomes a competitive means of CO2
capture as the stability and performance of the large-scale CDI applications are
yet unknown. Future work is suggested to investigate the physical and chemical
effects of weak electrolyte solutions in CDI [157].

5. Only a few works on CO2 capture through electrodeionization (EDI) show lab scale
feasibility [77, 122, 201] as summarized in Table (2.1). However, no data on the en-
ergy consumption of those systems is available. CO2 capture through EDI is lim-
ited due to the cost of ion exchange resins, their poor stability and their sensitivity
to fouling [128].

6. Electrochemical methods that use redox-active carriers are shown to be less en-
ergy intensive (~100 kJmol−1 CO2). However, these results have been only ob-
tained using synthetic flue gas. Quinones, used as binding agents for CO2, are
highly sensitive to water and oxygen, making the applications for real flue gas (or
direct air capture) impractical. Moreover, most redox carriers need organic sol-
vents electrolytes that suffer from a low ionic conductivity which limit the current
density. When using quinones as carriers, the total CO2 carrying capacity is limited
by the solubility of quinone in the solvent, the applied electrode potentials, evap-
orative solvent losses and consequent drying of the electrodes [145]. Luckily, the
efficiency of the CO2 absorption and desorption in such systems can be increased
by combining a pH-swing through electrochemical reactions [137], where proton
coupled electron transfer (PCET) takes place. However, the practicality of this ap-
proach still awaits the improvement of electrochemical redox kinetics. The low
solubility of PCET organics limits its capture capacity [136]. Furthermore, PCET
carriers are also very sensitive to gasses such as O2 and sulfur, posing again chal-
lenges for (real) gas CO2 capture application [136]. Upscaling can be done by using
a larger electrode surface area.

All electrochemical CO2 capture methods are still under development (TRL 5 to 6), al-
though they enable high CO2 recovery rate (>80%). In order to provide a framework of
comparison between these methods and the conventional (non-electrochemical) processes-
which have already been commercialized- the conventional processes are described fur-
ther in the next section.

2.4. COMBINING ELECTROCHEMICAL METHODS WITH CONVEN-
TIONAL CAPTURE TECHNOLOGIES

Conventionally, the capture industry only targeted CO2 capture from centralized CO2
emitters such as fossil fueled power plants, iron, steel, and cement industries. However,
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this approach is impotent to achieve a net zero CO2 emission because, as shown in Table
(2.2), decentralized sources still constitute a large part of the total emission (total GHG
emission of 55 Gt CO2eq in 2019 [202]). Therefore, currently DAC and IOC are gaining

attention (Table (2.3)). For achieving climate targets, CO2 removal within a gigaton order
of magnitude is needed [203, 204].

Table 2.2: Thermodynamically required energy, properties and the scale of main capture feeds

Source Thermodynamic properties & required en-
ergy

Emission & capture scale

Centralized • Flue gas:

– 150<T<1200°C, pCO2
~0.03-

0.15 atm [205, 206]

– 7 kJmol−1CO2 for 13% flue
gas [207]

• >58% of total emission, see Figure
2.1

• Current post-combustion capture
>2.4 Mt CO2/year [208]

Decentralized • Direct Air Capture (DAC):

– Ambient T, pCO2
~0.0004 atm

(~400ppm)

– 20 kJmol−1CO2 [16, 207,
209]

• Indirect Ocean Capture (IOC):

– 5<T<35°C, pCO2
~0.072 atm

(~2.5mM DIC)

– Same thermodynamically
required energy as DAC [200]

• <42% of total emission, see Figure
2.1

• Current DAC capture shown in Ta-
ble (2.3), but no large scale IOC, yet
[210]

Table 2.3: Large scale DAC companies

Company Process mechanism Capacity (tonne
CO2/year)

Carbon Engineering
[211]

(KOH) absorption + high temperature calcination 1,000,000

Global Thermostat [212] (Amine based) adsorption + thermal & pressure
swing regeneration

4,000

Climeworks [213, 214] (Amine based) adsorption + thermal swing regener-
ation

900

The (centralized) capture technologies are often grouped in main categories of [19];
(1) Oxy-fuel combustion, (2) Pre-combustion, (3) Post-combustion and (4) Chemical
looping (combustion) as discussed in Table (2.4). In addition, capture by algae [215–
221], biochar [222–227] and charcoal [228] are recently demonstrated. While there are
many CO2 capture methods, introducing all of them are out of scope of this work and we
refer the reader to various available literature on this topic [14, 18–26, 229, 230]. For an
overview of the current state-of-the-art of CO2 capture, transport, utilisation and storage
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see reference [231]. Among the available methods, most research focus has been given
to the post-combustion methods as they can be retrofitted more easily to the existing
industrial units, compared to the Oxy-fuel and Pre-combustion methods [230]. Tradi-
tional post-combustion capture methods are absorption [19, 20, 232–237], adsorption
[14, 19, 238–240], membrane gas separation [241–247], calcium looping [20, 248–250]
and mineral carbonation [111, 251–261], see Table (2.4). These methods are combined
with thermal swing, pressure swing or vacuum swing for CO2 desorption.

Table 2.4: Dominant non-electrochemical capture methods

Capture method Process mechanism Challenges

Oxy-fuel [262–
264]

Instead of air, pure O2(g) or a
CO2(g)/O2(g) mixture is used for
fuel combustion. 75–80% CO2 is
produced as opposed to combus-
tion in normal air where 3-15%
CO2 is produced

• High oxygen production energy
costs (ca. 200–220 kWh per tonne of
oxygen generated by cryogenic air
separation [264])

• High sensitivity to air leakage into
the system

• Although an efficient capture
method ([265]), difficult to retrofit
compared to Post-combustion
method

• Special materials are needed to re-
sist the high flame temperature (ca.
3500 °C). Although, the recycled
CO2 can be used to moderate this
temperature [19]

Pre-combustion
[266–269]

CO2 is separated from H2- rich
fuel before combustion. For ex-
ample, synthetic gas is produced
from fossil fuel by adding steam or
pure oxygen at high temperature
and pressure (1400 °C and 25–55
atm) and a subsequent water-gas
shift reaction.

• Retrofit to existing plants is costly
and more difficult compared to
Oxy-fuel and Post-combustion

• Reaction CO + steam ↔ CO2 +
H2 produces 15–40% CO2 at 14–40
atm. The produced H2 can be
used for power generation, but CO2
needs to be removed using a subse-
quent separation technique

Post-
combustion:

(table continues)
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Table 2.4: Dominant non-electrochemical CO2 capture methods (continued)

Capture method Process mechanism Challenges

Absorption [19,
20, 232–237]

CO2(g) (from flue gas or air) is ab-
sorbed (i.e., chemically or phys-
ically) in an absorbent. Pure
CO2(g) is subsequently recovered
through temperature swing des-
orption while the absorbent will
be regenerated. Currently, amine
based capture is the most mature
method for CO2 capture

• Limited CO2 absorbing capacity re-
sulted from the reaction stoichiom-
etry and dependent on the ab-
sorbent type (e.g., low capacity as
0.4 kg CO2/kg-MEA or higher as 1.2
kg CO2/kg-NH3 [19, 270])

• High absorbent regeneration (i.e.,
CO2 desorption) energy

• Solvent losses caused by volatility
or thermal/chemical degradation,
the subsequent equipment corro-
sion & negative environmental im-
pacts of solvent emissions

• High sensitivity to flue gas tem-
perature, pressure and presence of
impurities, such as NOx, SOx and
oxygen (i.e., oxidative degradation)
[271]

Adsorption [14,
19, 238–240]

CO2(g) is adsorbed on solid mate-
rials and will be recovered through
temperature, pressure or vacuum
swing desorption

• When used for flue gas, pre-
treatments to remove impurities,
such as NOx, SOx and H2O and
to decrease gas temperature are
needed

• Possible loss in the adsorption ca-
pacity of the adsorbent after des-
orption step (e.g., 4–9% loss for
amine immobilized onto solid sil-
ica)

• Sorbent degradation in cyclic oper-
ation

(table continues)
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Table 2.4: Dominant non-electrochemical CO2 capture methods (continued)

Capture method Process mechanism Challenges

Membrane gas
separation [14,
241, 242, 245,
247, 272, 273]

Process is driven by partial
pressure difference of the gas
molecules to be separated. Gas
molecules permeate according to
their size, diffusivity, or solubility
through the membrane.

• Not feasible for streams with low
CO2 partial pressure and concen-
tration

• To accommodate the high flow rate
of industrial flue gas, high mem-
brane surface area is required

• Sensitivity to presence of moisture
(i.e., lower selectivity)

• On-going research on new mem-
branes with high selectivity and
permeability [274–276]

Calcium looping
[14, 249, 277]

A variant of chemical looping
(combustion) that involves car-
bonation and calcination. Metal
oxides e.g., CuO, Mn2O3, NiO, and
Fe2O3 are used instead of O2(g) in
Oxy-fuel combustion

• Rapid decrease in the limestone
(i.e., sorbent) capacity after a num-
ber of cycles of reaction with CO2

• Environmental concerns caused by
limestone mining, the waste from
Ca-looping (i.e., the spent CaO) and
the need for high temperatures for
the operation

• Need for air separation unit to ob-
tain pure O2 for calcination

The conventional absorption and adsorption based captures can be combined with
electrochemical methods to decrease (or eliminate) the required thermal energy for the
regeneration step as discussed in section (2.4.1) and (2.4.2). No available work have been
found on electrochemical enhancement of the other conventional methods.

2.4.1. ABSORPTION ( WET SCRUBBING)
CO2 is a weak acid. Therefore, substrates that contain basic moieties such as amine
groups (e.g., alkanolamines) are efficient absorbents for CO2 capture [278]. Amines are
derivatives of ammonia (NH3), containing a basic nitrogen atom, where one (R−NH2)
or more hydrogen atoms have been replaced by a substituent. Amines act as a nucle-
ophiles (i.e., electron pair donors also known as Lewis bases), reacting with CO2 at the
electrophilic (i.e., electron pair acceptor) carbon center to form a carbamate (derivatives
of carbamic acid H2NCOOH where one or more hydrogens are replaced by other organic
functional groups) [50, 168, 279]. Although the amine capture processes are extensively
studied, the reaction mechanism is not yet fully understood. For a detailed description
see [280]. The post-combustion CO2 capture is dominated by amine-based absorption,
using aqueous solutions of mono-, di-, tri-ethanolamine or hindered amines to absorb
CO2 in gas form [233, 279, 281–284]. Aqueous solutions are often used in order to control
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the density, viscosity, surface tension, and the thermal expansion coefficient of the pure
amines [285–287]. This is while. the energy consumption for solvent regeneration de-
creases substantially with increasing the amine concentration (due to an improved CO2
reaction rate and absorption capacity [288]). However, such high concentrations also in-
crease the degradation rate, viscosity and the involved environmental concerns, posing
challenges on the overall capture process [286, 288].

In addition to aqueous solutions, both non- and low-aqueous solvents (i.e, water-
lean solvent) are viable [285, 289, 290]. These alternatives are not well studied yet al-
though they have gained interests recently. All currently assessed water-lean solvents
have shown lower CO2 solubilities than aqueous monoethanolamine (MEA). However,
because the heat of absorption is not much affected, solvents with the lower volatility
than water could potentially offer opportunities for processes with overall less reboiler
heat duties than that of ordinary aqueous MEA [285].

Amines have been used for CO2 capture since 1930 [279]. Monoethanolamine (MEA)
scrubbing technology is seen as a benchmark technology for CO2 capture from flue gas
of large-scale power plants [188, 191, 291, 292]. In this method, CO2(g) is chemically ab-
sorbed at low temperatures (~40 to 60°C) in the absorbent and is extracted in a desorber
column later, generally via a temperature swing at high temperatures (~120°C), where
the absorbent is also regenerated [187, 293]. The energy consumption of CO2 capture
(from flue gas) via aqueous monoethanolamine (MEA) thermal swing is between ~170-
300 kJmol−1CO2 [185–191]. To address the drawbacks discussed in Table (2.4), for CO2
capture via chemical absorption, other inorganic solvents, such as aqueous potassium
and sodium carbonate ([168]), ammonia solution and alkali hydroxide solution have
been investigated [294, 295]. When using alkaline or carbonate based solution, hydra-
tion of CO2 takes place rather than carbamate formation [168]. However, CO2 absorption
in carbonate is very slow compared to that of amines [271]. Increasing the absorbent pH
(i.e., applying a wide range pH-swing), can enhance the kinetics substantially.

PH-SWING VS. THERMAL SWING

All available large-scale CO2 capture processes rely on heating or using a combination
of heat and vacuum to release the captured CO2 [28, 295]. Given the initial focus was
to capture CO2 from flue gas of fossil fuel power stations, heat integration is relatively
straightforward. However, as an alternative to this thermal swing, an (electrochemical)
pH-swing approach can be applied for CO2 recovery and absorbent regeneration [4]. In
a thermal swing absorption process, the energy performance is dominated by (1) ab-
sorbent absorption capacity, (2) absorption rate, (3) heat of absorption and (4) thermal
degradation [271]. The required thermal energy is often exacerbated due to use of aque-
ous solutions in which the capturing agent is contained (e.g., water for the case of MEA
[271]) [50]. Furthermore, the required heat is normally generated from combustion of
fossil fuels, decreasing the net captured CO2 in the conventional processes [109]. Al-
ternatively a pH-swing can be used, to absorb and desorb CO2. The cost of absorbent
regeneration through pH-swing via BPMED in wet scrubbing (using KOH absorbent) is
estimated to be ~773 $ per tonne CO2. That is more than three times of the cost of the
thermal swing rival. However, the cost can significantly decrease if the cost of renewable
energy decreases (e.g., from 0.06 to 0.018 $/kWh), cost of membrane decreases (to lower
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than 100 $m – 2), membrane life time increases from around 3 years [296] to 15 years and
the process is optimized [4].

PHYSICAL ABSORPTION

The advantage of the physical absorption to chemical absorption explained above is
its lower heat consumption in the solvent regeneration step [22, 23]. Solvents, such as
methanol, poly(ethylene glycol) and dimethyl ether can be used to absorb CO2(g) phys-
ically. Recently, ionic liquids have been proposed as alternatives to the conventional ab-
sorption solvents [297–299]. Ionic liquids are molten salts that exist as liquids near room
temperature, often composed of an organic cation with an inorganic or organic anion
and featuring polar properties [26]. Ionic liquids are referred to as green solvents due to
their low volatility, exceptional thermal stability, non-flammability and environmentally
benign character [300]. The capture using ionic liquids is often based on physisorption
although some ionic liquids react with CO2 in a chemisorption mechanism [23].

ELECTROCHEMICAL ENHANCEMENT OF AMINE BASED ABSORPTION

Electrochemical methods provide alternative routes to the conventional thermal regen-
eration step in absorption based capture. Such electrochemical enhancements are shown
feasible through (1) pre-concentrating the CO2 rich amine stream, (2) substituting CO2
with suitable metallic species or (3) pH-swing. These three routes are explained here.

For pre-concentrating the CO2 rich amine stream, a capacitive deionization unit
(CDI) can be used. Inside the CDI cell, when current is applied, ionic species (i.e., MEAH+

and MEACOO – in case of monoethanolamine absorption) are adsorbed at the electrodes,
creating an ion-free solution (mainly water [271]) that can be sent back to the absorber
column without the need to undergo the thermal desorption step. Subsequently, when
power is switched off or reversed, the adsorbed ions will be released back from the porous
electrodes, creating a carbon rich stream that can then be sent to the stripper column.
When applying thermal regeneration, the concentrated solution from the CDI unit then
requires 50% lower solvent regeneration heat energy because of its high CO2 loading
[301]. As an alternative approach, the conventional temperature swing step in the amine
absorption process can be replaced by metal ion substitution in an electrochemical cell
[30, 31, 302]. Such a cell consists of multiple anode and cathode chambers made of
copper. At the anode, Cu2+ reacts with the amines, displacing the CO2 as shown in Fig-
ure 2.15. CO2 is subsequently removed in flash tanks after the anode chambers and the
amines are regenerated by subsequent reduction of the Cu2+ to Cu in the cathodes. The
process allows for higher CO2 desorption pressures, smaller absorber columns and lower
energy demands.
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Figure 2.15: Electrochemically-mediated amine regeneration (EMAR) using copper. Reprinted from [303],
Copyright (2019), with permission from Elsevier. The conventional thermal swing is replaced with an electro-
chemical step. In addition to Cu/Cu2+, many possible chemistries can be utilized in such separation processes
as discussed further in [30, 31, 302].

There are few works available on using a pH-swing to regenerate amine based ab-
sorbents; The early work of Zabolotskii et al. shows the feasibility of a low-temperature
BPMED for regeneration of aqueous monoethanolamine (MEA) sorbent [304]. Huang et
al. demonstrated a pH-swing for amine based absorbents, doing so electrochemically
(for flue gas desulfurization) [305] and Feng et al. by simply adding a (weak) acid to the
rich amine stream (for CO2 capture) [237]. Such addition of acid is reported to have the
potential to increase the volume of the released CO2 and to decrease the absorbent re-
generation heat energy. Both contributing to a higher energy efficiency [237].

2.4.2. ADSORPTION

CO2 can be adsorbed on solid porous materials, where CO2(g) is subsequently recovered
and the adsorbent is regenerated through a temperature, pressure [306], vacuum [307–
316] or electric swing desorption [317]. Previous work has shown CO2 adsorption on
metal–organic frameworks (MOF’s), silica, zeolites, immobilized amine, alumina, poly-
meric resins, molecular sieves and activated carbon. Adsorption is possible through both
physical (e.g., on zeolite, graphene, MOF’s, silica) and chemical (e.g., amine and calcium
based materials) bonding with CO2.

An advantage of adsorption based capture is that using solid adsorbents (instead
of the mature aqueous monoethanolamine (MEA) technology) in capturing systems re-
duce the regeneration heat (due to the much lower heat capacity of solid adsorbents and
the avoidance of water evaporation in the regenerator) [188]. The (calculated) regener-
ation heat for polyethyleneimine (PEI)/silica adsorbent based capture is reported to be
around 2.46 GJ/tonne CO2, which is much lower than the value of 3.3-3.9 GJ/tonne CO2
for a typical aqueous MEA system [188]. In general, adsorption also has higher CO2 ad-
sorption capacity compared to that of absorption e.g., ca. 88–176 kgCO2/kg adsorbent
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[306] vs. 0.4-1.2 kgCO2/kg absorbent [19, 270, 318].

ELECTROCHEMICAL ENHANCEMENT OF ADSORPTION

Similar to absorbents, the CO2 capture and recovery of recent adsorbents has been as-
sessed via electrochemical swings instead of the conventional pressure or temperature
swings [40, 319]. As an example, the redox active carriers described in section (2.3.3) can
be employed as solid adsorbents, immobilized on surface of electrodes. Such electro-
swing systems normally operate in charge/ discharge cycles where changing the cell po-
larity regulates the activation and deactivation of the carrier [40]. The significant advan-
tage of the electro-swing process with respect to pressure swing adsorption (PSA) and
temperature swing adsorption (TSA) is that the CO2 capacity of these solid adsorbents
does not depend on the feed concentration, making them suitable for CO2 capture even
from very dilute streams [40]. Moreover, up-scaling is easily achievable in electro-swing
adsorption by using multiple anode and cathode chambers repeating within one cell.
Alternative to the electrochemical elctro swing approach described above and in [40],
the electrochemical process can induce a temperature swing. In that case, a low voltage
passes through a conductor to change the sorbent temperature via Joule heating (i.e.,
resistance turning electric energy into heat) [319–323].

2.5. CARBON DIOXIDE UTILIZATION
After CO2 is captured, it can be stored or utilized, see Figure 2.16. CO2 is an inexpensive,
non-toxic, renewable commodity [324, 325]. The market for CO2 use is projected to grow
from 0.23 gigatonnes (Gt) per year today to 7 Gt/year by 2030 [326].

Figure 2.16: Schematic of direct and indirect (i.e., via conversion) utilization of CO2. Alternative to gaseous
CO2, carbonate minerals (e.g., CaCO3) can be utilized [327] in paper industry, coating, plastics [328], paints,
adhesive/sealants, rubber, cement and construction materials [329].
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In addition to fuels, chemicals such as ethylene, alcohols, formic acid (or formate),
syngas, urea and other organic materials can be produced from CO2, electrochemically,
thermo-chemically or by other approaches [324, 330–338]. Such organic chemicals are
often more expensive than fuels and may offer advantages in the techno-economic anal-
ysis. However, the global demand for them are much lower than fuels as shown in Figure
2.17. For instance, the global demand for one of the largest chemical markets, ethylene,
is 184 Mt/year [339]. Ethylene manufacture also stands as the prime contributor for CO2
emissions among carbon-based chemicals, with a CO2 emissions rate of 184.3 - 213 Mt
in 2015, which could reach 1.34 Gt/year by 2030 [340].
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Figure 2.17: Average price of CO2 utilization products as a function of their market size. Error bars indicate
anomalies in some regions (see the supporting information Table 1 for values). CO2 and H2 are included for
reference.

Production of synthetic hydrocarbon fuels and chemicals often requires high purity
CO2 feeds. Many CO2 capture facilities using centralized sources simultaneously cap-
ture sulfur containing compounds, such as hydrogen sulfide (H2S) that must be removed
upstream to avoid catalyst poisoning [341]. The process of desulfurization typically in-
volves liquid phase oxidation to promote H2S oxidation to sulfur, followed by sulfur sep-
aration from the gas stream [342]. Chemical adsorption using high surface area ZnO-
based adsorbents may be used in sequence to further eliminate H2S prior to pipeline
transmission [343, 344]. Alternatively, CO2 conversion can take place via biocatalytic
routes with both natural and engineered microorganisms [345, 346] that generally have
higher tolerance for impurities [347]. CO2 capture from dilute sources, such as from air
and seawater, usually contains non-negligible amount of O2 and N2 [29, 46]. While N2
is an inert gas and may not negatively impact the CO2 conversion, a trace amount of O2
may lower the catalytic turnover through the unwanted reaction with hydrogen in the
thermochemical process [348], or through the preferential reaction of oxygen reduction
in the electrochemical process [46]. Strategies for O2 removal from CO2 stream include
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catalytic oxidation of hydrogen [349] or methane [350] on noble metal catalysts such as
Pt or Pd [351], chemical adsorption of O2 on Cu surfaces at elevated temperatures [349],
and electrochemical reduction of O2 on Ag catalysts [46].

A pressurized CO2(aq) stream is beneficial for a subsequent CO2 conversion step.
In a CO2 electrolyser for methanol production, when the produced CO2 remains dis-
solved due to an applied pressure, the avoided typical gas regeneration step and CO(g)
compression step save more than 150 kJmol−1CO2 [47]. High pressure electrolyser (up
to 40 bar) is also reported to increase the current efficiency of CO2 reduction to formic
acid/formate [352, 353]. Moreover, a high pressure CO2(g) is required for the transporta-
tion in the pipes, enhanced oil recovery or geological CO2 sequestration for underground
injection. Supercritical CO2 (above its critical temperature 31.0 °C and pressure 72.8 atm)
with its low density and viscosity plays a significant role in the extraction of oil [354–356].
Furthermore, supercritical CO2 can be used in the enhanced geothermal system for heat
exchange [248, 357].

The electrochemical CO2 conversion lacks studies that demonstrate the capability
of the technology at scales large enough for industrial implementation [358]. As an al-
ternative, CO2 can be converted biologically to organic carbon in plants or microalgae,
through photosynthesis, resulting in various products, such as biofuel or animal feed
[359, 360]. Gaseous CO2 can be stored (i.e., sequestrated) in deep geological layers or
in the ocean [20, 361–363]. In 2019, from the 19 in operation large-scale carbon cap-
ture & storage (CCS) facilities, 33.2 Mt/year of CO2 were captured and stored [364] (i.e.,
less than 0.1% of the total global emissions) [365]. By addition of the already in con-
structions facilities, this value is estimated to be doubled, within the coming years. Most
of this storage is done through enhanced oil recovery (EOR) application (i.e., over 260
Mt of anthropogenic CO2 by 2019) [364]. As an alternative to sequestration of gaseous
CO2, CO2(g) can first be converted to bicarbonate ion and, subsequently, be stored as al-
ready abundant forms of ocean alkalinity, through electrogeochemistry [72, 76, 79, 113].
There are social concerns associated with the gas sequestration including fear of CO2
leakages, lack of suitable locations, required site monitoring, unknown impacts on liv-
ing organisms and limitations involved with CO2 transportation and injection to storage
sites. Alternatively, solid (carbonates) storage can be used. Such mineral carbonate se-
questration is permanent, safe, has a large worldwide storage capacity and is less subject
to social opposition [329, 366, 367].

2.6. CONCLUSIONS
Electrochemical CO2 capture methods are undergoing a renaissance as their applica-
tions expand due to their higher energy efficiency, flexibility and sustainability com-
pared to the conventional approaches. Electrochemical CO2 capture is classified into
four categories; (1) methods that apply a pH-swing to capture and recover the CO2, (2)
methods that rely on the binding affinity of CO2 molecules to redox-active species, (3)
molten carbonate cells and (4) hybrid electrochemical processes that combine CO2 cap-
ture and e.g., direct conversion. Among the electrochemical capture methods, pH-swing
based approaches, leveraging the carbonate equilibrium, are most widely studied, due
to their straightforward operation and the absence of toxic or expensive chemicals. In
theory, a mild pH-swing over ca. 2-3 pH units would allow to capture >98% of the CO2.
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However, in practice, to improve the slow kinetics associated with such a mild swing, ei-
ther a wider pH range (ca. 5-6 pH units) or catalytic enzymes (e.g., carbonic anhydrase)
need to be applied. An electrochemical pH-swing is induced via electrolysis, bipolar
membrane electrodialysis (BPMED), redox active molecules that undergo proton cou-
pled electron transfer (PCET) or capacitive deionization. Among all, electrolysis is the
earliest method (used for alkaline absorbent regeneration), but is still rather energy in-
tensive due to the intrinsic irreversibility of the gas evolution redox reactions. However,
the produced H2(g) (through water electrolysis) can be used to offset the total energy
consumption. Capture via PCET active agents enable high current efficiencies, but are
at the moment limited by slow electrode kinetics, low solubility of PCET organics and
the sensitivity of the process to impurities in the flue gas such as O2, water and sulfur.
Using (membrane) capacitive deionization (MCDI) enables capture with an electrical
energy consumption as low as 40 kJmol−1 using only deionized water. However, (M)CDI
capture is so far only applied at very low current densities, is still in the very early stage
of the lab-scale research (TRL of 3) and its large scale applications await more perfor-
mance studies. All electrochemical capture methods can be used easily as plug-and-play
units. Among the four technology for electrochemical pH-swing, BPMED has the advan-
tage of keeping a small footprint upon up scaling. At present, the cost of using BPMED
for CO2 desorption and alkaline (re)generation in alkaline wet scrubbing is estimated to
be 2-3 times more than the conventional thermal swing desorption rival. However, the
cost can significantly decrease if improvements in the cost of renewable energies and
ion exchange membranes, membrane life time and their permselectivity and resistiv-
ity are achieved. Despite of the successful lab-scale demonstrations, both CO2 capture
via electrolysis and BPMED have achieved TRL of 5-6 and are not yet commercialized.
This is while, the conventional post-combustion CO2 capture methods, such as absorp-
tion, adsorption, membrane separation and chemical looping have found their way to
industrial applications. As opposed to the electrochemical captures, conventional meth-
ods are mainly designed to capture CO2 from centralized emitters such as fossil fueled
power plants. These methods have a larger footprint and are not geared for efficient
decentralised emitted CO2. However, in the last decade, to benefit from the high effi-
ciency and selectivity of the electrochemical processes, conventional methods are also
promoted to be combined with electrochemical process. Substituting the temperature
or pressure swings with an electrochemical swing in an amine based absorption capture
is shown to halve the energy consumption of the CO2 desorption step while decreasing
the footprint of the unit. The framework established in this paper can be the basis for fu-
ture studies on the energetics of electrochemical CO2 capture processes, not only for flue
gas separations, but also for a range of other applications, such as seawater CO2 capture
and direct air capture.



2.7. SUPPORTING INFORMATION

2

51

2.7. SUPPORTING INFORMATION

2.7.1. SOLUBILITY OF GASEOUS CARBON DIOXIDE AND CARBONATE MINER-
ALS

Values of the solubility product (i.e., Ksp ) of the three main forms of calcium carbonate
minerals and the effect of temperature and pH on Ksp are provided.

SOLUBILITY OF GASEOUS CARBON DIOXIDE: EFFECT OF THE TEMPERATURE, SALINITY, AND

PRESSURE

The temperature (T, in K) dependent CO2 solubility coefficient (molL−1 atm−1) and car-
bonic acid dissociation constants (K 1 and K 2) in water at 1 atm are given by :[368]

log K 0 = 108.3865 + 0.01985076T - 6919.53/T - 40.45154 log T + 669365/T 2

log K 1 = −356.3094 - 0.06091964T + 21834.37/T + 126.8339 log T - 1684915/T 2

log K 2 = −107.8871 - 0.03252849T + 5151.79/T + 38.92561 log T - 1684915/T 2

In seawater, K 0 depends on the salinity (S, in %) and temperature (T, in K), as ex-
pressed by: [369]

ln K 0 =−58.0931 + 90.5069(100/T) + 22.2940 ln(T/100) + S [0.027766−0.025888(T/100)
+ 0.0050578(T/100)2]

The carbonic dissociation constants (K 1 and K 2) in seawater at 1 atm are represented
by the following equations:[370]

log K 1 = 43.6977 + 0.0129037S - 1.364 × 10−4S2 - 2885.378/T - 7.045159 ln T

log K 2 = 452.0940 - 13.142162S + 8.101 × 10−4S2 − 21263.61/T - 68.483143 ln T -
(581.4428S + 0.259601S2)/T - 1.967035S ln T

where S is the salinity (in %). At an average seawater S = 34.8 %, the pressure depen-
dent K 1 and K 2 of carbonic acid is given by:

log (K 1
P/ K 1

1) =0.013 + 1.319 × 10 −3 P - 3.061 × 10 −6 PT - 0.161 × 10 −6 T 2 - 0.02 ×
10 −6 P2

log (K 2
P/ K 2

1) = −0.015 + 0.839 × 10 −3 P - 1.908 × 10 −6 PT + 0.182 × 10 −6T 2

where K 1
1 and K 2

1 are K 1 and K 2 at 1 atm, and K 1
P and K 2

P at P atm. These equa-
tions are valid for temperature range between 2 °C and 22 °C and pressures up to 1000
atm.

SOLUBILITY OF CARBONATE MINERALS: EFFECT OF THE TEMPERATURE AND PH

Uptake and release of carbon at alkaline pH usually involve precipitation of carbonate
mineral through the reaction of CO3

2− with divalent cation such as Ca2+ (i.e., CaCO3).
The solubility of CaCO3 depends on the pH due to the hydrolysis of CO3

2−. At 25 °C and
1 atm the Solubility product (Ksp ) is 3.31 × 10−9 for calcite, 4.61× 10−9 for aragonite, and
1.22 × 10−8 for vaterite. Figure S1 (a) and (b) show the Ksp of various CaCO3 crystal forms
at temperature range between 0 and 90 °C and the calcite solubility as a function of pH
and temperature, respectively.
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Figure S1: (a) Solubility product (Ksp ) of three different crystal forms of CaCO3 as a function of temperature.
(b) Logarithmic calcite solubility in water as a function of the water pH and temperature.

The solubility products of calcite (K sp, calcite), aragonite (K sp, aragonite), and vaterite
(K sp, vaterite) at temperature range between 0 and 90 °C are given by: [368]

log K sp, calcite = −171.9065 - 0.0077993T + 2839.319/T + 71.595 log T
log K sp, aragonite = −171.9773 - 0.0077993T + 2903.293/T + 71.595 log T
log K sp, vaterite = −172.1295 - 0.0077993T + 3074.688/T + 71.595 log T
In seawater, at salinity range between 27 and 43 % and temperature range between 2

and 25 °C, K sp, calcite is given by:[371]
K sp = [−34.452 - 39.866S1/3 + 110.21 log S - 7.5752 × 10−6T 2] × 10−7

The values of K sp, calcite as a function of pressure (P, in atm) in seawater is expressed
by:[372]

ln (K sp, calcite
P/K sp, calcite

1) = 0.071320 + 0.0080412P - 2.2544 × 10−5 PT
where K sp, calcite

1 is the solubility product of calcite at 1 atm and K sp, calcite
P is the

solubility product of calcite at elevated pressure.

2.7.2. ELECTRICAL ENERGY CONSUMPTION FOR CARBON DIOXIDE CAPTURE

In this section, the underlying assumptions and calculations for obtaining Figure 2.14
are provided. The aim here is to compare the electrical energy required for the CO2(g)

capture and recovery using a pH-swing generated via (membrane) electrolysis and BPMED.
As an example, the magnitude of pH-swing here is considered to be ∆pH = 14. The

required voltage (hence the energy consumption) of both methods depends strongly on
the magnitude of the applied ∆pH . Note that a milder ∆pH can enable lower energy
consumption.

Using both electrolysis and BPMED, 1 mole of OH− and 1 mole of H+ per mole of
electron can be produced (assuming 100 % Coulombic efficiency). Assuming the follow-
ing reactions, each produced OH− (or H+) ion, contributes to 1 mole of CO2(g) being
captured (or recovered):

CO2(g ) +OH− ↔ HCO−
3 at pH > 8.5 for the capture step

HCO−
3 +H+ ↔CO2(g ) at lower pH for the recovery step



2.7. SUPPORTING INFORMATION

2

53

According to the Faraday’s law, the electric quantity (Q) to produce 1 mole CO2(g) is
1 Faraday constant (F = 96485 Cmol−1). The energy consumption per mole of capture
CO2(g) can then be calculated via:

Energy consumption =V ×F

The required voltage (V, in volts) for (membrane) electrolysis can be written as [373]:

Uel ectr ol y si s = E 0
anode −E 0

cathode + i
∑

R = E 0
cel l +ηH2/O2

+ i
∑

Rtot (S1)

Where E 0
anode is the standard anode potential for oxygen evolution reaction (OER), E 0

cathode
is the standard cathode potential for hydrogen evolution reaction (HER), i is the applied
current density, Rtot is the total ohmic resistivity, ηH2/O2

is the over potential at the anode

and cathode for OER and HER (i.e., the Tafel plot), and E 0
cel l the standard cell potential.

The estimated value for each term is given in Table S1.
Similarly, the required voltage for BPMED can be written as [89, 198, 374]:

UBP MED = 0.059∆pH +ηW DR + i
∑

Rtot (S2)

Where ∆pH is the difference of the pH over the BPM, 0.059∆pH is the Nernstian poten-
tial based on the reversible free enthalpy (see chapter 3 for elaboration) and ηW DR is the
over potential associated with the water dissociation reaction in the junction layer of the
BPM. The estimated value for each term is given in Table S2.

For the calculations, electrochemical cells as shown in Figure S2 are assumed. For
BPMED, the effect of the end electrodes is neglected as multiple cell pair (CEM-AEM-
BPM) can be stacked up in one unit, overruling the electrodes over potential. In elec-
trolysis stacking is not possible and the process is strongly dependent on the electrode
reactions.

Figure S2: Schematic of the (membrane) electrolysis cell (left) and the BPMED cell (right) used for calculation
of the electrical energy consumption of the electrochemical CO2(g) capture and recovery.
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Table S1: Summary of the ohmic resistance and the subsequent voltage losses in (membrane) electrolysis. Re
is calculated assuming a 0.5 M NaCl electrolyte with a conductivity of 47 mScm−1 and a cell total thickness of
0.5×2 = 1 cm, while Rm is estimated assuming ion exchange membranes from Fumasep B.V.

Re (electrolyte resistance) for 0.5 M NaCl 20Ωcm2

Rm (membrane resistance) 4Ωcm2

Rc (circuit resistance) neglected
i ×Rb (H2(g) and O2(g) bubble ohmic losses) 0.2 V
Assuming i = 20 mAcm−2: i (Re +Rm +Rb) = 0.68 V

Table S2: Summary of the ohmic resistance and the subsequent voltage losses in Bipolar membrane electro-
dialysis (BPMED). Re is calculated assuming a 0.5 M NaCl electrolyte with a conductivity of 47 mScm−1 and a
cell total thickness of 0.5×2 = 1 cm, while Rm is calculated assuming ion exchange membranes from Fumasep
B.V.

Re (electrolyte resistance) for 0.5 M NaCl 20Ωcm2

Rm = RBP M +RC E M +RAE M 4+10+4 = 18Ωcm2

Rc (circuit resistance) neglected
Assuming i = 20 mAcm−2: i (Re +Rm) = 0.76 V

1. (Membrane) electrolysis :E0
cell+ηH2/O2+i

∑
Rtot

(a) The standard cell potential, E 0
cel l according for the water redox is as follow:

• Cathode: 2H2O + 2e− → H2(g ) + 2OH−, E 0
cathode = −0.829V v s.SHE at

pH=14

• Anode: 2H2O → 4e−+O2(g ) +4H+, E 0
anode = 1.23V v s.SHE at pH=0

It follows that E 0
cel l = E 0

anode−E 0
cathode = 1.23−(−0.829) = 2.059V for creating

a ∆pH =14 using water electrolysis.

(b) ηH2/O2 is approximately 2×0.1 = 0.2V at current density i = 20mAcm−2 (based
on the Tafel plot for HER and OER).

(c) The ohmic voltage drop is i
∑

Rtot , where Rtot = Re +Rm +Rb +Rc as shown
in Table S1.

2. Ex-situ BPMED: 0.059∆pH+ηWDR+i
∑

Rtot Ex-situ here means that a neutral salt
stream (e.g., NaCl) is used to produce high purity NaOH and HCl in BPMED. The
produced acid and base are then used for CO2(g) capture and recovery in external
gas absorption and desorption steps.

(a) The reversible Nernstian voltage based on the free enthalpy for creating a
∆pH =14 over the BPM is 0.059×14 = 0.826V [374].

(b) ηW DR : reaction over potential is estimated at 0.15 V [375].

(c) i
∑

R: The ohmic voltage losses can be estimated as shown in Table S2.
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2.7.3. THE MARKET SIZE AND PRICE OF CARBON DIOXIDE UTILIZATION PROD-
UCTS

Table S3 gives the values associated with Figure 2.17, showing the market size and price
of CO2 utilization products in various regions between 2018 and first quarter of 2020
(unless otherwise noted). CO2 and H2 market size and price are included for reference.

Table S3: CCU products market size and price

Products Market size (Mtyr−1) Price ($tonne−1) References

Methane 1 2894 86 – 173 [376–378]
Ethane 120.27 139 – 180 [379–382]
Propane 1952 317 – 374 [383–387]
Ethylene 184 474 – 609 [388–390]
Propylene 100 551 – 800 [391–394]
Methanol 98.9 174 – 235 [395–397]
Ethanol 86.8 45 – 1026 [398–401]
Isopropanol 2.15 750 – 3670 [402–404]
Acetone 6.1 906 – 1770 3 [405, 406]
Acetic acid 17.28 3303 [407, 408]
Formic acid 1.02 225 – 3323 [409, 410]
Urea 187.8 214 – 860 [411–414]
Carbon monoxide 150 2364 [415]
Carbon dioxide 230 15 – 120 [416]
Hydrogen 102 1640 – 2500 [417–419]

1assumes natural gas market size and price.
22016 market size.
3Chinese spot price.
42014-2018 average price in United States.
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The practical energy required for water dissociation reaction in bipolar membrane (BPM)
is still substantially higher compared to the thermodynamic equivalent. This required
energy is determined by the bipolar membrane voltage, consisting of (1) thermodynamic
potential and (2) undesired voltage losses. Since the pH gradient over the BPM affects
both voltage components, in this work, pH gradient is leveraged to decrease the BPM-
voltage. We investigate the effect of four flow orientations: 1) co-flow, 2) counter-flow,
3) co-recirculation, and 4) counter-recirculation, on the pH gradient and BPM-voltage,
using an analytical model and chronopotentiometry experiments. The analytical model
predicts the experimentally obtained pH accurately and confirms the importance of the
flow orientation in determining the longitudinal pH gradient profile over the BPM in the
bulk solution. However, in contrast to the simulated results, our observations show the ef-
fect of flow orientations on the BPM-voltage to be insignificant under practical operating
conditions. When the water dissociation reaction in the BPM is dominant, the internal
local pH inside of the membrane determines its final voltage, shadowing the effect of the
external pH-gradient in the bulk solution. Therefore, although changing the flow orienta-
tion affects the bulk pH, it does not influence the local pH at the BPM junction layer and
hence the BPM-voltage. Instead, opportunities for reducing the membrane voltage are in
the realm of improved catalysts and ion exchange layers of the BPM.
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3.1. INTRODUCTION
As industry and society is transitioning to sustainable electrified technologies, electro-
chemical methods are becoming more and more attractive. Bipolar membranes (BPM)
have been successfully utilized in (emerging) electrochemical systems to create, and sus-
tain, different pH at either sides of the membrane. The BPM-facilitated applications
range from concentrated acid/base production [2], organic synthesis, biotechnology/
food industry [3, 4], production of value-added products [5–11], energy storage/ conver-
sion [12, 13], resource recovery [14] (like CO2 capture [15–20] and ammonia recovery [21–
23]), and electrolysers [24–26]. A bipolar membrane consists of an anion and a cation
exchange layer (AEL and CEL) laminated together. Upon application of an electrical cur-
rent, inside of the BPM, water dissociation reaction (WDR) takes place in a "reverse bias
mode" (i.e., CEL facing the cathode). The BPM provides, ideally, an impermeable barrier
for salt ions from the electrolyte to cross the bipolar membrane (BPM). Instead, through
the water dissociation reaction, the BPM produces H+ and OH- ions. The water dissoci-
ation reaction enables a pH gradient over the bipolar membrane (∆pHBP M ) without the
necessity of forming (gaseous) by-products.

Despite the advances made in BPMs, the energy consumption in BPM-facilitated
applications, for water dissociation, is still high. The thermodynamic contribution of
the BPM-voltage (i.e., reversible voltage, Vr ev ) is proportional to the pH difference and
is only 0-0.83 V for pH-gradient between 0-14. However, the actual BPM-voltage is of-
ten measured beyond 1 V at any industrially relevant current density [6], [25], [27], [28].
In addition to thermodynamics, kinetics of water splitting, determined by its catalyst,
is crucial in determining the actual BPM-voltage [29]. Manufacturing a properly cat-
alyzed BPM, with highly perm-selective ion-exchange layers (i.e., perfect co-ion exclu-
sion) and with optimum (layers/catalyst) thickness is the most direct way to minimize
energy losses [28]. Additionally, as the thermodynamic reversible voltage (Vr ev ) is only
dependent on the magnitude of ∆pH over the BPM, controlling the pH difference over
the membrane is a potential lever to control the total BPM-voltage (VBP M ) indepen-
dent of the membrane manufacturing. The effect of various feed pH on VBP M has been
demonstrated previously for cells that have a uniform pH in the feed compartment along
the flow direction [6, 28, 30]. It has also been numerically shown that the external pH
gradient (i.e., ∆pHBP M of the feed solutions) over the BPM affects the ion concentration
profile inside the BPM [28].

According to the mass balance, changing the hydrodynamic factors such as the flow
orientation along the BPM affects the pH gradient profile over the BPM, which suggests
that the flow orientation impacts the BPM voltage. However, the effect of flow orienta-
tions on the pH gradient profile along the BPM, and its subsequent impact on the BPM-
voltage are still missing. Although the effect of different flow modes in bipolar mem-
brane applications is missing in the literature, the performance of co-flow and counter-
flow modes is studied before in electrodialysis (ED) and reverse electrodialysis (RED)
cells containing mono-polar membranes [31], [32]. In RED, simulations demonstrate
that counter-flow allows almost twice higher efficiencies in electricity production com-
pared to the co-flow, due to lower ohmic losses and less untapped energy [32]. In com-
parison with RED and ED, the flow orientation has potentially even more impact in BPM-
based processes when using solutions with initially mild pH, because the concentration
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difference of H+ (and OH-) ions over the membrane is easily multiple orders of magni-
tude larger at the outflow of the cell compartments compared to the inflow. The co-flow
and counter-flow orientations can be applied in all BPM-based applications. The recir-
culation modes are suitable for resource recovery e.g., CO2 capture [33], ammonia and
phosphorous recovery [23], [34], where after the extraction step, the acidic stream can
be recirculated in the base compartment, enabling a neutral outflow.

This work represents BPM-facilitated technologies that deal with a mild pH, since the
pH (and thus the theoretical Vr ev ) is insensitive to flow orientation at extreme pH. The
targeted setup covers typical circumstances for e.g., electrochemical CO2 capture/ con-
version and resource recovery. We investigate the effect of different flow orientations on
the reversible voltage (Vr ev ) and irreversible losses (Vi r r ) in bipolar membrane electro-
dialysis (BPMED), aiming to decrease the energy required by the BPM. First, a theoretical
model is used to calculate the pH profile and Vr ev over the BPM, using the mass balance
and Visual MINTEQ ver. 3.1 chemical equilibrium software. Subsequently, BPM-voltage
and its components are measured through chronopotentiometry experiments in a six-
compartment BPMED cell. Finally, we share understanding of the involved losses in the
system and give guidelines to reduce the currently high energy consumption in BPM-
facilitated applications through membrane manufacturing.

3.2. THEORY

3.2.1. BPM-VOLTAGE
The BPM-voltage consists of two main components:

1. The thermodynamic (reversible) voltage required for the BPM-water dissociation

2. The undesired membrane voltage losses

When the current density is sufficiently high for water dissociation reaction to be the
main charge carrier across the BPM, the reversible voltage can be defined using the
Nernst equation [6], [27], [35], [36]:

Vr ev = ∆G

nF
= 0.059∆pHBP M (3.1)

Where ∆G is the Gibbs free energy that is required for acid and base production in an
ideal bipolar membrane (i.e., complete exclusion of any ions except H+ and OH- ions) at
ambient temperature and pressure (in J). Vr ev is the thermodynamic reversible voltage
across the BPM (V), F Faraday constant (Cmol−1), n number moles of electrons trans-
ferred in the reaction, and ∆pHBP M the pH-difference between the AEL-electrolyte and
CEL-electrolyte interfaces of the BPM. The losses can be approximated as [29, 35–37]:

V BP M
i r r ≈ i RM +ηW DR (3.2)

Where RM (= Rl ayer s,st at ) represents the membrane Ohmic area resistivity in Ω cm2

in the steady state, ηW DR the over potential of the water dissociation reaction in V [37–
40], and i the applied current density in Acm−2 [37]. Additional voltage losses, such as
the water transport limitations from the electrolyte towards the BPM junction layer (JL)
are neglected in Equation 3.2 [29, 41, 42].
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3.2.2. GRADIENT OF PH IN Z-AXIS OVER THE BPM
The longitudinal pH-gradient can be obtained via the mass balance equation [35]. As-
suming the AEM and the CEM are impermeable to co-ions, the mass balance can be
written as (see also illustration of fluxes in in Figure 3.1 (A):

C H+
out f l ow =C H+

i n f l ow + JH+
Am

q
(3.3)

JH+ = i

zH+F
(3.4)

C H+
out f l ow =C H+

i n f l ow +
(

i

zH+F

tr

d

)
(3.5)

Where subscripts inflow (i.e., at z = 0) and outflow (i.e., at z = L = length of the cell) in-
dicate the solution that flows in and out of the cell compartment, respectively. C H+

i n f l ow

and C H+
out f l ow (molm−3) represent the total acidity, meaning that they include (1) the free

H+ ions, plus (2) the protons present in complexes (the latter only in case of a buffered
solution). Am is the active area of the bipolar membrane (m2), i the applied current
density (Am−2), JH+ the flux of produced H+ ions from the BPM (molm−2 s−1), zH+
the electrochemical valence (=1 for H+ ion), d the compartment thickness (m) and q
the flow rate (m3 s−1), where q = Vaci d

tr
= Am d

tr
with Vaci d (excluding the effect of any

spacer-mesh porosity ε, see Chapter 5) being the acidic compartment volume in m3

(here, Vaci d = Vbase ) and tr the cell residence time (s) (note that the cell residence time
differs if the compartment is filled with netted spacers according to the porosity of the
spacer-mesh ε, see Chapter 5). The term i

zH+F
tr
d (in molm−3) quantifies the produced

moles of H+ ions from the water dissociation reaction, per volume of the acidic compart-
ment (if 100% Coulombic efficiency is assumed). To calculate the pH from C H+

i n f l ow and

C H+
out f l ow , in an unbuffered solution:

C H+
i n f l ow = 10−pHi n f l ow ,C H+

out f l ow = 10−pHout f l ow (3.6)

However, depending on the buffer capacity, part of the produced H+ ions from the water
dissociation reaction neutralize with buffer compounds and, hence, will not contribute
to a pH change. For example, in the phosphate buffer system:

10−pH =C H+ − (
[HPO 2−

4 ]+2[H2PO −
4 ]+3[H3PO4]

)
(3.7)

Using Equation 3.5-3.7, the acidic and basic pHout f l ow can be calculated at each current
density (i ), compartment thickness (d), and cell residence time (tr ). Alternatively, by
keeping i ,d and tr constant and by varying in z-axis between 0 and L, the full pH profile
inside of the cell, in the direction of the flow, is obtainable through a step-wise mass
balance at each position along the flow direction (z-axis), for 0 < zi ≤ L :

Cli
H+ =Cli−1

H+ + zi − zi−1

L

(
i tr

F d

)
(3.8)
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L is the total length of the cell in the direction of the flow (z-axis in Figure 3.1). In Equa-
tion 3.8 subscript i indicates the ith length step chosen for the step-wise mass balance.
This should not be confused with i that shows the current density in the equation.

Figure 3.1: Schematic of the four flow orientation modes and H+ ion mass balance. L represents the compart-
ment length in z-axis.

3.3. MATERIALS AND METHODS
Three solutions of (1) 0.5 M NaCl, (2) 0.5 M NaCl + 2.5 mM NaHCO3, and (3) 0.45 M NaCl
+ 50 mM Na2HPO4 Were used in four flow orientations according to Figure 3.1 (A-D).
The chosen solutions mimic (1) an unbuffered reference case, (2) seawater (to represent
the oceanic CO2 capture application of BPMED), and (3) industrial water, respectively.
The choice for the concentration of the phosphate (and NaCl) is to ensure similar neu-
tral initial pH (and ionic conductivity) for all the three solutions. The buffer capacity
and the underlying equilibrium that control the concentration of total and free H+ ions
are calculated using Equation 3.5-3.8 and with Visual MINTEQ ver. 3.1 as explained in
supporting information 3.6.

3.3.1. BPMED SETUP
A single cell (i.e., one repeating unit) BPMED setup was assembled (Figure S1), using six
compartments to avoid interference between electrodes and acid/base compartments.
The setup comprised 22 cm2 FBM-130, FKB-PK-130 and FAB-PK-130 (FuMATech B.V) as
the BPM, CEM and AEM membranes, respectively. The compartment thickness (i.e., dis-
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tance between the membranes) was d = 1 cm, and the cell length (in z-direction) was L
= 11 cm. Prior to each run, all membranes used were equilibrated for several hours with
0.5 M NaCl and the cell was washed with demineralized water. All salts were acquired
from VWR (purity of > 99.7%). To avoid CO2(g) bubbles upon acidification of 0.5M NaCl
+ 2.5 mM NaHCO3 [43], a membrane contactor (3MT M Liqui-CelT M MM Series 8.75 inch)
was placed after the outflow (z = L) of the acidic compartment [20] and before recircula-
tion to the base compartment in both recirculation modes. No gas bubbles were visibly
trapped during any of the experiments (for any of the three tested solutions).

The feed solutions were pumped through the cell at flow rate of 30 mlmin−1 (i.e., flow
velocity of v = 0.25 cms−1, tr = 44 s) by peristaltic pumps (Cole-Parmer, Masterflex L/S
Digital drive).

3.3.2. APPLIED TECHNIQUES
Chronopotentiometry experiments were performed using an Ivium Potentiostat (Ivium
Technologies B.V.) in a four-electrode setup, measuring the BPM-voltage through two
leak-free Ag-AgCl (sat. KCl) reference electrodes (Innovative Instruments, Inc.), placed
in-situ at two sides of the membrane (at the length of z = 0.5L). The distance between
the reference electrodes was approximately 1 cm, and the BPM was placed exactly be-
tween these electrodes. The pH and temperatures (always 23 ± 2 oC) were monitored in
line with Orbisint CPS11D-7BA21 pH probes connected to a Liquiline CM444, both from
Endress + Hauser (Germany).

Current densities of 5, 12.5, and 25 mAcm−2 were applied for 20 minutes at a record-
ing interval of 2 seconds. After applying the current, the BPM- voltage (VBP M ) stabilized
for all series within couple of minutes (< 200 s). The steady-state values of VBP M (at z
= 0.5 L) and the outflow acidic and basic pH (at z = L), averaged over the last (stable)
5 minutes of the constant current interval, were used for processing. However, the pH
of the base output for 0.5 M NaCl co-recirculation and counter-recirculation fluctuated
in all repetitions, Figure S9 (C-D). This is while the BPM-voltage reached steady-state
within couple of seconds after applying the current. As the mentioned pH-fluctuations
were not progressing with time, same averaging interval was applied for these cases.

3.3.3. MEASURING REVERSIBLE AND IRREVERSIBLE VOLTAGES
The reversible and irreversible voltage contributions of the BPM-voltage can be obtained
through chronopotentiometry (Figure 3.2) [44]. When the current is switched on (at ton),
both the solution (between the two sides of the membrane and the tips of the reference
electrodes) and the membrane layers resistances contribute to the initially measured
electric potential drop (Vohm in Figure S2) [44]:

Vohm =Vsol +Vmem,i ni = I (Rsol +Rmem,i ni ) (3.9)

Where Rsol and Rmem,i ni represent the solution and the initial BPM-layers ohmic resis-
tances (Ω), see supporting information 3.6.

The irreversible voltage contributions (Vi r r ) can be derived from the sudden drop in
voltage directly after turning off the constant current (at toff). The membrane resistance
in steady state (Equation 3.2), will differ from the initial resistance (Rmem,i ni in Equation
3.9) because of the difference in the concentration profiles and additional ionic species
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in the membrane layers due to the current application [44]. The reversible potential
(Vr ev ) is the electrical potential remaining after switching off the power supply (Figure
3.2) [40]. Vr ev relates to the water dissociation reaction in the membrane and the con-
centration differences over the BPM-layers [44]. For current densities above the limiting
current density, when the water dissociation reaction in the BPM is dominant over the
salt ion-crossover, Vr ev can be represented based on the concentration differences of
H+ and OH- over the BPM junction and membrane-electrolyte interfaces, which is de-
scribed in Equation 3.1 for an ideal BPM. This potential diminishes as the ions in the
membrane equilibrate with the electrolyte (which is the same at either side at open cir-
cuit).

Figure 3.2: Schematic representation of a typical chronopotentiometry curve when the water dissociation
reaction is dominant. The ton and to f f mark the period of constant current application. The total steady
state BPM-voltage (VBP M ) is the summation of the reversible voltage and irreversible voltage losses : VBP M =
Vr ev +Vi r r .

3.4. RESULTS AND DISCUSSIONS

3.4.1. SIMULATED PH PROFILE FOR DIFFERENT FLOW ORIENTATIONS

The H+ ion concentration profile along the BPM is first obtained through a stepwise
mass balance (Equation 3.8, and then it is converted to the corresponding pH values
using Visual MINTEQ, as explained in the SI 3.6. The pH profiles at i = 200 mAcm−2 and
25 mAcm−2 for each flow orientation along the z-axis and the maximum ∆pHBP M (=
pHB ase −pHAci d ) are shown in Figure 3.3 and Figure S2, respectively.
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Figure 3.3: The simulated pH profile along the z-axis, for the co-flow (A, B, C), counter-flow (D, E, F), and
co-recirculation (G, H, I), under assumption of a uniform current density of 200 mAcm−2 and tr = 44 s (i.e.,
flow rate of 30 mlmin−1). The black horizontal line shows the initial solution pH. Blue and red arrows show

flow orientations. This figure shows the pH profiles for
i tr

d
= 8800 mCcm−3 = 0.091 moleq L−1. The counter-

recirculation flow is not shown, since, theoretically, it creates ∆pHBP M = 0 for 0 ≤ z ≤ L.

In the co-flow mode (Figure 3.3 (A-C)), ∆pH BP M
z=0 is equal to zero because the same

feed solutions are used at both sides of the BPM. The∆pHBP M increases along the z-axis
for co-flow mode, and reaches its maximum at z = L. The co-flow mode also creates a
higher ∆pH BP M

z=L than the other flow modes, because in single pass co-flow, the highest
pH (i.e., alkaline) and lowest pH (i.e., acidic) at either side of the BPM coincide at z = L.

However, for the counter-flow (Figure 3.3 (D-F)), ∆pHBP M at z= 0 is never zero when
a current is applied, and ∆pHBP M at z = L is smaller than that of the co-flow mode.
One more important difference between the co-flow (Figure 3.3 (A-C)) and counter-flow
(Figure 3.3 (D-F)) modes is the position of∆pH max

BP M ; while in the co-flow mode,∆pH max
BP M

always takes place at z = L, in the counter-flow it can occur near the middle of the cell
(depending on the applied current density and solution type). This is particularly visible
in poorly buffered solutions (Figure 3.3 (D)).

In buffered solutions such as the phosphate and bicarbonate case, the buffering ions
partly neutralize the produced protons and hydroxides. For the phosphate solution, this
neutralization is occurring in reactions at three pKa values:

H3PO4 ↔ H++H2PO −
4 , pKa1 ∼ 2.3

H2PO −
4 ↔ H++HPO 2−

4 , pKa2 ∼ 7.2
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HPO 2−
4 ↔ H++PO 3−

4 , pKa3 ∼ 12.4

The effect of the pKa1−pKa3 is reflected in the mild slopes (i.e., almost horizontal) when
the pH is near one of the pKa in Figure 3.3 (C, F, I).

In the bicarbonate solution, upon acidification, a similar neutralization reaction takes
place: HCO −

3 +H+ ↔ CO2(aq)+H2O However, the buffer effect is less visible in Figure
3.3 (B, E, H), due to the lower buffering capacity of the bicarbonate solution compared
to the phosphate solution in this study (i.e., 2.5 mM vs. 50 mM).

Under a constant current density, the lowest values of ∆pHBP M can be achieved by
recirculating the acidic stream of the BPM to the adjacent base compartment, over the
bipolar membrane (Figure 3.1 C, D). Re-circulation can be useful for resource recovery
applications e.g., BPMED CO2 capture/conversion and ammonia recovery.

The co-recirculation mode creates a smaller ∆pHBP M compared to the co-flow and
counter-flow as seen in Figure 3.3 (G-I). At the extreme, the counter-recirculation flow
can even create ∆pHBP M = 0 on every position along the z-axis when no product is ex-
tracted in the process.

Flow orientations affect the pH-profile along the BPM and the magnitude of the max-
imum ∆pHBP M (Figure 3.3); for the co-flow (A, B, C), ∆pH max

BP M is at z = L, while for the
co-recirculation (G, H, I), ∆pH max

BP M is much smaller and located at z = 0 and L. For the
counter-flow mode (D, E, F), ∆pH max

BP M is at the inside of the cell, and for the counter-
recirculation flow mode,∆pH max

BP M is zero on every position along the z-axis in these ide-
alized conditions.

3.4.2. EFFECT OF FLOW ORIENTATION ON THE SIMULATED REVERSIBLE VOLT-
AGE

To obtain the thermodynamic voltage (Vr ev ) that is required to drive the water disso-
ciation reaction (WDR) in the BPM, the maximum pH difference (∆pH max

BP M ) must be
considered in Equation 3.1 because the voltage must be sufficient to still drive WDR at
this ∆pH. This result follows directly from having a single set of electrodes (i.e., a single
stage), and implies that the minimum applied cell voltage is no longer a local variable
but is equal for the whole cell and depends on the single position in the cell with the
highest ∆pHBP M . If this cell voltage is applied, that voltage is also adequate to enable
any lower ∆pH along the whole normalized length. In reality, the current density may
not be uniform, which would alter the exact shape of the curves in Figure 3.3, but still
yield the same ∆pH max

BP M and thus the same reversible cell voltage.

Hence, the simulated reversible voltage for each flow mode is obtained using∆pH max
BP M

in Equation 3.1, and presented in Figure 3.4. To ensure applicability of Equation 3.1, in
the simulation, only current densities higher than the limiting current density of Fumat-
ech BPM are considered (ilim∼ 2.5 mAcm−2, Figure S3).
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Figure 3.4: The reversible Nernstian voltage (Vr ev ) required to drive the water dissociation reaction at the
BPM junction layer at steady state vs. current densities (i > il i m ) and the corresponding moles of H+ ions
added per volume of the solution. Here, "Moles H+ added per volume" represents the produced [H+] from
WDR (see Equation 3.5). The simulated ∆pHBP M

max has the exact same trend as Vr ev because Vr ev =
0.059∆pHBP M

max . In the simulation, same as in the experiments, tr = 44s (i.e., flow rate of 30 mlmin−1

is used).

In Figure 3.4, the simulated Vr ev increases as the current density increases because,
as expected, a higher current density enables higher∆pH max

BP M . For co-flow, Vr ev requires
a cell voltage between ca. 0.6 - 0.7 V for all solutions to achieve i = 200 mAcm−2.

Vr ev decreases by an increase in the buffer capacity (Figure 3.4 from A to C), in partic-
ular for low current density (< 5 mAcm−2 for bicarbonate and < 100 mAcm−2 for phos-
phate, all at flow rate of 30 mlmin−1). These lower reversible membrane voltages are
related to the lower ∆pH max

BP M that are obtained at these current densities in a buffered
solution.

Finally, the flow orientation strongly affects simulated ∆pH max
BP M and, hence, simu-

lated Vr ev in these calculations; while the co-flow mode enables the highest Vr ev , the
voltage is almost half of that when co-recirculation is used. Assuming no buffer extrac-
tion upon recirculating, Vr ev in the counter-recirculation is equal to zero regardless of
the used solutions, at all current densities (green vertical line in Figure 3.4).

The difference in simulated Vr ev between the co-flow and counter-flow is minor for
low current densities for unbuffered or poorly buffered solutions (< 50 mV difference
in Figure 3.4 (A, B), but increases at i > 100 mAcm−2 for buffered phosphate solution
(Figure 3.4 (C)). The increased difference for 50 mM phosphate solution is reflected in the
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pH profile along the z-axis (Figure 3.3) and follows from the balance between the moles
H+ added (max 88 mM, Figure 3.4) and the buffer capacity in the acidic compartment.

3.4.3. EFFECT OF FLOW ORIENTATION ON EXPERIMENTAL PH-GRADIENT AND

BPM-VOLTAGE
The pH-gradient over the BPM at z = 0 and z = L, and the BPM-voltage (at z = 0.5L)
were measured in the six-compartment electrochemical cell. Figure 3.5 compares the
simulated pH-gradients with the measured ones, at the outflow of the alkaline stream.
The individual ∆pHBP M measurements at each current density are shown in Figure S4.

Figure 3.5: Comparison of the measured and simulated ∆pHBP M for the three solutions and four flow orien-
tations, at the outflow of the base compartment. For the co-flow and co-recirculation, the “outflow" refers to
z = L, while for the counter-flow and counter-recirculation, outflow is at z = 0. All measurements are done at
compartment residence time tr = 44 s (i.e., flow rate of 30 mlmin−1). Error bars indicate the standard error.
Not indicated error bars are smaller than the symbols. For 0.5 M NaCl, from lowest to highest current density,
∆pH measurements of counter-recirculation and co-recirculation modes fluctuate within ranges of (0.1 - 2.4),
(1.6 - 4), (1.1 - 4.5) for counter-recirculation and (2.7 - 7.7), (2.1 - 6.5), (3.3 - 9.2), for co-recirculation modes,
respectively.

As expected through the simulations, the co-flow mode creates the highest experi-
mentally obtained ∆pH max

BP M while the counter-recirculation generates the smallest one
for all tested solutions (see Figure S4 for grouping per solution). The values for the
counter-flow and co-recirculation orientations are positioned between those of the co-
flow and counter-recirculation.

The data points for co-flow, counter-flow and co-recirculation flow are all very close
to the 1:1 line. An exception is the simulated vs. measured ∆pHBP M for 0.5 M NaCl
counter-recirculation flow. There, at base outflow (z = 0), the simulations predict a zero-
pH difference, while the experiments show a ∆pHBP M at the outflow of 1 - 3 pH units
(depending on current density) as illustrated in Figure 3.5 by the green circles. This is
explained from the sensitivity of unbuffered solutions to pH change around neutral pH.
Although a pH difference of ∼ 3 units might seem significant, around pH = 7, it trans-
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lates into an H+ ion concentration difference of less than 1 µM. Since in the counter-
recirculation mode, the highly acidic stream will come adjacent to a CEM upon recircu-
lation to the base compartment, the H+ ion can exchange with Na+ ion over the CEM due
to its concentration gradient toward the adjacent cell (Figure S9 and S8). A H+ ion trans-
port in the order of 1 - 2% already can shift the output base pH from 7 to 10, justifying the
discrepancy in Figure 3.5- green circles. The unstable base outflow pH measurements for
recirculation flow modes of 0.5 M NaCl (Figure S9 (C-D)) are another sign of such hydro-
gen ions transport taking place, reflected in relatively large error bars for the counter-
and co-recirculation of NaCl (blue and green circles in Figure 3.5).

This discrepancy for counter-recirculation disappears when a buffer is present; the
experimentally obtained ∆pHBP M is (as simulated) very close to zero for the phosphate
buffered solution. For the bicarbonate solution in Figure 3.5, CO2(aq) extraction from
the acidic compartment is done (via a membrane contactor) prior to recirculation to the
base compartment in experiments as well as in simulations. Upon such degassing, the
buffer capacity decreases.

The close agreement between the simulated and experimental values in Figure 3.5
shows that the theoretical framework in Equation 3.3-3.8 is adequate for defining the
pH profile. Furthermore, with most data points so close to the 1:1 diagonal, the actual
BPM-coulombic efficiency is close to 100% (as assumed in the simulations) for our cases,
regardless of the flow orientation. The experiments results, also, confirm that the pH
difference over the BPM is indeed heavily dependent on the flow orientation.

Following the theoretical framework, we expect to see a reversible membrane voltage
that is proportional to the ∆pHBP M . However, the experimentally measured reversible
membrane voltage Vr ev , determined according to the current interrupt method, is not
affected at all by the flow orientation for any of the tested solutions (Figure 3.6 (B)).
In more detail, as the applied current density increases, Vr ev increases but reaches a
plateau (< 0.8 V) already at (or below) 5 mAcm−2, while Vi r r keeps increasing (NaCl ex-
ample in Figure 3.6 (A) and other solutions in Figure S5, S6 and Table S2). Hence, even
though a clear difference in∆pH max

BP M is measured between the cases (Figure 3.5), the re-
versible voltage (Vr ev ) and the irreversible losses (Vi r r ) are virtually independent of the
flow orientation, for all current densities ≥ 5 mAcm−2 and for all solutions (Table S2).
This absence of any impact of the flow orientation on Vr ev is remarkable, because, the-
oretically, when the water dissociation reaction is the dominant, a difference of ∼ 6 pH
units in ∆pH max

BP M should enable a 6×0.059 = 354 mV difference in Vr ev . However, that is
not observed in the experimental results (Figure 3.6 (B)).

Instead, from Figure 3.6 (and Table S2), we see that the experimentally obtained re-
versible voltage (Vr ev ) are:

1. Higher than simulated values (up to six times),

2. Lower than 0.83 V, with values between ca. 0.59 - 0.74 V depending on the applied
current density and feed solution.

The insignificant effect of flow orientation on the reversible voltage implies that, when
the water dissociation reaction in the BPM is at substantial rate (i.e., i ≥ 5 mAcm−2 and
higher), the effect of the solution-pH gradient on BPM-voltage is dwarfed. Furthermore,
because all cases have similar Vr ev values regardless of the difference in solutions and
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flow orientations, the origin of this similarity in Vr ev must come from one thing that is
kept the same among the cases: the bipolar membrane itself.

Since the reversible voltage for extreme pH gradient (14 units) is ca. 0.826 V, and the
obtained voltages are between 0.59 - 0.74 V, there is some pH-jump at the membrane-
electrolyte interface, or there is a pH gradient over the CEL-AEL interface that is smaller
than 14 units. When a pH-jump at the membrane-electrolyte interface would occur,
e.g. a higher proton concentration in the CEL than in the electrolyte facing the CEL, the
Donnan potential at this interface partly counteracts the water dissociation voltage [6].
Keeping the local solution pH near-neutral (e.g. minimizing concentration polarization),
and keeping the CEL-pH low / AEL-pH high, would further exploit this effect. This would
require a bipolar membrane that is prone to internal concentration polarization (e.g.
having very thin layers or high affinity to protons and hydroxides over other ions) and
flow geometries to keep the local pH close to the bulk pH.

Figure 3.6: A) Characteristic current–voltage curves from chronopotentiometry, showing the measured steady
state BPM-voltage vs. the applied current density for the co-flow in 0.5 M NaCl. Vr ev and Vi r r are gathered
from “Switch-off” potential after constant current for 20 min with indicated current densities (Figure S5). Here,
Vi r r include both the BPM and solution resistances. B) The measured reversible voltage for all solutions (at 25
mAcm−2) using flow rate of 30 mlmin−1 (tr = 44s).

The situation of a mild pH gradient over the CEL-AEL interface is more complex. As
for internal properties of the BPM that affect its voltage for WDR, the type and thickness
of the BPM-catalyst layer is reported to be crucial [27–29, 45]. It is shown that the lo-
cal pH in the junction layer of the BPM affects the activity of the catalyst [29], but that,
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unfortunately, the currently developed catalysts are only activated at high (local) pH-
gradient. Furthermore, the internal ion concentration profiles in the BPM layers show
a large gradient (i.e., internal concentration polarization), especially under high applied
current [28].This internal concentration polarization increases the pH gradient at the
BPM catalyst layer and thereby the catalytic WDR, but also increases the thermodynam-
ically required potential to dissociate water. If new catalysts with ability to perform at
close to neutral pH are developed, a decrease in the internal pH-gradient can decrease
the WDR-voltage. In addition, thin catalyst layers (i.e., ∼100 - 200 nm) are expected to
decrease the BPM-voltage under WDR-dominated regime [29].

3.4.4. IRREVERSIBLE LOSSES

The irreversible voltage losses, Vi r r , are compared for all flow orientations and for all
solutions. Also, here, the total Vi r r increases with the applied current density for all so-
lutions (Figure 3.7), but no significant difference is observed in the magnitude of Vi r r

between the different flow orientations (Table S2). The different solutions have, how-
ever, a slight impact on Vi r r , as demonstrated in Figure 3.7.

Figure 3.7 shows that Vi r r increases with the buffering capacity of the solution. The
solution resistivity (Rsol ) is similar for all the tested solutions (ca. 0.95-0.98 Ω, Table
S1 and Equation S1, S2), and it remains unchanged for 2 < pH < 12. Therefore, the
BPM-contribution to the irreversible losses (V BP M

i r r ) can be calculated (Figure 3.7, dashed
lines).

In the BPM, the initial equilibrium resistance (Rmem,i ni in Equation 3.9) is different
than the steady state (i.e., transport-state) resistance (RM in Equation 3.2-Table S3) [44].
Both resistances change with current density, membrane history and electrolyte solu-
tions. In this work, the membrane transport-state resistivity RM is measured to be ca. 13
- 31Ω cm2. RM decreases with current density, while increases with buffer capacity (Fig-
ure S7). The latter is probably because of the lower conductivity of AEL and CEL layers
due to the presence of buffer in them.

At applied current density of 25 mAcm−2, V BP M
i r r contributes to ∼ 37 % (for 0.5 M

NaCl), 39% (for 0.5 M NaCl + 2.5 mM NaHCO3), and 47 % (for 0.45 M NaCl + 50 mM
Na2HPO4) of the total measured irreversible voltage (V tot

i r r ), respectively (Figure 3.7). The
remaining contribution is mainly due to the solution resistivity between the reference
electrodes and the membrane (Equation S1, S2), which unfortunately, even using the
micro-reference electrodes, is rather high compared to the membrane resistivity.

In addition to the higher RM, ηW DR can also play a role in justifying the slightly higher
V BP M

i r r of the phosphate solution compared to 0.5 M NaCl (Equation 3.2). It is recently
shown that ηW DR strongly depends on the local pH in the BPM junction layer (JL) [29],
[41]. The existence of the phosphate buffer inside the BPM layers can change the local
pH at the JL, affecting the WDR catalyst activity compared to the unbuffered 0.5 M NaCl
solution. Unfortunately, the WDR catalyst properties of the used Fumasep BPM are un-
known, and, thus, further investigations on the effect of local pH on activity of the WDR
catalyst is beyond the scope of this work.
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Figure 3.7: The total irreversible voltage (V tot
i r r ) vs. the applied current density (solid lines). Tested solutions

are 0.5 M NaCl (green), 0.5 M NaCl + 2.5 mM NaHCO3 (red), and 0.45 M NaCl + 50 mM Na2HPO4 (black). A cell

residence time of tr = 44s is applied for all cases. By correcting for the solution resistivity (V sol
i r r , between the

two sides of the membrane and the tips of the reference electrodes : Equation S1, S2), values of V BP M
i r r can be

obtained as V tot
i r r ∼V BP M

i r r +V sol
i r r .

3.5. CONCLUSION
In this work, with the aim of decreasing the energy consumption of bipolar membrane
(BPM) based applications, the effect of pH gradient (∆pHBP M ) on the reversible and
irreversible voltage components associated with the BPM is investigated. The pH de-
pendency is studied through an analytical model and is also measured experimentally,
for four flow orientations using buffered and unbuffered electrolytes. First, using the an-
alytical model, the pH profile along the BPM (i.e., in the flow direction) is obtained for
each flow orientation. The simulated results fit the experimentally obtained ∆pHBP M at
the outflow very well. Second, based on the simulated pH profile, for each flow orienta-
tions, the reversible voltage (Vr ev ) is modeled. Surprisingly, except for the co-flow mode,
the experimentally measured Vr ev were higher (up to six times) than what was simu-
lated. The origin of this discrepancy is the difference between the bulk and local pH;
the local pH at the BPM-electrolyte interface and BPM junction layer (JL) determines
the measured Vr ev . However, the (measured) bulk pH is not representative of this local
pH. Our results show that, although changing the flow orientations alters ∆pHBP M , it
does not affect Vr ev , Vi r r , and VBP M . It seems that, when the water dissociation reaction
(WDR) dominates, the membrane internal properties overshadow the effect of the bulk
∆pHBP M . Therefore, to decrease the BPM-voltage (thus its energy consumption) under
WDR regime, focus must be shifted towards tuning the membrane properties (e.g., WDR
catalyst and thickness) rather than the external pH profile along the membrane.
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3.6. SUPPORTING INFORMATION

3.6.1. THE ELECTROCHEMICAL CELL
The following six-compartment cell was used for applying the chronopotentiometry ex-
periments.

Figure S1: Schematic of the six-compartment cell. The compartments volume and configuration plus the
position of the micro-reference electrodes are shown.

The volume of each cell compartment was 1cm
(d) × 2cm

(w) × 11cm
(L) = 22 cm3. For each

experiment, solutions in the following arrangement were used:

• Compartments 1 and 6: Electrode rinsing solution consisting of 0.25 M Na2SO4,
in contact with two in-house made electrodes made of titanium coated with plat-
inum. At the electrodes H2(g) and O2(g) production reaction takes place.

• Compartments 2 and 5: “Separation" compartments, containing the same solu-
tion as compartments 3 and 4, to eliminate the effect of electrode reactions on
BPM-voltage measurements.

• Compartments 3 and 4: The base and acid production compartments, with three
distinct feed solutions of 0.5 M NaCl, 0.5 M NaCl + 2.5 mM NaHCO3 and 0.45 M
NaCl + 50 mM Na2HPO4.

The open circuit voltage (OCV) was not zero, and it was measured to be 109 ± 8 mV. This
is due to the non-ideality of the BPM that allows salt-ions cross over. The values of OCV
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were not dependent on the tested solutions, and has been corrected for, in calculating
Vr ev from Vi r r .

3.6.2. PH-SWEEP USING VISUAL MINTEQ
A pH sweep (-0.25 pH unit in 30 or 35 sweep steps) is applied on three different solu-
tions, while assuming a closed carbonate system for the pH calculations in MINTEQ.
Afterwards, the amount of added H+ (in M) at each pH sweep step is calculated by sub-
tracting the total H+ concentration (i.e., free ions + in the buffer compound) in that step
and the initial H+ concentration of the start solution. Assuming the BPM produces the
same amount of OH- as H+ (in M), the total concentration of H+ for each pH sweep step
in the base compartment is then calculated. Eventually, by running a sweep on the total
concentration of H+ in the base side of BPM, pH of the base side is estimated using Vi-
sual MINTEQ (choosing the option of being calculated from mass balance). In a buffered
solution like 0.45 M NaCl + 50 mM Na2HPO4, the total concentration of H+ must be con-
sidered; this includes the hydrogen atoms that are in a compound. For the phosphate
solution, the following set of equation hold:

Total H+ concentration = free H+ concentration+ (
[HPO 2−

4 ]+2[H2PO −
4 ]+3[H3PO4]

)
Total buffer concentration = [PO 3−

4 ]+ [HPO 2−
4 ]+ [H2PO −

4 ]+ [H3PO4]

[H3PO4] = [H+]3[PO 3−
4 ]

K1K2K3
, [H2PO −

4 ] = [H+]2[PO 3−
4 ]

K2K3
, [HPO 2−

4 ] = [H+][PO 3−
4 ]

K3

Where Ki represent the known equilibrium constants for the phosphate buffer. As an
example, the simulated acidic and basic pH profiles at current density of ∼ 25 mAcm−2

are shown for each flow orientation and solution along the z-axis in Figure S2.

3.6.3. DETERMINING RESISTIVITY

The solution (i.e., electrolyte) concentrations in every compartment were chosen in such
a way to enable same conductivities for all tested solutions (measured with Metrohm
conductometer). The solution resistivity (Rsol in Ω) can be calculated using Equation
S1, based on the conductivity of the solution (σ in Scm−1), the distance filled with the
solution (d in cm), and the compartment (i.e., membrane) area (A in cm2):

Rsol =
1

σ
× d

A
(S1)

Table S1 summarizes the values for solution conductivity and the corresponding Rsol .
When using the Ohm law to define the voltage drop (V in volts) due to the electrolyte, at
current density of i (in mAcm−2), we get:

V sol
i r r = i ARsol (S2)
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Table S1: Summary of the solution resistivity.

Solution
Solution conductivity (Ω cm-1) Ω Ω cm2

Measured values Theoretical values using OLI Studio software Rsol A×Rsol

0.5 M NaCl 0.047 ± 0.001 0.0465 0.98 21.51
0.5 M NaCl + 2.5 mM NaHCO3 0.0455 ± 0.001 0.0466 0.98 21.46
0.5 M NaCl + 50 mM Na2HPO4 0.045 ± 0.001 0.0477 0.95 20.96

Figure S2: The simulated pH profile along the z-axis, for (A) co-flow, (B) counter-flow, and (C) co-recirculation
flow orientations, under assumption of a uniform current density of ∼25 mAcm−2 and flow rate of 30
mlmin−1. Solutions are indicated by (1) solid line : 0.5 M NaCl, (2) dashed line : 0.5 M NaCl + 2.5 mM NaHCO3,
and (3) dotted line : 0.45 M NaCl + 50 mM Na2HPO4. Blue and red indicate the pH-profile in the base and acid
compartments, respectively. The counter-recirculation flow is not shown, but it creates ∆pHBP M = 0 for 0 ≤ z
≤ L.
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3.6.4. DETERMINING THE BPM-LIMITING CURRENT DENSITY

Figure S3: Chronopotentiometry experiments using setup in Figure S1 (using 30 mlmin−1 flow rate). (A) the
current is increased stepwise while BPM-voltage is measured using micro-reference electrodes. (B) the BPM
current-voltage curve for each solution, to identify the limiting current density.

To determine the region where the water dissociation reaction (WDR) is dominant over
the salt ion crossover in the BPM (i.e., where Equation 3.1 is valid), the limiting current
density of the BPM in all three solutions was measured prior to the experiments through
short chronopotentiometry experiment (Figure S3). The constant current period was
200 s, followed with 400 s intervals of zero current in between. The shape of the voltage
graph in Figure S3 (A) and the vertical jump in Figure S3 (B) at i = 2.5 mAcm−2, mark the
limiting current density and the start of dominant WDR region.

3.6.5. EXPERIMENTALLY MEASURED PH-GRADIENT AND VOLTAGES

The maximum of the ∆pH BP M
z=0 and ∆pH BP M

z=L is chosen and shown at each current den-
sity in Figure S4. Note that, for the counter-flow, particularly for unbuffered solutions,
∆pH max

BP M can take place inside of the cell at e.g., z ∼ 0.5L (Figure S2). This means that
values reported for the counter-flow (red line) in Figure S4 (A, B), are underestimated by
3 – 4 pH units, depending on the current density. The real values lie closer to the co-flow
(black line). Unfortunately, in our work, due to the large size of the pH sensors, in-situ
pH measurements at z ∼ 0.5L (or any other 0 < z < L) were not possible.
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Figure S4: The experimentally measured∆pHmax
BP M vs. the applied current densities. In all experiments, tr = 44

s (i.e., flow rate of 30 mAcm−2) is used.
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3.6.6. EXPERIMENTALLY MEASURED VOLTAGES

Figure S5: Chronopotentiometric curves for A) 0.5 M NaCl and B) 0.45 M NaCl + 50 mM Na2HPO4 solutions.
The applied current density increases from left to right as shown. All experiments have been done using 30
mlmin−1 flow rate. The curves for the bicarbonate solution are not shown but the values are reported in Table
S2. The expected Open circuit voltage (OCV) is zero, but due to the offset of the micro-reference electrodes,
values around -100 mV are measured in all the tested cases. When obtaining the reversible and irreversible
voltage, the values are corrected for the OCV, as shown in red and blue braces.

The experimental reversible and irreversible voltages are read from current interrupt
curves (Figure S5). No significant difference was observed in the magnitude of Vr ev and
Vi r r between the different flow orientations and solutions (Figure S3 and Table S2).
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Table S2: Experimental values of the measured reversible and irreversible voltage in volts vs. applied current
densities (i ) for a flow rate of 30 mlmin−1 (tr = 44s) for co flow (1), counter flow (2), co-recirculation (3) and
counter-recirculation (4), respectively.

Voltages i 0.5 M NaCl 0.5 M NaCl + 2.5 mM NaHCO3 0.5 M NaCl + 50 mM Na2HPO4
[V] (mAcm−2) Co Counter Co-re Counter-re Co Counter Co-re Counter-re Co Counter Co-re Counter-re

Vi r r

0 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
5 0.224 0.222 0.211 0.212 0.234 0.236 0.234 0.247 0.263 0.260 0.261 0.250

12.5 0.464 0.464 0.472 0.466 0.485 0.491 0.472 0.473 0.539 0.538 0.533 0.532
25 0.862 0.866 0.851 0.854 0.889 0.919 0.880 0.843 0.985 0.997 0.987 0.980

Vr ev

0 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
5 0.656 0.658 0.678 0.677 0.636 0.636 0.644 0.616 0.597 0.590 0.593 0.617

12.5 0.723 0.724 0.723 0.726 0.701 0.701 0.719 0.709 0.685 0.685 0.683 0.685
25 0.735 0.737 0.738 0.739 0.720 0.730 0.742 0.740 0.708 0.721 0.716 0.718

Figure S6: The measured steady state VBP M vs. the applied current density for the co-flow in the three tested
solutions, using flow rate of 30 mlmin−1 (tr = 44s).
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Table S3: The total BPM membrane layers ohmic resistance in the steady-state calculated through Equation S3
and depicted in Figure S7.

Ω cm2 i in mAcm−2 0.5 M NaCl 0.5M NaCl+2.5mM NaHCO3 0.45M NaCl+ 50 mM Na2HPO4

Rm = Rl ayer s,st at

0 0 0 0
0.005 21.9 26.1 30.7

0.0125 15.8 17 21.9
0.025 12.8 13.8 18.5

3.6.7. DETERMINING THE BPM MEMBRANE LAYERS OHMIC RESISTANCE

Figure S7: The total BPM membrane layers ohmic resistance in the steady state (i.e., transport state) for 0.5 M
NaCl (green), 0.5 M NaCl + 2.5 mM NaHCO3 (red), and 0.45 M NaCl + 50 mM Na2HPO4 (black).

To obtain the total BPM membrane layers ohmic resistance in the steady state, Equation
S3 can be used. The values for V tot

i r r and A ×Rsol are shown in Table S2 and Table S1,
respectively:

Rl ayer s,st at =
V tot

i r r

i
− A×Rsol (S3)

3.6.8. EXPERIMENTALLY MEASURED PH FOR THE SODIUM CHLORIDE CASE

The experimentally measured pH for the sodium chloride case (0.5 M NaCl) are shown
in Figure S9 while the (possible) proton leakage as explained in the chapter is depicted
in Figure S8.
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Figure S8: In the six-compartment cell, the acid recirculation creates a high H+ ions concentration gradient
over the highlighted CEM. The subsequent H+ ion diffusion away from the base compartment (balanced out
by Na+ ions migration) plus the original OH – ion production via the BPM, creates an alkaline outflow-pH in
the base compartment, instead of the expected (neutral) pH.
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Figure S9: The measured pH values versus time for the 0.5 M NaCl solution, under applied current density of
25 mAcm−2. For the recirculation modes, the Base-outflow-pH did not stabilize during the experiments, due
to proton transport away from the base compartment. However, same as all the other cases, the average of
data over the last 5 minutes of the constant current interval (i.e., 1100 -1400 s), is used for defining this pH.
Constant current is applied for 20 min, between Time 200 – 1400 s, as shown with dashed vertical black lines.
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Bipolar membrane electrodialysis (BPMED) can provide a sustainable route to capture
the oceanic-dissolved inorganic carbon (DIC) using an electrochemical pH-swing concept.
Previous works demonstrated how gaseous CO2 (through acidification) can be obtained
from ocean water, and how carbonate minerals can be provided via ex-situ alkalinization.
In this work, we present, for the first time, the in-situ mineralization via the alkalinization
route using both real and synthetic seawater. An in-situ pH-swing can be applied inside
of the BPMED cell to allow reducing the energy consumption of the oceanic-DIC capture.
We demonstrate that, by accurately controlling the applied current density and cell resi-
dence time, the energy required for the process can be indeed lowered through facilitating
an optimized pH in the cell (i.e., base-pH 9.6 - 10). Within this alkaline pH-window, we
can capture between 60% (for real seawater) up to 85% (for synthetic seawater) of the DIC
from the feed together with minor Mg(OH)2 precipitates. The maximum theoretical ex-
traction of CaCO3 is 97 %, below which the production increases linearly with the applied
current density (and pH). The CaCO3(s) production-current density proportionality is de-
pendent on the cell design, while the energy consumption is dominated by the ohmic losses
and BPM-overpotential. Through tuning the current density and flow rate, we obtained
an energy consumption by applying a mild in-situ pH-swing of ca. pH 3.2 - 9.8 (for real
seawater). As a result, Aragonite was extracted by using of 318 ± 29 kJmol-1 CaCO3(s) (i.e.,
ca. 0.88 kWhkg−1 CaCO3) from real seawater in a cell containing ten bipolar - cation
exchange membrane cell pairs, which is less than half of the previously lowest energy con-
sumption for carbonate mineralization from (synthetic) seawater.
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4.1. INTRODUCTION

The damaging impacts of CO2 on the climate encourages emission control and carbon
capture to reduce the carbon footprint of all sectors [2]. In addition to capture from
source points, CO2(g) can be captured from its sinks including the atmosphere [3, 4],
and ocean [5, 6], effectively addressing decentralized emissions. To ensure the carbon
neutrality, this CO2 capture should be able to be driven by renewable energy, which is
most abundantly available as electricity. Thankfully, electrochemical methods can be
used to achieve a circular carbon economy using (renewable) electricity [7] with no or
minimal chemicals and at ambient temperature and pressure, as opposed to the conven-
tional heat-driven CO2 capture e.g., amine-based absorption or calcium looping. Elec-
trochemical capture can be done via e.g., organic redox [8], pH-swing (via a e.g., bipo-
lar membrane electrodialysis, electrolysis, capacitive deionization, H+ (de)intercalation,
and proton-coupled electron transfer (PCET) of organic molecules), high-temperature
molten carbonate cells, and hybrid methods (including electrochemical CO2 capture
and conversion combinations and battery systems) [7].

In particular, electrochemical cells containing a bipolar membrane (BPM) has shown
promise for CO2 capture, thanks to their simplicity to make acids and bases for releasing
inorganic carbon from the water, their small footprint, and facile upscaling [7]. The bipo-
lar membrane generates acidic and alkaline pH on its sides (i.e., pH-swing), through the
water dissociation reaction (WDR) upon application of an electrical field in the reverse
bias mode [9]. This pH-swing leverages the carbonate equilibrium, making it suitable
for direct air capture (DAC), oceanic capture, and even flue gas capture [7, 10]. Upon the
pH-swing, the dissolved CO2 in an aqueous solution can be captured in its gaseous form
(at acidic pH) or as mineral carbonate (at alkaline pH) [5, 7].

Approximately 23 % of the global CO2 emission ends up in the ocean [7], making
oceanic CO2 capture advantageous as it eliminates the use of any additional aqueous ab-
sorbent (e.g., alkaline and amines in direct air capture) by leveraging the vast atmosphere-
ocean contact area. Extracting 1 Gton-CO2 per year (∼ 2.7 % of the total global CO2 emis-
sion) from the ocean surface layer (i.e., the upper 50 m) requires processing only a frac-
tion of 0.0005 of this layer volume [5]. Furthermore, ocean decarbonization combined
with desalination plants (e.g., reverse osmosis), as a pre-treatment step, can potentially
decrease the chance of carbonate scaling in the plant by reducing the DIC concentration
below calcium carbonate solubility product.

The product of oceanic capture can be CO2(g) or solid carbonate minerals, depend-
ing on the operating pH [9]. Extracting CO2 in the gaseous form (from the acidic stream,
Figure 4.1) has been demonstrated [5, 11], but requires the use of additional gas-liquid
membrane contactors for CO2(aq) to CO2(g) exchange. Additionally, purification of the
produced CO2(g) is required before it can be considered as feedstock [6], while the chal-
lenges concerning gas transportation and storage arise, accordingly.
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Figure 4.1: Concept of CO2 capture from the ocean water via electrochemical pH-swing. A) CO2 release using
an acid route. B) CO2 mineralization using alkalinization route.

On the other hand, for extraction of solid carbonate minerals via alkalinization of
ocean water, no membrane contractors are required (Figure 4.1 (B)). Although the acid-
route is more straightforward as negative emission technology (using the alkaline prod-
uct to allow capturing CO2 from the atmosphere again), the "alkalinization-route" could
act also as circular oceanic CO2 capture technology when the acid is used for other pur-
poses. Possible combinations are using the slightly acidic stream for desalination (where
the acidification prevents scaling [12]) or concentrating the acid further for industrial
purposes. Returning only the alkaline, decarbonized stream, which has a pH between 9
and 10, brings net alkalinization to the ocean and allows further extraction of CO2 from
the atmosphere. A potential advantage of this "alkalinization-route" is that calcium car-
bonate is easy to transport, use, and store, and has a global market size of ∼ 116 mil-
lion ton CaCO3 (i.e., ∼ USD 43 billion in 2020, with annual growth rate of ∼ 2.8 % [13]).
Calcium carbonate applications include the paper industry (> 50 % of the market [13],
where it is used as filler), coating, plastics, paints, adhesive/sealants, rubber, cement and
construction materials [14–16].

BPMED based oceanic-CO2 capture through the alkalinization-route has been per-
formed ex-situ using synthetic seawater, where concentrated NaOH is first produced
(from pure NaCl in BPMED) and then is gradually added to external storage tanks con-
taining seawater, enabling the desired alkaline pH for carbonate mineralization [5]. Al-
ternatively, during an in-situ process, seawater is pumped directly into the electrochem-
ical cell [17]. The in-situ capture can eliminate the step of NaCl purification from the
seawater, and avoids the necessity of making highly concentrated acid and base (i.e.,
large pH-swing), making the process more energy effective [18]. In fact, a mild pH-swing
in the range of ∼ pH 4 - 10 is adequate for CO2 capture [19]. In addition, such mild pH-
swing can preserve the lifetime and permselectivity of charged membranes better than
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a harsher pH-swing. However, although an in-situ process might require less energy, it
increases the chance of fouling within the cell.

In this work, we study the feasibility of the in-situ bipolar membrane electrodialysis
(BPMED) for capturing oceanic-dissolved inorganic carbon (DIC) as carbonate miner-
als via alkalinization route. Special attention is given to minimizing the electrical energy
consumption of the process. First, the thermodynamic optimum alkaline pH-window
for the capture and the minimum electrical energy required for the pH-swing is simu-
lated using Visual MINTEQ 3.1. Subsequently, using a six-compartment cell with a single
BPM, the effect of the (local) pH on the carbonate mineralization and membrane foul-
ing is demonstrated. We perform experiments using both synthetic seawater and real
seawater (from Wadden Sea in the Netherlands). Finally, we validated the concept in an
upscaled BPMED cell, containing 10 bipolar - cation exchange membrane (BPM-CEM)
cell pairs, providing insight towards industrialization of the carbon capture from seawa-
ter via mineralization.

4.2. THEORY

4.2.1. EFFECT OF PH-SWING ON THE CARBONATE EQUILIBRIUM
The atmospheric CO2(g) is in equilibrium with the dissolved inorganic carbon (DIC)
species in the ocean [20–24].Oceanic-DIC has a concentration of ∼ 2.3 - 2.5 mmolL−1,
and includes CO2(aq)/ H2CO3, HCO3

-, and CO3
2- containing species [20]. At the typical

surface seawater of pH ∼ 8.2, these species contributions are 0.5 %, 89 %, and 10.5 %, re-
spectively. Furthermore, calcium (and magnesium) ions are abundant in the ocean with
concentrations ∼ 4× (and ∼ 20×) higher than that of DIC, respectively [24]. Upon ocean
alkalinization, the carbonate equilibrium shifts from the bicarbonate to carbonate ion
[24, 25]:

CO2(aq)+OH−(aq) ↔ HCO −
3 (aq) (4.1)

HCO −
3 (aq)+OH−(aq) ↔ H2O+CO 2−

3 (aq) (4.2)

Ca2+(aq)+CO 2−
3 (aq) ↔ CaCO3(s) (4.3)

Theoretically, more than 97 % of the DIC can be extracted in the form of ∼ 2.13 mM
CO2 (g) when bringing the seawater pH to 4.5, or in the form of ∼ 2.13 mM CaCO3(s) at
a pH of ∼ 10.0 (Table S1-S3). Upon CO 2 –

3 consumption in Equation 4.3, HCO –
3 will be

dissociated to restore the equilibrium in Equation 4.2, accompanied by the consumption
of OH- ions, that in turn, decreases the solution pH.

The kinetics of above set of reactions are affected by the pH, temperature, and pres-
sure [20]. In a well-mixed system with low mass transport resistances (at 25 oC, 1 atm,
and pH 6), the carbonate-mineral precipitation step (Equation 4.3) is the rate limiting
step (with a time scale of 103 s, which is much slower than Equation 4.1 and 4.2 [18, 26]).

Calcium carbonate (CaCO3) precipitates in three anhydrous polymorphs including,
in the order of thermodynamic stability, calcite (rhombohedral) > aragonite (orthorhom-
bic) > vaterite (hexagonal) [25], [26], in addition to its hydrated form. The thermodynam-
ically favorable state is indicated by the saturation index (see Equation S2); a positive sat-
uration index allows precipitation [27], [28].Figure 4.2 maps the saturation index for the
pH of typical seawater composition. To selectively precipitate carbonate minerals but
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avoid hydroxides precipitation (especially brucite Mg(OH)2 that can precipitate with a
much faster rate than CaCO3), a base-pH < 10 should be maintained. On the other hand,
within the pH range of 9.3 - 10, since the saturation index of CaCO3 polymorphs still in-
creases slightly with pH (Figure 4.2, black curves), the higher limit (i.e., pH 9.6 - 10) is
more desired, and is therefore chosen in this work as the optimum alkaline-pH window.
See the supporting information 4.6 for more details on the precipitation prediction.

Figure 4.2: The saturation index (SI) of all thermodynamically possible minerals in synthetic seawater vs. the
base-pH, determined by Visual MINTEQ at 25, based on the synthetic seawater compositions (Table 4.1) and
assuming a closed system with no precipitation allowed during the pH-sweep. Minerals containing hydroxide
ion (red), calcium carbonate (black), and magnesium carbonate (blue) are shown. Dolomite CaMg(CO3)2 [29]
and Huntite Mg3Ca(CO3)4 [30] are excluded from the graph due to their extremely slow kinetics at ambient
temperature and pressure (in absence of any microbial activities). Calcium hydroxide Ca(OH)2 does not occur
as it stays under saturated in the demonstrated pH range < 12 [31].

4.2.2. BPM-INDUCED PH-SWING
The alkaline pH is the key parameter for facilitating the oceanic CO2 capture through
carbonate mineralization; a high pH increases the concentration of CO3

2- ion (among
other DIC forms), the CaCO3 saturation index and kinetics of Equation 4.1-4.3. Using a
bipolar membrane, the total concentration of the produced OH- ions in the base com-
partment (determining pHB ase ), assuming a Coulombic efficiency of 100 % and ideally
selective membranes can be calculated via [32]:[

OH−
pr oduced

]
=

[
H+

pr oduced

]
= (i − ilim)

F

(
tr

d

)
(4.4)
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Table 4.1: Ion composition of the synthetic seawater as used in simulations and experiments. See the support-
ing information 4.6 for the underlying calculations (Table S4, S5). The simulated feed pH is 8.104 (for a closed
system).

Ion mol/L Ion mol/L
Chloride (Cl – ) 0.5363 Calcium (Ca2+) 0.0102
Sodium (Na+) 0.4593 Magnesium (Mg2+) 0.0521
Sulphate (SO 2 –

4 ) 0.0275 DIC 0.00215
Potassium (K+) 0.0097 Proton (H+) 0.002

Where [OH-] is the hydroxide ion concentration (molm−3), tr the cell residence time (s),
d the cell compartment thickness (m), i the applied electrical current density (Am−2),
ilim the BPM-limiting current density (Am−2), and F the Faraday constant 96485 (Cmol−1).
The term tr

d is interchangeable with Am
q , with Am the membrane active area (m2) and q

the flow rate (m3 s-1) [32].

For current densities lower than the limiting current density ilim, the water disso-
ciation reaction (WDR) in the bipolar membrane is not dominant yet, decreasing the
Coulombic efficiency of the process due to the salt ion crossover through the BPM [9],
[33]. In other words, due to the non-ideal selectivity of the BPM and slow WDR kinetics
at the low current density regime, the ion crossover dominates the water dissociation at
low current densities [33]. For simplicity, we assume that the first (∼ ilim) part of the ap-
plied current (< ilim) is not contributing to a pH-swing. By manufacturing BPM with high
selectivity (to decrease the salt ions crossover), and high WDR-catalysts activity (i.e., fast
WDR kinetics) one can reduce the limiting current density [34].

To remove carbonate ions efficiently, the produced OH- ions (Equation 4.4) must
only be used to convert the bicarbonate ions in the seawater feed stream to CO3

2- ions
rather than forming hydroxide precipitates. Therefore, the process parameters e.g., the
current density and cell residence time must be carefully tuned in such a way that the
precipitation of hydroxide minerals, e.g., Ca(OH)2 and Mg(OH)2, are avoided.

4.3. EXPERIMENTAL SECTION

4.3.1. REAGENTS AND MATERIALS

Synthetic seawater was made with ionic compositions shown in Table 4.1. For simplic-
ity, minor present ions such as strontium (Sr2+) and bromide (Br-) were excluded from
the synthetic seawater mix, while the difference in the total salinity was made up for
by adding NaCl salt instead. All reagents were of analytical grade acquired from VWR
or Sigma Aldrich. During the experiments, all solutions were kept at ambient tempera-
ture of 23◦C ± 2◦C. To avoid pre-precipitation (of e.g., CaCO3), two separate feed tanks
were used with their content mixed using T-connections right before entering the elec-
trochemical cell, and not any sooner. Feed tank 1 contain ∼ 47 gL−1 NaCl, 0.385 gL−1

NaHCO3, 1.45 gL−1 KCl, and 7.8 gL−1 Na2SO4 salt while feed tank 2 contain 3 gL−1

CaCl2 ·2H2O plus 21.2 gL−1 MgCl2 ·6H2O. When each feed tank reaches equilibrium
with the atmospheric CO2 (420 ppm) and upon mixing the two feed streams, the corre-
sponding synthetic seawater ion concentrations, which is also the starting point for all
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Table 4.2: Summary of the properties of electrochemical cells used in this work.

Stack Am [cm2] Compartment volume [cm3]
Figure 4.3 (A) 22 11×2×1 = 22
Figure 4.3 (B) 11 10×10×0.04 = 4

simulations, will become as shown in Table 4.1 (see Visual MINTEQ calculations pro-
cedure in Table S4, S5). Note that, upon equilibration with the atmospheric CO2, part
of the initially added DIC (in the form of sodium bicarbonate salt) leaves the solution
as CO2(g), increasing the feed pH and lowering the remaining net DIC-concentration
to ∼ 2.15 mM (instead of initially added 2.3 mM). Since adding more NaHCO3 in tank
1 (to make up for the lost DIC to the air) would come with the cost of a higher CaCO3

pre-precipitation when tank 1 and tank 2 are mixed, it is avoided in our work.
Similar to the synthetic seawater, the real seawater is supersaturated with respect to

calcite and aragonite even before entering the BPMED cell, with thermodynamic calcu-
lations predicting a subsequent aragonite precipitation [35]. However, in real seawater,
as opposed to the synthetic seawater, due to the presence of soluble organic matter inter-
acting onto surface of crystals such inorganic precipitation is limited and almost absent
[36], [37].

In this work, in addition to the synthetic seawater, experiments using real seawater
from the Wadden Sea, pre-treated with a 10µm filter, was also conducted. In comparison
with the synthetic seawater, the real seawater had a lower conductivity (35 mScm-1 vs.
50 mScm-1), but a higher initial DIC-concentration (2.7 mM vs. 2.1 mM), see Table S7 for
full ion composition.

4.3.2. EXPERIMENTAL SETUP
Two different electrochemical cells were used, Table 4.2 and Figure 4.3:

• (A) a six-compartment cell with a (single) BPM, with d = 1 cm thick compartment
and no spacers between the membranes for In-situ observation of the electro-
chemical mineralization, plus BPM fouling studies.

• (B) an up-scaled BPMED cell containing 10 BPM-CEM cell pairs (REDstack B.V.),
with integrated gasket mesh spacers of 400 ± 5 µm (AquaBattery B.V.) in between
the membranes for energy consumption measurement.

All solutions were pumped through the stack by peristaltic pumps (Cole-Parmer, Mas-
terflex L/S Digital drive, USA), through 6.0 mm PTFE tubing (EmTechnik). The pH of
the feed and outflow streams of the BPMED cell were measured every 2 s, using Or-
bisit CPS11D-7BA21 pH probes connected to a Liquiline CM444 digital multiparameter
transmitter, both from EndressHauser, with an accuracy of ± 0.2 pH-units. All mem-
branes used in the BPMED cells were provided by FuMATech B.V. The FBM-130, FKB-
PK-130 and FAB-PK-130 were used as bipolar membranes (BPM), cation exchange mem-
branes (CEM) and anion exchange membranes (AEM), respectively. Electrodes of tita-
nium mesh coated with platinum, provided by MAGNETO Special Anodes B.V. were used
in both cells.
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Figure 4.3: Graphical representation of the (A) six-compartment BPM cell demonstrating the compartment
numbers, and (B) the BPM-CEM stacked upscaled cell (with 10 cell pairs) with the integrated 400 µm gasket-
mesh spacer and blue cell-unit shown. Feed tank 2 contains CaCl2 and MgCl2 and Feed tank 1 contains re-
maining salts from Table 4.1. ERS is the electrode rinsing solution. For the tests with the real seawater, tanks 1
and 2 were replaced with a single seawater feed tank accompanied with 10 µm filter. In (B), a shielding AEM is
used next to the anode, to avoid Fe(OH)2 precipitation.
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4.3.3. EXPERIMENTAL PROCEDURE

The experiments were conducted under ambient temperature and pressure, in a one-
way single pass continuous mode. To determine the required optimum alkaline-pH, five
constant current densities of 10, 20, 30, 40 and 50 mAcm−2 were applied for 15 minutes
to the thick six-compartment cell with a (single) BPM (Figure 4.3 (A)). A constant flow
rate of 120 mlmin−1 (i.e., tr = 11 s) was applied for those cases. After observing the in-
situ mineralization in the short experiments, longer experiments of 120 min were con-
ducted at i = 10 and 40 mAcm−2 to determine membrane fouling and energy consump-
tion of the process. For those samples, the BPM was prepared (see Membrane fouling
and crystal analysis) for the Scanning Electron Microscopy (SEM) coupled with energy
dispersive X-ray spectroscopy (EDS) (JEOL-6480LV, JEOL Ltd., Japan) analysis.

In the thin upscaled BPM-CEM stack (Figure 4.3 (B)), constant current density of 5
mAcm−2 and a liquid flow rate of 68 mlmin−1 per compartment (i.e., tr = 3.53 s) were
applied for 30 minutes. This combination of the current density and flow rate in the up-
scaled stack was chosen based on the earlier results obtained from the six-compartment
cell with a (single) BPM.

After each experiment, the stack was rinsed thoroughly with 1mM HCl solution fol-
lowed by demineralized water to remove any fouling. Each experiment was performed
at least three times.

4.3.4. PRECIPITATION COLLECTION INCL. SEEDING

Seed addition enhances the kinetics of carbonate crystallization [28, 38]. In the six-
compartment cell with a (single) BPM, when the pH in the acid compartment was sta-
ble, ca. 200 mL sample was taken directly from the output of the base compartment.
This content was divided over three bottles (50 mL each): where in one, 0.5 g solid cal-
cite seeds (AquaMinerals B.V., particle size of 0.2 - 0.4 µm) where added (resulting in 10
gL−1), one where 0.5 g solid lime pellets (AquaMinerals B.V., particle size ≤ 3 mm) where
added (i.e., to get 10 gL−1) and the last one with no seeding. The bottles were closed
to avoid contact with the atmospheric CO2 and left undisturbed for at least 72 hours.
In the upscaled cell, the total produced base-volume was gathered in storage tank, left
undisturbed for ≥ 72 h.

4.3.5. MEMBRANE FOULING AND CRYSTAL ANALYSIS

In the six-compartment cell with a (single) BPM, after applying current densities of 10
and 40 mAcm−2, the AEL surface of the BPM was analyzed by the Scanning Electron Mi-
croscopy (SEM) coupled with energy dispersive X-ray spectroscopy (EDS) (JEOL-6480LV,
JEOL Ltd., Japan) to determine the fouling of the membrane. After disassembling the
cell, the BPM was washed with demineralized water and left at ambient temperature to
be dried before SEM/EDS analysis. The samples were coated with gold using a JEOL
JFC-1200 Fine coater at 10 Pa for 30 s.

The solid precipitate within the "alkaline gathering tanks" (obtained after carefully
decanting the liquid and air-dried) were scraped on a microscope slide glass for Raman
spectroscopy analysis. Raman spectroscopy (Horiba Jobin-Yvon LabRAM HR) was done
using 532.13 nm laser within 10-100 s time spots.
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4.3.6. DATA ANALYSIS

DIC, CALCIUM AND MAGNESIUM REMOVAL RATES

The DIC concentration of the feed and alkaline streams were determined via titration
with 0.1 M HCl (see Figure S1 and Table S8). However, this method is sensitive to at-
mospheric CO2, meaning that the DIC concentration can be slightly over- or underes-
timated depending on the sample pH. Therefore, in addition to the DIC removal, Ca2+

and Mg2+ ions removal was also measured, using Inductively Coupled Plasma (ICP). For
both analyses, the liquid samples were first filtered through a MF-MilliporeT M Filter with
a pore size of 0.22 µm to remove any formed minerals.

ENERGY CONSUMPTION

The total electrical energy consumption E kJmol−1DIC required for the in-situ mineral-
ization is:

E =
∫ tend

t0
U I d t

mD IC
≈ U I∆t

q∆tRD IC [D ICi ]
(4.5)

Where I is the applied current density (A), U the total cell voltage (V), and ∆t = tend - t0

the experiment duration (s). mD IC is the extracted carbonate mineral (mol) that is cal-
culated using q the total liquid flow rate considering all base compartments Ls−1, [D ICi ]
the initial dissolved inorganic carbon concentration in the feed (molL−1), and RD IC the
DIC removal (%) measured via acid titration with RD IC [%] = [D ICi ]−[D ICe ]

[D ICi ] ), and [D ICe ]

(molL−1) the remaining end DIC concentration after precipitation (> 72 h). The simpli-
fication of the integration in left-hand side of Equation 4.5 is possible when a constant
voltage, current, flow rate and RD IC is assumed throughout the whole duration of the
experiment.

4.4. RESULTS AND DISCUSSION

4.4.1. EFFECT OF THE CURRENT DENSITY AND PH
To validate the pH range that is most effective for carbonate precipitate removal, we
demonstrate the effect of applied current density, while keeping the residence time (tr )
constant, using the six compartment cell with a single BPM. Figure 4.2 compares the
experimental and simulated values. The simulation assumptions and procedures are
shown in the supporting information (Table S9).

The experimentally obtained acid-pH agrees well with the simulated-pH line without
CO2(g) extraction (Figure 4.4 (A)-red circles and red lines), supporting our assumption
of a high Coulombic efficiency of the bipolar membrane at the tested current densities;
when using Equation 4.4, if the Coulombic efficiency is low, the amount of the produced
acid will be less than expected, which is not the case here. Similarly, the experimental
feed-pH is constant at pH 7.9 and in close agreement with simulations which was pH 7.7
- 8.1 (Figure 4.4 (A)-grey line). The acid data point at 20 mAcm−2 also demonstrates that
the experiments are better predicted by the solid line (representing no in-situ CO2(g)
extraction) than by the dashed curve (simulation where CO2(g) is extracted during the
BPMED process) in Figure 4.4 (A). This corresponds to our approach in this work, where
no attempt for gaseous CO2(g) extraction is taken (and no spontaneous CO2 gas bubbles
are extracted in-situ).
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The experimental base-pH are 1.2 - 1.4 pH-units lower than that simulated with-
out considering any DIC-extraction (Figure 4.4 (A)-blue bullets vs. lines). However, for
the base compartment, the simulation when including in-situ precipitation (dotted blue
lines in Figure 4.4 (A)) is close to the experimental value. This can also be expected from
theory: while the acid compartment does not exceed the solubility of CO2 in seawater
surface (33 mM at 3.5 % salinity, 1 atm and 20 oC) [39], the solubility of carbonate CO3

2-

is far exceeded (i.e., more than 47 times of 2.15 mM) in the base stream, which causes
in-situ mineral formation. The carbonate solubility in seawater is ca. 0.0451 mM, calcu-
lated assuming seawater-K C aCO3

sp = 4.39 × 10-7 (mol per kg SW)2 at salinity of 3.5 % at 1

atm, 25 oC [40], and Ca2+ concentration based on Table 4.1.

Figure 4.4: Comparison of the simulated (lines) and experimentally obtained values (bullets) at each applied
current density in the six-compartment cell with a (single) BPM, averaged over the experiment duration and
(four) repetitions (for simulation data see Table S9). In (A) Dashed lines show the (simulated) pH-change after
DIC-extraction as CO2(g) (red) and CaCO3(s) (blue). Error bars show the margin between the minimum and
maximum experimental data points to include all data. The error bars that are not shown are smaller than
the data points. For all cases, flow rate q = 120 mlmin−1, resulting in a cell residence time and flow velocity
of tr = 11s and v = 1 cms−1 is assumed (which is calculated excluding the effect of spacer-netting porosity
ε= 0.48 in tr and v , see Chapter 5). (A) outflow-pH and feed-pH from the cell vs. the applied current density,
(B) species removal at each applied current density where the single measured DIC-removal point is shown
(blue bullet) as an indication.

Even after correcting for the effect of precipitation on the base-pH, a small difference
of ≤ 0.5 pH-unit exists between the measured and calculated values at current densities
≤ 30 mAcm−2. The origin of this remaining 0.5 pH-unit difference can be because of
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the local spots of high carbonate or OH- concentrations within the cell. Although in the
simulations a uniform pH and ions distribution are assumed, the OH- ion concentration
is higher next to the BPM surface than the bulk. As a result of this locally high con-
centration spots, if the produced OH- ions partly precipitate at Mg(OH)2, the end-pH
lowers. Subsequently, such precipitation increases the resulted Mg2+ ions removal while
decreasing the Ca2+ removal compared to the simulations. This is also confirmed from
the ion removal analysis (Figure 4.4 (B)), which shows more Mg2+ and less Ca2+ removal
(in the experiments) compared to simulations at i ≤ 30 mAcm−2. Improving the mixing
inside of the cell, using e.g., mesh spacers enhance the uniformity of ionic distributions.

Theoretically, for i ≥ 20 mAcm−2, ≥ 94 % of the DIC can be extracted as CaCO3 (Fig-
ure 4.4 (B) and Table S9). Similarly, if we calculate the DIC extraction from the experi-
mentally measured Ca2+ ion removal at i = 40 mAcm−2 (i.e., removal of 2.079 mM Ca2+

ion), assuming all Ca2+ is removed as CaCO3(s), ca. 97 % of the DIC is extracted. How-
ever, at i = 40 mAcm−2, the extracted DIC is measured to be between 74 - 81 % through
HCl titration (Figure 4.4 (B)-blue circle). Such deviation is partly due to the inaccuracy
of the titration method to determine the DIC concentration (hence, we deem estimation
via Ca2+ and Mg2+ removal by ICP more accurate than direct DIC removal measurement
through HCL titration), and partly due to the side-precipitations taking place due to a
non-uniform ionic distribution, as explained above.

4.4.2. TOWARDS INDUSTRIAL SCALES: DECREASING THE ENERGY CONSUMP-
TION

To decrease the process electrical energy consumption, the total cell voltage must be
reduced while the CaCO3 production is unchanged/ improved. Furthermore, for min-
eralization, the optimum base-pH must be facilitated by accurate controlling the ap-
plied current density and flow rate (Equation 4.4). Prior to the upscaling, the theoreti-
cal relation between CaCO3 production rate (i.e., extracted CaCO3 in kg h-1 m-2 which
is normalized for the membrane area) and applied current density was studied for the
BPM-CEM cell to find the optimum combination that provide the lowest electrical en-
ergy consumption (Figure 4.5). The calculation model is given in the supporting infor-
mation (4.6, see Equation S4-S7). For estimating the thermodynamic energy required
in BPMED based capture, the voltage of the bipolar membrane (VBP M ) is calculated via
Nernstian voltage of 0.059∆pH [41].
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Figure 4.5: Relation between the applied current density vs. (A) electrical energy consumption and (B) calcium
carbonate normalized production rate. Simulations are done assuming a 10×10 cm2 BPM-CEM cell containing
10 cell pairs and base-pH 10.0 (i.e., produced OH – ions of 0.0023 M, see Table S1). The value of the thermody-
namic limit is obtained using the Nernstian membrane voltage for required ∆pH = 5.5; see Equation S4.

Figure 4.5 (B) shows that at a fixed base pH 10.0, the CaCO3 production increases
with the current density. Given the limited DIC, a maximum of ca. 2.078 mM CaCO3

(= 208 mg per L) is extractable from seawater. Therefore, the increase in the production
is merely the result of a higher flow rate (i.e., lower cell residence time) at higher cur-
rent densities; to maintain a constant base-pH (in this case, pH 10.0), a linear relation
between the current density and flow rate exists (Equation 4.4). However, the electrical
energy consumption also increases upon increasing the current density due to ohmic
losses of ∆V = IR (Figure 4.5 (A)-blue line).

The thermodynamic electrical energy consumption for CaCO3 production is 35 kJ
mol-1 CaCO3 (i.e., 0.097 kWhkg−1 CaCO3, Equation S4), Figure 4.5 (A). Since an in-situ
process enables CO2 capture and recovery in a mild pH-swing, it can perform theoreti-
cally at the Nernstian voltage of VBP M = 0.059×(10.0 - 4.5) ∼ 0.3245 V, while 0.83 V is ther-
modynamically required for extreme ∆pH = 14 in ex-situ cases, decreasing the required
energy for the pH-swing by a factor of almost three. Although the membrane voltage is
in reality higher than its theoretical voltage for mild pH gradients, the reversible BPM
voltages are still < 0.83 V for an in-situ process, even at 25 mAcm−2 [32]. Moreover, as
opposed to the ex-situ process, in an in-situ capture, no highly concentrated chemicals
(i.e., NaCl, NaOH) are needed in the process.

Unfortunately, currently available BPM are not developed to take full advantage of
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a mild-pH environment yet and, therefore, dissociate water at VBP M ≥ 0.6 V in practice
for current densities > 5 mAcm−2. In addition, the charged membranes and electrolyte
compartments suffer from significant ohmic losses, which increase with the current den-
sity (i.e.,∆V = IR). The practical energy consumption of the carbonate mineralization via
in-situ pH-swing, including these voltage losses, is more than 5x higher than the thermo-
dynamic value. Aiming for the lowest energy consumption, ohmic losses should be lim-
ited, marking the optimum current density for the BPM-CEM cell somewhere between i
= 5 - 10 mAcm-2 in our system (Figure 4.5 (A)).

For reducing the process energy consumption, the cell design and membrane con-
figuration are also crucial. Figure 4.6 shows the voltage and energy required for each
component within the electrochemical cell, obtained from our experiments. To allow
comparison between the cases, the measured base-pH is kept identical (9.6 - 9.8) for
all four cases. The energy consumption normalized to the produced moles of CaCO3 is
shown in Figure 4.6 (B).

Figure 4.6: A) Total cell voltage and its components, from bottom to top : BPM thermodynamic volt-
age (0.059∆pH, dark red), BPM-overpotential (red), monopolar membrane (AEM and CEM) ohmic loss (or-
ange : A+C), electrolyte ohmic loss (yellow), the redox reactions (green), and other losses (blue) in the six-
compartment cell with a single BPM. Case 1 and 2 both include 1 BPM while the upscaled BPM-CEM cell (case
3, 4) include 10 BPM’s. B) The energy consumption and its components (from bottom to top same as A). In all
the cases, the amount of charge added per volume via the BPM is ∼ 220-413 CL−1 . Case 4 is tested via real
seawater (Table S7), while other cases are done using synthetic seawater (Table 4.1). Error bars in B mark the
minimum and maximum values among repetitions.

Ideally, all electricity input is used to dissociate water into H+ and OH- production
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at the BPM (creating the ∆pH over the BPM) at a thermodynamic reversible potential
(i.e., 0.059∆pH), while the irreversible losses are nullified. This implies that the dark
red segment (showing the thermodynamic BPM-voltage) in Figure 4.6 should be the
only/highest portion of the cell voltage. Although the 10-cell BPMED stacks are more
effectively using the cell voltage for water dissociation (i.e., relatively large dark red seg-
ment), irreversible losses still occur. Most notably, the BPM overpotential (light red con-
tribution) exceeds the thermodynamic BPM voltage. This BPM overpotential is the dif-
ference between the measured BPM-voltage and the thermodynamic-BPM voltage and
reveals the overpotential including ohmic losses and WDR overpotential of the BPM.
"Other" involved losses (blue) are defined here as the difference between the measured
and theoretically expected cell voltage. These losses include e.g., H2/O2 gas bubbles
/covering the electrodes (for case 1, 2), possible CO2(g) bubbles/ trapping in the acidic
compartment of the BPMED [26], membrane/spacer fouling, and mesh spacers reduc-
ing the active membranes area (for case 3, 4).

In the six-compartment cell with a (single) BPM, reducing the current density from
40 to 10 mAcm−2 (case 1 to 2, charge added per volume 413 to 330 CL−1), already de-
creases the cell voltage contributions of the electrolyte compartments and the "other"
portion. However, to keep the base-pH identical, a four times lower flow rate was used
in case 2 compared to case 1. While a lower flow rate increases the cell residence time
(tr ), allowing more time for in-situ precipitation, it is less effective in "cleaning away"
the formed minerals within the cell compartments, increasing the risks of fouling. Fur-
thermore, the CaCO3 production rate is lower when using a lower flow rate (Figure 4.7
(C), case 2). Case 3 and 4 (Figure 4.6 (B)) achieve a lower energy consumption by de-
creasing the compartment thickness (25x), increasing the number of cells, changing the
redox couple from water to FeCl2/ FeCl3, and eliminating the AEM from the cell design
with only BPM-CEM cell pairs remaining.

The achieved energy consumption of 318 ± 29 kJ mol-1 CaCO3 (i.e., ca. 0.88 kWhkg−1

CaCO3) for the real seawater case in this work is the lowest achieved using an electro-
chemical cell for carbonate removal, ever [7]; in other works, the lowest electrical en-
ergy required for (ex-situ) BPM-based oceanic calcium carbonate removal is calculated
to be ≥ 640 kJ mol-1 CaCO3 [5], [11], with experimental reported values of 1080-2880 kJ
mol-1 CaCO3 [17] and 1009-2162 kJ mol-1 CaCO3 [42]. On a broader context, the energy
consumption range for electrochemical captures is demonstrated at 56 - 6940 kJe mol-1

CO2 [7]. This is while, assuming an average worldwide carbon emission for electricity of
ca. 0.46 kg CO2-eq kWhe

-1 (= 0.0029 mol CO2-eq kJe
-1), the required energy for captur-

ing must not exceed 344 kJe mol-1 CO2 or electricity from renewable sources (i.e., zero
electricity-emission sources) must be used.

However, the electric energy consumption of electrochemical CO2 capture is still
high, especially compared to the fossil fuel combustion energy which is 300- 700 kJmol−1

of emitted-CO2(g) [7]. Considering the thermodynamic electrical energy consumption
(35 kJmol-1 CaCO3), there is room left for improvements. In BPMED-capture (in the lab
scale), approximately 90 % of the electrical energy is used in the BPM (Figure 4.6-case 3,
assuming a WDR-voltage of 0.9 V and BPM-area resistivity of 8 Ω cm2). Decreasing the
WDR-voltage to its thermodynamic value of 0.059∆pH, decreases the energy consump-
tion by a factor of three. Utilizing a properly catalyzed BPM (i.e., fast WDR kinetics), with
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highly perm selective ion-exchange layers to exclude co-ions, and with optimum thick-
ness of the layers and the catalyst is therefore most effective way to minimize energy
losses [33]. Furthermore, increasing the DIC-removal (from measured 65 % to 95 %) can
decrease the total energy consumption by 59 %, but might come at the expense of lower
Coulombic efficiency for CaCO3 production.

The extraction rate of the dissolved inorganic carbon (DIC), calcium (Ca2+), and mag-
nesium (Mg2+) ions, and the normalized calcium carbonate production for the four tested
cases are shown in Figure 4.7. In all cases, the product of the seawater alkalinization
with base- pH between pH 9.6 - 10 is mainly aragonite (CaCO3), as expected [43] and
confirmed with Raman spectroscopy (Figure S2). The simulations data for case 1-4 are
shown in Table S10-S11.

Figure 4.7: Comparison of the six-compartment cell with a (single) BPM (case 1 and 2) and upscaled BPM-
CEM cell (case 3 and 4) performance with regards to (A) carbonate (i.e., DIC) removal, (B) Ca2+ and Mg2+ ions
removal, and (C) normalized calcium carbonate production. Process properties are shown in D, in which q is
the flow rate in each compartment. Error bars show the margin between the minimum and maximum data
points. For simplicity, all simulations are based on the synthetic seawater compositions (Table 4.1) and not the
real seawater (i.e., case 4). The simulation data is shown in Table S10-S11.

The measured carbonate removal (RDIC) for all cases is within the expected range of
63 - 97 % (grey box in Figure 4.7 (A)), confirming our model and its underlying assump-
tions. The lower margin of 63 % corresponds to simulations assuming an open system,
where the alkaline solutions keep absorbing CO2(g) from the atmosphere until it reaches
equilibrium. The 97 % margin is for a fully closed system. In an open system, the end-pH
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after precipitation and the total DIC-extraction are lower compared to a closed system.
In the experiments, the electrochemical cell and crystallization tanks are kept closed to
avoid the contact with the atmospheric CO2(g). However, such contact during sampling
and titration (to determine DIC-concentration) cannot be avoided, making the system
somewhere between fully closed and fully open.

In general, it was expected that adding calcite/ lime seeds in the gathering tanks in-
crease the carbonate removal slightly, but although the seed may have sped up the pre-
cipitation process, the chosen settling time (≥ 72 h) was apparently long enough to reach
equilibrium in all cases in this work. The upper margins of the error-bars in Figure 4.7
(A) show the RDIC values obtained using seeding, which is slightly higher compared to
without seeding. In Figure 4.7 (A), case 2 has the highest carbonate removal, with values
slightly higher than case 1, but the Ca2+ and Mg2+ removal for both cases are identical
(Figure 4.7 (B), 1 and 2). Therefore, as both cases produced mainly Aragonite (confirmed
with Raman spectroscopy), the slight difference in RDIC between case 1 and 2 is probably
resulted from imprecision of the titration method to quantify carbonate removal.

For the real seawater (case 4), RDIC is the lowest, probably due to the difference
in ion composition and concentration between real and synthetic seawater (i.e., initial
DIC concentration in seawater was 0.6 mM higher than that of the synthetic seawater).
Moreover, in the real seawater, presence of elements such as Boron, Silicon, Sulphur,
Nitrate (Table S7), and anti-scaling effects of organic substances can also influence the
co-precipitation. This also justifies why Ca2+ removal is the lowest for case 4 in Figure
4.7 (B).

The Ca2+ removal for case 3 (i.e., BPM-CEM cell) is ca. 16 %, which is lower than
case 1 and 2 (Figure 4.7 (B)), but all values are still close to the simulated 20 % (for closed
systems) and in the range of 17 - 27 % (for open systems) as shown in Table S10-S11. Fur-
thermore, it seems that the lower Ca2+ removal in case 3 is compensated with a higher
removal of Mg2+ for this case (Figure 4.7 (B)-blue marks). This is while the simulated
Mg2+ removal for case 1 to 3 shows a decreasing trend (from 2 % to 0 % since the simu-
lated pH decreases). Since the observed discrepancy between the cases is not expected
in the simulations, it must originate from the experimental condition including the dif-
ferent cell design and flow pattern inside of the compartments in case 3; the latter cre-
ating non-uniform flow and thus non-uniform local pH. As for the cell design, in the
six-compartment cell with a (single) BPM, only Na+ ions pass through the CEM into the
base-compartment, carrying the charge (Figure 4.3 (A)-from comp.2 to 3). However, in
the up-scaled cell containing BPM-CEM cell pairs (case 3), considering the concentra-
tion and mobility ratio of all five present cations, only 83 % of the current is carried via
Na+ ions transfer, while the contribution of H+, K+, Mg2+, and Ca2+ are 2.5 %, 2.5 %, 10 %
and 2 %, respectively, based on the Nernst-Planck equation (Table S12). We hypothesize
that this additional Mg2+ ions present in the base compartment hinders CaCO3 mineral-
ization (i.e., decreasing both Ca2+ and DIC removal), promoting Mg(OH)2 precipitation
instead. Even though this additional Mg2+ concentration is only 0.2 mM in the bulk, it
can still promote Mg(OH)2 mineralization near the membrane surface due to the con-
centration polarization on the CEM surface. The influence of the magnesium ion is well
documented and is known to reduce calcite growth rates [44–47].

Comparing Figure 4.7 (A) and 4.7 (B), if we assume all Ca2+ ions are extracted as
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CaCO3, a Ca2+-removal of 20 % translates into 97 % DIC-extraction, which is higher than
what was measured. This proves that part of Ca2+ is removed as other solids e.g., as
hydroxides (e.g., at BPM local-pH ≥ 12 [31]), even though this was not seen in Raman
spectroscopy analysis (Figure S2). Furthermore, the accuracy of the titration method
can play a role in justifying this discrepancy.

Despite the slightly lower DIC (i.e., carbonate) and Ca2+ ion removal in case 3 and
4 compared to the six-compartment cell with a (single) BPM, the energy consumption
per removed CaCO3 is still lower for the upscaled cell (Figure 4.6 (B)). In case 1 and 2,
the energy consumption is high due to the voltage losses (i.e., thick compartments +
water redox) and the fact that only one base-compartment exists (with ratio of base-
compartment to rest-compartments 1:6), decreasing the CaCO3 production rate signif-
icantly (Figure 4.7 (C)). Between case 3 and 4, real seawater had a smaller conductivity
compared to the synthetic seawater (i.e., 35 mScm-1 vs. 50 mScm-1) but higher initial
DIC (i.e., 2.7 mM vs. 2.3 mM). Therefore, due to this higher initial DIC, despite of the
lower relative DIC-removal (Figure 4.7 (A)), the absolute CaCO3 production is still the
highest for the real seawater case (Figure 4.7 (C)), making it also the most energy effi-
cient case (Figure 4.6 (B)).

4.4.3. FOULING

While our in-situ mineralization process shows a clear benefit for the energy consump-
tion compared to the ex-situ bipolar membrane electrodialysis (BPMED) (318 ± 29 kJ
mol-1 CaCO3, which is less than half of the lowest value in literature), the feasibility of
the in-situ process is strongly affected by the cell design and fouling. The fouling at
the membrane and spacers: (1) increases the pressure drop along the cell, increasing
the pumping energy and causing non-uniform flow, and (2) increases the total cell volt-
age and hence the electrical energy consumption. Furthermore, the membrane lifetime
and CaCO3 harvesting rate are negatively affected by fouling. To determine the mem-
brane fouling, SEM and EDS analysis have been done for the six-compartment cell with
a (single) BPM by opening the cell (right) after finishing the 15 min constant current (40
mAcm−2) experiments (Figure S3, S4) and after the 2 h experiment (Figure 4.8).

After opening the cell right after the 15 min constant current, only few minerals were
seen on the membrane (Figure S4), which is logical considering the time scale of 103 s
required for establishing the CaCO3 precipitation equilibrium [18, 26]. We observed that
the amount of deposition is increased with current and the time of experiment. After 120
min experiments, the surface of the BPM is decorated with a layer of minerals (Figure
4.8), even though the fouling does not increase the total cell voltage. The SEM analysis
emphasizes the importance of fouling removal strategies for in-situ mineralization.

Furthermore, when a low current density, in combination with a low flow rate, is ap-
plied for the 120 min constant current experiments, although the output pH remained
the same, there is a clear difference in the shape of the minerals (Figure 4.8) D-F vs. A-
C). At 10 mAcm−2, the minerals have a more defined "broccoli" shape that is the defined
shape of Aragonite which is in accordance with Raman spectroscopy findings, while at
40 mAcm−2 the membrane surface is covered with polydisperse, polymorph particles.
However, the effect of the cell residence time (i.e., flow rate) in the in-situ bipolar mem-
brane electrodialysis cell needs to be studied in more detail to draw a solid conclusion
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on the precipitation kinetics and type of the scaling. In addition to adjusting the flow
rate to wash out the fouling, fouling removal strategies such as, gas sparging and acid
wash can be employed in future works.

Figure 4.8: SEM images of the AEL of the BPM opened directly after applying the current for 120 minutes. (A),
(B) and (C) concern the AEL of the BPM after applying a current density of 40 mAcm−2 and a flowrate of 120
mlmin−1 (v=1 cms−1), resulting in a measured base-pH of ∼ pH 9.8. (D), (E) and (F) concern the AEL of the
BPM after applying a current density of 10 mAcm−2 and a flowrate of 30 mlmin−1 (v= 0.25 cms−1), resulting
also in a base-pH of 9.8.

4.5. CONCLUSION
Through in-situ mineralization enabled using bipolar membranes, Aragonite (polymorph
of CaCO3) was extracted from (real and synthetic) seawater as an ocean carbon removal
strategy. By controlling the current density and cell residence time, more than 60 % of
the dissolved inorganic carbon (DIC) and ≥ 16 % of the Ca2+ ion is extracted, without the
need for any additional chemicals. An energy consumption of 318 ± 29 kJmol-1 CaCO3

(i.e., ca. 0.88 kWhkg−1 CaCO3) is obtained for DIC-capture from real seawater with
CaCO3 production rate of 0.64 kgCaCO3(s)h−1m−2. Theoretically, at a mild pH-swing
(e.g., base pH 10.0 and acid pH 4.5, thus∆pH = 5.5) the thermodynamic energy required
to capture CaCO3 though in-situ mineralization is ∼ 35 kJmol-1 CaCO3 which is 10 - 12 %
of that experimentally achieved. However, the irreversible BPM-overpotential is respon-
sible for > 55 % of the required electrical energy. Focusing on membrane engineering to
achieve fast WDR kinetics in the BPM, with highly perm selective ion-exchange layers to
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exclude co-ions, and with optimum thickness of the layers is the most effective way to
minimize energy losses. Despite the promising energy consumption, membrane fouling
is a challenge that in-situ mineralization process faces. In the future, fouling removal
strategies such as gas sparging and acid wash can be employed for interval cell cleaning.
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4.6. SUPPORTING INFORMATION

4.6.1. SEAWATER CAPACITY FOR DIC-REMOVAL
Theoretically, (using ionic compositions of Table 4.1) upon a pH-swing of 5.5 (e.g., acid-
pH 4.5 and base-pH 10.0), more than 97 % of DIC can be extracted in the form of ∼ 2.13
mM CO2(g) or ∼ 2.078 mM CaCO3 (s) per 1 L of seawater, respectively. Thermodynami-
cally, a positive saturation index enables the precipitation [27], [28]:

Saturation index = log10

(
I AP

Ksp

)
(S1)

Where IAP is the ion activity product, and Ksp the thermodynamic equilibrium solubility
product [20].

In addition to carbonates, upon seawater alkalinization, saturation indexes (SI) of
several minerals become positive, marking their oversaturation and thus possible pre-
cipitation (Figure 4.1, Table S6). Our aim in this work is to remove carbonate species
while avoiding hydroxide precipitation, to make sure the BPM-produced OH- ions only
are used in converting bicarbonate to carbonate ions. To carefully define the pH-window
that enables carbonate precipitation, but still circumvents hydroxide minerals precipita-
tion, the co-precipitation is simulated via the total H+ concentration-sweep function in
Visual MINTEQ 3.1 (Figure 4.1). Visual MINTEQ is a free equilibrium speciation model,
which calculates the chemical equilibria in the aqueous systems at a low ionic strength
(I < 1). From bulk thermodynamics, the least soluble, most stable crystalline phase pre-
cipitates first from a supersaturated solution [43]. However, in reality, this rule of thumb
does not always apply; one of the oldest examples is the precipitation of aragonite in-
stead of calcite in seawater; even though aragonite is less stable than calcite and has a
slightly higher solubility [43]. Furthermore, kinetically, magnesite MgCO3 formation is
reported unlikely at temperatures < 75 ◦C [48–50], and artinite Mg2CO3(OH)2·3H2O is
expected to form only at temperatures < 15 ◦C [51]. However, as the kinetics of mineral
precipitation is not well understood in low-temperature conditions [48], the exact se-
quence of precipitation as well as the dominant mineral at each pH-window needs to be
studied experimentally.

In practice, the carbonate precipitation in seawater is reported to start at pH 9.3 - 9.5
and end at pH 10.0 [52]. In another study, CaCO3 is reported to precipitate upon ex-situ
seawater alkalinization between 9.3 < base-pH < 9.6, while Mg(OH)2 precipitation starts
at > pH 9.6 [5].

Using the starting values according to Table 4.1, if we assume addition of 0.0023 M
H+ ions (to simulate the acid side), and reduction of 0.0023 M H+ ions (i.e., which is
the MINTEQ equivalent of OH- ions addition to simulate the base route), and use Na+

ion concentration to balance the charge difference in both cases, (in a closed system) a
base-pH of 10 and acid-pH of 4.49 are obtained, with ionic compositions shown in Ta-
ble S1. Opening the acidic stream to 420 ppm CO2(g) and allowing the precipitation of
all possible solids (using the function of specify possible solid phases), delivers a decar-
bonized acidic stream with pH = 5.583, and a base stream (kept as a closed system) with
pH = 9.618 with ionic concentrations shown in Table S2. Comparing the CO – 2

3 concen-
trations (which in MINTEQ shows the "total" dissolved inorganic carbon concentration,
DIC) in Table S2 with that of Table 4.1, shows the removed DIC in the acidic and alkaline
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Table S1: Simulated enabled pH-swing, upon addition of ca. 0.0023 M H+ ions and the same amount of OH –

ions.

Component
Total dissolved, molL−1

Base stream

pH = 10

Acid stream

pH = 4.49
Ca2+ 1.02E-02 1.02E-02
Cl – 5.36E-01 5.36E-01

CO 2 –
3 2.15E-03 2.15E-03

H+ -3.00E-04 4.30E-03
K+ 9.70E-03 9.70E-03

Mg2+ 5.21E-02 5.21E-02
Na+ 4.62E-01 4.57E-01

SO 2 –
4 2.75E-02 2.75E-02

Table S2: The pH-change after decarbonization.

Component
Total dissolved, molL−1

Base stream

pH = 9.618

Acid stream

pH = 5.583
Ca2+ 8.12E-03 1.02E-02
Cl – 5.36E-01 5.36E-01

CO 2 –
3 7.19E-05 1.80E-05

H+ -2.21E-04 3.61E-05
K+ 9.70E-03 9.70E-03

Mg2+ 5.21E-02 5.21E-02
Na+ 4.62E-01 4.57E-01

SO 2 –
4 2.75E-02 2.75E-02
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Table S3: Ionic composition of the (synthetic) seawater after decarbonisation of both the acidic and basic
streams and mixing them.

Component Total dissolved, molL−1

Ca2+ 9.16E-03
Cl – 5.36E-01

CO 2 –
3 1.94E-04

H+ 2.05E-04
K+ 9.70E-03

Mg2+ 5.21E-02
Na+ 4.59E-01

SO 2 –
4 2.75E-02

Table S4: The salt composition of the two used feed tanks.

Tank 1 g/mol g/L mol/L Tank 2 g/mol g/L mol/L
NaCl 58.44 47.00 0.804244 CaCl2 ·2H2O 147.02 3.00 0.0204
KCl 74.55 1.45 0.01945 MgCl2 ·6H2O 203.30 21.20 0.1043

Na2SO4 142.04 7.80 0.054914
NaHCO3 84.01 0.385 0.004583

stream. After mixing the two decarbonized streams (averaging for each ion in Table S2),
a stream with pH = 9.28 will be obtained. Opening this stream to 420 ppm atmospheric
CO2(g) creates a pH = 7.188 (which is lower than the initial 8.104) with concentrations
shown in Table S3. Comparing the CO – 2

3 -concentration in Table S3 with the initial [DIC]
= 2.15 mM, shows that in the total process ca. 91 % DIC (and 10 % Ca2+) is extractable.
Note that, initially, from each stream ≥ 97 % DIC is extractable, but after mixing, some
CO2(g) will be sucked into the solution from the atmosphere, decreasing the net DIC-
removal, and lowering the mixture pH to 7.188.

4.6.2. SEAWATER COMPOSITION USED IN VISUAL MINTEQ SIMULATIONS
To achieve the values shown in Table 4.1 that we used as synthetic seawater, first, two
feed tanks are assumed as shown in Table S4. The salt concentrations in each tank are
double of the seawater, so that after combination, the correct concentrations for the feed
are achieved upon a dilution (i.e., dilution factor: 2). In the experiments, the pH of tank 1
and tank 2 (after allowing equilibration with the atmosphere overnight) were measured
to be 8.1-8.2 and 6-6.05, respectively. In Visual MINTEQ, these pH for individual tanks
were reached by tuning the partial pressure of CO2(g), manually. The pH and ionic com-
positions of the closed and open systems are demonstrated in Table S5. Subsequently,
the average of the two equilibrated tanks are taken (under a closed system), providing
Table 4.1 that is used as the input for all the simulations. Note that, in Visual MINTEQ,
both options of "mass balance" and "mass and charge balance" must provide the same
results, if the correct concentrations of anions and cations are used. In the case that
a rounded concentration value is used (e.g., [Ca2+] of 2.04E-02 instead of 2.04050E-02),
the result will differ as MINTEQ will automatically add to [H+] concentration to make
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Table S5: The ionic composition of each tank in a closed and open system (assuming CO2(g) partial pressure
of 420 ppm).

Tank 1 Tank 2
Component Total dissolved in molL−1 Component Total dissolved in molL−1

Cl – 8.2369E-01 Ca +
2 2.04050E-02

CO 2 –
3 4.2325E-03 Cl – 2.49370E-01

H+ 3.8829E-03 CO 2 –
3 2.45280E-06

K+ 1.9450E-02 H+ 4.90550E-06
Na+ 9.1865E-01 Mg +

2 1.04280E-01
SO 2 –

4 5.4914E-02

Table S6: The solubility product of minerals shown in Figure 4.1, from high to low values.

Mineral Ksp

Mg2(OH)3Cl ·4H2O(s) 1.0E+26
Brucite 1.3E+17
Artinite 4.0E+09
CaCO3 ·H2O(s) 7.2E-08
Magnesite (MgCO3) 3.5E-08
Vaterite (CaCO3) 1.2E-08
Aragonite (CaCO3) 4.6E-09
Calcite (CaCO3) 3.3E-09
Hydromagnesite 1.7E-09
Dolomite (disordered) 2.9E-17
Dolomite (ordered) 8.1E-18
Huntite 1.1E-30

up for the total charge difference. To ensure accuracy, either the full numbers should be
inserted or the option of “mass balance" must be used. Table S6 shows the (simulated)
solubility product of thermodynamically possible minerals in synthetic seawater upon
alkalinization.

4.6.3. WADDEN SEA IONIC COMPOSITION AND INITIAL DIC CONCENTRA-
TION

Table S7 summarizes the ionic composition and concentration of the real seawater used,
which is slightly different than the synthetic seawater. The dissolved inorganic carbon
(DIC) concentration was calculated via Equation S2, using the titration values in Table
S8. According to Table S8, between pH 7.7 and 6.1, about (680 - 20 =) 660 µL HCl is
added.
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Table S7: Wadden Sea measured ionic and dissolved inorganic carbon (DIC) concentration.

Input seawater concentration, molL−1

Calcium 0.0077
Potassium 0.0095

Magnesium 0.0349
Sodium 0.3184
Boron 0.0010
Silicon 0.0009

Chloride 0.3815
Nitrate 0.0010

Sulphate 0.0198
DIC 0.0026

4.6.4. ACIDIC TITRATION FOR DETERMINING DISSOLVED INORGANIC CAR-
BON (DIC) CONCENTRATION

The DIC concentration of 50 mL (synthetic) seawater sample was determined based on
open titration with 0.1 M HCl. The pKa and equivalence point of the solution were first
determined with use of Visual MINTEQ simulations; At 25◦C, the pKa of synthetic sea-
water was 6.1 and 9.3. The equivalence point is 7.7. Between the equivalence point (pH
= 7.7) and the pKa (pH = 6.1), half of the DIC present is converted from bicarbonate
ion (HCO3

-) into dissolved CO2/ carbonic acid. Therefore, through titration with HCl
between pH 7.7 and pH 6.1, the concentration of DIC can be approximated according
to:

[D IC ] = 2Vaci d .[aci d ]

Vsample
(S2)

In which [DIC] is the approximate concentration of DIC (molL−1), Vaci d the volume of
acid added between pH 7.7 and pH 6.1 (in L), [acid] the concentration of the used HCl
acid (in molL−1), and Vsample the volume of the seawater sample to be titrated (in L).
The following steps were taken to estimate the DIC concentration in input and output
samples:

1. After > 72 hrs of settling time, 50 mL sample was filtered through 0.20 µm filter,

2. The sample pH was measured,

3. Known amounts of 0.1M HCl (in µL steps) were added to the sample, gradually,

4. Step 3 was repeated until a sample-pH < 4 is reached,

5. The acid volume addition between 7.7 and 6.1 was calculated (Figure S1),

6. DIC concentration (in mol/L) was calculated using Equation S2.

For example, the DIC concentration of synthetic seawater (Table 4.1) was determined
to be ∼ 2.1 mM (Figure S1). This value is in accordance with the performed MINTEQ
simulations (open system, using concentrations of Table 4.1).
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Table S8: pH values upon the acidic titration, used to determine DIC concentration of the input real seawater
from Wadden Sea, according to Equation S2 and Figure S1.

Volume of 0.1 M HCl added in µL Sample pH
0 7.819
100 7.267
200 7.003
300 6.647
400 6.43
500 6.317
600 6.219
700 6.075
800 5.943
900 5.834
1000 5.662
1200 5.153
1400 3.767

Figure S1: Titration curve of input synthetic seawater. With a pKa of 7.7 and an equivalence point of 6.1. The
DIC concentration was determined to be ∼ 2.1 using Equation S2.
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Table S9: MINTEQ simulation results for the base (top) and acid (bottom) routes, using the H+ total concen-
tration sweep function.

Base compartment

i q Produced OH – or H+ Tot. H+ concentration pH Removal [%]
mAcm−2 mlmin−1 mM mM Before precipitation After precipitation DIC Ca2+ Mg2+

5 120 0.3 1.7 8.6 7.6 21 4 0
10 120 0.9 1.1 9.1 7.8 47 10 0
15 120 1.4 0.06 9.4 8.1 70 15 0
20 120 2 0 9.8 9.1 94 20 0
30 120 3.1 -1.1 10.3 9.6 97 20 1
40 120 4.3 -2.3 10.6 9.6 97 20 2
50 120 5.4 -3.4 10.8 9.6 97 20 3
60 120 6.6 -4.6 10.9 9.6 97 20 4

Acid compartment

mAcm−2 mlmin−1 mM mM Before degassing After degassing DIC removal [%]
5 120 0.3 2.3 8.1 8.2 2

10 120 0.9 2.9 6.6 8.1 26
15 120 1.4 3.4 6.2 8 47
20 120 2 4 5.7 7.7 72
30 120 3.1 5.1 3.4 3.5 99
40 120 4.3 6.3 3 3 99
50 120 5.4 7.4 2.8 2.8 99
60 120 6.6 8.6 2.6 2.6 99

Table S10: Simulation results for Figure 4.7, using the H+ total concentration sweep function (assuming a closes
system). The first column shows the case number.

i q Produced OH – = Produced H+ Total H+ concentration Base-pH Removal [%]

mAcm−2 mlmin−1 mM mM Before precipitation After precipitation DIC Ca2+ Mg2+

1 40 120 4.3 2.3 10.6 9.6 97 20 2
2 10 30 3.4 1.4 10.4 9.6 97 20 1
3 5 68 2.3 0.3 10 9.6 97 20 0
4 5 68 2.3 No simulations for the real seawater case

4.6.5. SWEEP VIA VISUAL MINTEQ

To obtain the theoretical values in Figure 4.4 and 4.7, a stepwise total H+ concentration-
sweep in a closed system (using the mass balance option) was applied. At each step,
knowing the current density (i ), flow rate (q), membrane area (Am), and the limiting
current density (il i m = 2.5 mAcm−2), first, the produced amount of OH – ions via the
BPM was calculated in molL1−. By applying the sweep, the base-pH (and acid-pH in the
opposite direction) and Ca2+, Mg2+, and CO 2 –

3 removal were obtainable. Such calcula-
tions assume fast mineralization kinetics and a 100 % Coulombic efficiency. The total H+

concentrations are achieved by substituting the starting concentration (Table 4.1) with
the produced OH – concentration at each step.

Similarly, for the upscaled BPM-CEM cell, a H+ concentration sweep can be applied
which is used in Figure 4.4 and Figure 4.7. Table S10 shows the simulations assuming a
closed system. In case the system be "open" to the atmospheric CO2(g), more CO2(g) will
dissolve in the (alkaline) solution. As a result, more Ca2+ ion will be removed, but the DIC
removal (in percentage) will decrease as the DIC concentration increase in the solution.
Table S11 shows the simulation results for Figure 4.7, using the H+ total concentration
sweep function assuming an open system.
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Table S11: Simulation results for Figure 4.7, using the H+ total concentration sweep function assuming an open
system.

Base-pH if the system is open [-] Removal in [%]
After precipitation DIC Ca2+

Case 1 7.946 71.5 26.8
Case 2 7.934 68.5 22.54
Case 3 7.919 63.32 17.33

4.6.6. THEORETICAL ENERGY CONSUMPTION CALCULATIONS

The theoretical values are calculated assuming 100 % Coulombic efficiency, 100 % selec-
tive membranes, fast kinetics, uniform pH and ion distribution, and a limiting current
density of 2.5 mAcm−2 for the BPM (which is reported for the used Fumatech BPM [32]).

For the simulations regarding the extraction, through the function of "specify possi-
ble solid phases" in Visual MINTEQ, precipitation of all possible minerals (shown in Fig-
ure 4.1) is allowed. However, in the software simulation eventually Brucite (Mg(OH)2)
and calcite (CaCO3) dominates as the main precipitations (because of their high ther-
modynamic stability among other minerals).

THERMODYNAMIC ENERGY CONSUMPTION (FIGURE 4.5)
The thermodynamic energy to achieve the pH-swing using the BPM that enables the
CaCO3 extraction is calculated here. For these calculations, the limiting current density,
as well as all voltage losses are excluded.

As established before, at base-pH of 10, according to Visual MINTEQ calculations,
2.078 mmol CaCO3 can be extracted from 1 L seawater. On the acid side of the BPM,
same amount of H+ ions as OH- ions are produced (0.0023 M), bringing the acid-pH
down to ∼ 4.49, creating a pH-swing of : ∆pH = 10 - 4.49 = 5.5 For a base-flow rate of 68
mlmin−1, the required current density at each BPM to create the pH-swing is (according
to Equation 4.4, excluding il i m is:

i = 0.0023

(
mol

L

)
×96485

(
C

mol

)
×

(
68

60000

)(
L

s

)
÷100(cm2) = 0.002515

(
A

cm2

)
(S3)

The thermodynamic BPM-voltage for this pH-swing is

VBP M = 0.059×∆pH = 0.059×5.5 = 0.3245V

Assuming 10 BPM-CEM cell pair and thus a total Base-flow rate of 10 × 68 mlmin−1

(= 0.01133 Ls−1), the required energy consumption according to Equation 4.5 (i.e., I AV
qnC aCO3

)
is:

E = 0.001

0.002515
(

A
cm2

)
×100

(
cm2

)×10×0.3245(V )( 68×10
60000

)( L
s

)×0.002078(mol )

∼ 35

(
k J

molC aCO3

)
(S4)
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MINIMUM PRACTICAL ENERGY CONSUMPTION

Calculations below involve the limiting current density effect (2.5 mAcm−2) as well as
the membrane voltage losses. First, the total cell resistivity is approximated using the
measured voltage:

• Cell resistivity approximation:

Assuming the Ohm law in the BPM-CEM:

R = V −Vcal

I
= 10.72−8.3

0.5
∼ 4.85(Ω) (S5)

Where R is the approximate total cell resistivity (Ω), which corresponds to 484 Ω cm2

area resistivity. I is the applied current (A), and V is the total measured cell voltage (V).
Vcal (V) is the calculated = estimated voltage for the water dissociation reaction of 10
BPM as Vcal = 10×0.83 = 8.3V . The 0.83 V is assumed when the BPM creates a pH-swing
of 14 (i.e., 0.059×14 ∼ 0.83 V). For all calculations, a current (i.e., Coulombic) efficiency
of 100 % is assumed. Assuming a limiting current density of 2.5 mAcm−2 and a current
(= Coulombic) efficiency of 100 %, the required current for a flow rate of 68 mlmin−1 in
the BPM-CEM upscaled stack to reach a Base-pH ∼ 10 is as represented in Equation S4
and S7. Equation S4 and S7 show the grey and blue lines in Figure 4.4, respectively.

i = 0.0025

(
A

cm2

)
+0.0023

(
mol

L

)
×96485

(
C

mol

)
×

(
68

60000

)(
L

s

)
÷100(cm2) ∼ 0.005

(
A

cm2

)
,

(S6)

E = 0.001

0.005
(

A
cm2

)
×100

(
cm2

)× (8.3+0.5×4.85)(V )( 68×10
60000

)( L
s

)×0.002078(mol )

∼ 229

(
k J

molC aCO3

)
(S7)

4.6.7. DEFINING THE MAIN CHARGE CARRIER OVER THE CEM USING THE

NERNST-PLANCK EQUATION

According to the Nernst-Planck equation [53], under an identical electrical potential gra-
dient, the ionic fluxes depend on the magnitude of the species concentration (Ci ), ion
valence (zi ), and mass transfer diffusion coefficient (Di ). These data for the five present
cations are listed in Table S12. To maintain the electroneutrality, the total concentration
of cations in the base compartment increases (to make up for the increase of the OH-

ions, produced by the BPM). This increase is equal to 0.0023 mM under conditions of
the case 3 in Figure 4.7 (see page 1 of the supporting information 4.6 for clarification on
the total BPM-based OH- ions production = 0.0023 M).
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Table S12: the contribution of each cation to carrying the charge through the CEM. All Di values are in the
order of 10−9 m2 s−1 and are therefore simplified for the sake of comparison [54].

Cations Di × zi ×Ci Of the total Increase in concentration in the base compartment, molL−1

Na+ 1.33×1×0.4593 = 0.613 82.8% 82.8%×0.0023 = 0.0019
H+ 9.31×1×0.002 = 0.016 2.5% 2.5%×0.0023 = 0.00006
K+ 1.96×1×0.0097 = 0.019 2.6% 2.6%×0.0023 = 0.0001

Ca2+ 0.792×2× .0102 = 0.016 2.2% 2.2%×0.0023 = 0.0001
Mg2+ 0.706×2×0.0521 = 0.074 9.9% 9.9%×0.0023 = 0.0002

4.6.8. BIPOLAR MEMBRANE FOULING AND RAMAN SPECTROSCOPY RESULTS

Figure S2: Raman spectra of the obtained precipitates from experiments (A) six-compartment BPMED with
a (single) BPM, 40 mAcm−2, 120 mlmin−1, 2 hours (B) six-compartment BPMED with a (single) BPM, 40
mAcm−2, 30 mlmin−1, 2 hours, (C) upscaled BPMED, 5 mAcm−2, 68 mlmin−1 per compartment, 30 min-
utes, (D) upscaled BPMED, 5 mAcm−2 , 50 mlmin−1 per compartment, 30 minutes, (E) real seawater (Wadden
Sea), upscaled BPMED, 5 mAcm−2 , 68 mlmin−1 per compartment. All spectra show predominantly aragonite
(CaCO3) formation (characteristic peaks, at : 155, 205, 705, 1085 cm−1 [55]).
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Figure S3: SEM images of the side of the BPM in contact with the alkaline pH in the six-compartment cell with
a (single) BPM, when cell is opened right after applying 40 mAcm−2 for 15 minutes resulting in a base-pH of
ca. 9.9. (A) and (B) Mg2+ and Ca2+ containing minerals, (C) BPM surface.
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Figure S4: SEM images of the side of the BPM in contact with the alkaline pH in the six-compartment cell with
a (single) BPM, after applying 40 mAcm−2 for 15 minutes resulting in a base-pH of ca. 9.9. (A) Anion exchange
layer (AEL) of the membrane, (B) zoomed in on crystal containing Mg2+ and Ca2+, (C) zoomed in on B. To allow
time for precipitation, SEM here is done on the BPM where the cell has been opened 72 hours after the end of
the experiment (with the alkaline compartment left undisturbed during the waiting time).
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To reach a circular carbon economy within the context of climate change mitigation, the
oceanic-dissolved inorganic carbon (DIC) can be extracted to enable an indirect air cap-
ture. The product of oceanic carbon capture is gaseous CO2(g) and/ or carbonate minerals
e.g., CaCO3(s). An electrochemical bipolar membrane electrodialysis (BPMED) method
provides a sustainable scalable route for such carbon capture by enabling a pH-swing that
shifts the carbonate equilibrium. For the carbonate mineralization route, an in-situ sea-
water alkalinization offers a lower energy consumption compared to ex-situ processing,
but suffers from inorganic fouling. This fouling occurs in the alkaline compartment ad-
jacent to the bipolar membranes, where carbonate- and hydroxide minerals are formed.
Such fouling increases the cell voltage and stack pressure drop, increasing the electrochem-
ical and pumping energy consumption, respectively. In the current work, we investigate
fouling management strategies including fouling control (i.e., via cell configuration and
current density-flow rate optimization) and fouling removal methods, specifically target-
ing inorganic fouling. Fouling removal methods including air sparging, CO2(g) sparg-
ing, dissolved CO2(aq) cleaning, back-pressure, flow rate increase, and acid wash (dosed
HCl and BPMED-based produced acid) are investigated under accelerated fouling condi-
tions. The cell configuration containing the BPM-AEM pairs shows 4x lower fouling than
the BPM-CEM stack, while the DIC-extraction and faradaic efficiency are similar for both
cells. The BPM-AEM cell voltage remains constant for 2 h even under accelerated foul-
ing conditions. From the fouling removal methods, only the acid wash combined with
the back-pressure removed all the inorganic fouling, recovering both the cell voltage and
pressure drop to its initial values. Upon the air sparging, the total cell voltage and pres-
sure drop increased even more due to the trapped gas inside the netted spacers. Cleaning
via dissolved and gaseous CO2 decreases the cell pH, dissolving hydroxide- and carbonate-
based fouling and thus removing scaling, but decreases the DIC-removal significantly, and
is thus not preferred. Applying the back-pressure and higher flow rates decelerated the
scaling buildup but was not enough to remove the fouling. A BPM-AEM membrane con-
figuration in combination with periodic acid cleaning has potential as resilient oceanic
carbon removal.

This chapter has been submitted as "Fouling management in oceanic carbon capture via in-situ electrochem-
ical bipolar membrane electrodialysis." by R. Sharifian, H. C. van der Wal, R. M. Wagterveld, D. A. Vermaas.
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5.1. INTRODUCTION
To mitigate the climate change [1], a circular carbon economy must be established where
decarbonisation over all sectors is required, including the water sector [2]. Closing the
carbon cycle and decreasing the carbon footprint of the water sector (e.g., desalination
plants) are possible through extraction of the oceanic dissolved inorganic carbon (DIC),
see Chapter 2 and 4. An additional benefit is that eliminating the carbonic species prior
to membrane-based desalination (e.g., reverse osmosis (RO) or electrodialysis (ED)), as a
pre-treatment step, can reduce the risk of carbonate-based scaling [3]. Particularly, a pH-
gradient based decarbonisation step (see Chapter 2) is advantageous prior to seawater
reverse osmosis (SWRO) as low-pH brine stream is ideal for further brine concentration
processes [4, 5], while the high-pH stream can be returned into the sea, enhancing the
atmospheric-carbon absorption in the ocean, facilitating the indirect air capture. An-
other benefit of the oceanic-DIC capture is its ability to address decentralised carbon
emissions (i.e., ca. 42 % of the total emission), as these emissions (partly) end up in the
ocean, see Chapter 2.

Oceanic (inorganic) carbon capture is possible through a pH-swing, providing prod-
ucts as gaseous CO2(g) (in acidic pH) or carbonate minerals (in alkaline pH), see Chapter
2. In Chapter 4, we have shown the feasibility of the bipolar membrane electrodialysis
(BPMED) for electrochemical oceanic carbon capture through in-situ alkaline mineral-
ization. The BPM inside the BPMED cell consists of an anion exchange layer laminated
or electro-spun to a cation exchange layer, with a water dissociation-catalyst inside the
junction layer to enhance the kinetics of the water dissociation [6–8]. The bipolar mem-
brane (BPM) uses (renewable) electricity to generate acid and base through the water
dissociation reaction, enabling a sustainable pH-swing. No further chemicals, heat or
steam are required for such carbon capture, see Chapter 2.

Previous work demonstrated a BPMED cell containing 10 bipolar-cation membrane
(BPM-CEM) cell units to remove the oceanic dissolved inorganic carbon (DIC) in the
form of calcium carbonate CaCO3(s) through the in-situ alkaline route, see Chapter 4.
The CaCO3 (i.e., mainly aragonite) production rate of 0.64 kgCaCO3(s)h−1m−2 using rel-
atively low stack-electrical energy consumption of 0.88 kWhkg−1CaCO3(s) was accom-
plished, see Chapter 4. The in-situ operation is essential to achieve this low energy con-
sumption, as only a mild pH gradient is required in this process. However, the fouling
inside of the electrochemical cell, particularly the scaling resulting from the alkaline-pH
> 9, poses challenges to the technology. To mitigate the fouling and assess the technol-
ogy’s practical feasibility, this chapter discusses various strategies to control and remove
the (inorganic) fouling.

5.1.1. MEMBRANE FOULING
There are four types of ion-exchange membrane fouling including (1) colloidal foul-
ing (e.g., clay, precipitated iron, aluminium oxides, and silicates) [9], (2) organic foul-
ing (e.g., humic acids) [10–15], (3) inorganic fouling known as scaling (i.e., insoluble
compounds e.g., calcium carbonate (CaCO3) and silica (SiO2)), and (4) biofouling (e.g.,
micro-organisms, extracellular polymeric substances (EPS), and algae) [16–20]. Mem-
brane fouling shortens the lifetime of membranes [21] and decreases the available mem-
brane surface area. Furthermore, fouling increases the electrical resistance of the mem-
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branes, thereby raising the voltage loss and energy required for the process [16–18, 22,
23]. Lastly, fouling increases pumping energy needed to maintain a water flow rate in the
cell, by blocking the spacers/ compartments, increasing the pressure drop between the
inlet and outlet of the electrochemical cell.

Fouling depends on the interaction between feed-compounds and the (chemical
charged groups on the) membrane surface [16]. It is shown in previous studies (on re-
verse electrodialysis, RED), the chance of scaling is increased in seawater compartment
in the vicinity of the CEM, due to the high concentration of multivalent ions in the sea-
water (e.g., Ca2+ and Mg2+) [18]. On the other hand, AEM did not show mineral scaling,
but is known to be more prone to organic and colloidal fouling (since these compounds
are mostly negatively charged), especially when combined with fresh water [18, 19, 24,
25]. In another study on electrodialysis (ED) it was reported that the membrane scal-
ing formed by Ca2+ and Mg2+ minerals on AEM surface mostly takes place at neutral pH
values, while the CEM was scaled at more alkaline pH [26]. In RED and ED processes,
the mineral scaling is always combined with a concentration gradient, thereby inducing
uphill transport (i.e., transport from low to high concentrations) of multivalent ions [27,
28]. However, the lack of such substantial concentration gradient in the BPMED-based
carbon capture cell generates a different case, where the impact of the membrane type
needs to be studied.

In the BPMED-based in-situ mineralization method, when using real seawater as
feed, the inorganic fouling in the alkaline pH (≥ 9) increases the cell voltage drastically,
see Chapter 4. Therefore, this work focuses on controlling the inorganic fouling (i.e.,
scaling), in particular, the carbonates and hydroxide minerals that form at pH between
9 and 12. Considering the low pH in the acidic channels (pH ≤ 4), no mineral scaling is
assumed to develop in acidic compartments.

As the fouling is dependent on the cell configuration and the choice of membrane,
we first compare the performance of CEM-BPM and AEM-BPM stacks when subjected to
a fouling scenario, rating the CaCO3(s) production and electrical energy consumption.
Other cell configurations including BPM-AEM-AEM [29] or ex-situ AEM-BPM-CEM [30]
are also possible. However, eliminating the third membrane in the cell-units reduces the
ohmic resistance in the cell, increasing the CaCO3(s) production per number of mem-
branes, and thus reducing the total stack electrical energy consumption, see Chapter 4.
In addition, we tune the ratio in applied current density and residence time combina-
tions to mitigate fouling via process control, and to induce accelerated fouling condi-
tions.

Unfortunately, even by applying scaling control strategies, fouling is inevitable and
must be removed physically or chemically. Fouling management strategies include (1)
membrane modification, (2) feed pre-treatment, (3) membrane cleaning, and (4) changes
in the process regime [19]. This work investigates membrane cleaning and changes in
the process regime. Various methods for cleaning of different membranes are reported in
literature including, polarity-reversal [31], reverse flow [32, 33], gas sparging [22], clean-
ing using CO2-saturated water [17], chemical wash [21], and flow rate increase [34]. How-
ever, data on fouling control/ removal for in-situ CO2 capture via BPMED is missing. The
membrane fouling cleaning methods in this work include air sparging, gaseous CO2(g)
sparging, cleaning using dissolved CO2(aq), flow rate increase, back-pressure applica-
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tion, and acid wash (using pure HCl acid or using the produced acid from the BPMED).
All cleaning strategies are compared using in-situ seawater decarbonization in BPMED
under accelerated scaling conditions.

5.2. MATERIALS AND METHODS

Prior to the experiments, the expected feed and outlet pH, possible minerals, and car-
bonate removal rate are simulated with Visual MINTEQ Ver. 3.1 at each current density
(i ) and cell residence time (tr ), following the calculation method presented in Chapter
4. Subsequently, experiments for fouling management are conducted.

5.2.1. REAGENTS AND MATERIALS

Synthetic seawater was made by dissolving pure salts in demineralized water, following
the procedure in Chapter 4, resulting in the same ionic composition shown in Table 4.1.
All reagents were of analytical grade acquired from VWR or Sigma Aldrich. During the
experiments, all solutions were kept at ambient lab temperature of 23 °C ± 2°C. To avoid
pre-precipitation (of e.g., CaCO3(s)) in the feed tank, two separate feed tanks were used
with their content mixed using T-connections just right before entering the electrochem-
ical cell, and not any sooner, see Chapter 4.

Solutions were pumped through the stack by peristaltic pumps (Cole-Parmer, Mas-
terflex L/S Digital drive, USA), through 6.0 mm OD PTFE tubing (EmTechnik). The pH of
the feed and outflow streams of the BPMED cell were measured every second, using Or-
bisit CPS11D-7BA21 pH probes connected to a Liquiline CM444 digital multiparameter
transmitter, both from Endress + Hauser, with an accuracy of ± 0.2 pH-units. The pH me-
ters were calibrated weekly. The pressure drop (∆p) between the inlets and outlets of the
acidic and alkaline compartments of the cell were measured using two pressure differ-
ence transmitters (Endress + Hauser). All membranes used in the BPMED cells were pro-
vided by FuMATech B.V. The FBM-130, FKB-PK-130 and FAB-PK-130 were used as bipo-
lar membranes (BPM), cation exchange membranes (CEM) and anion exchange mem-
branes (AEM), respectively. Electrodes of titanium mesh coated with platinum, provided
by MAGNETO Special Anodes B.V. (Schiedam, The Netherlands) were used in both cells.
The 10× 10 cm2 cell is provided by REDstack B.V., with integrated gasket mesh spacers of
400 ± 5 µm (Sefar 07-500/48 PETP netting with an open area of 48 % supplied by Aqua-
Battery B.V.) inserted in between the membranes to act as flow channels. In between
each tests, the stack (including the membranes and spacers) were cleaned with recircu-
lating HCl acid for several hours, followed by deminerlized water and 0.5 M NaCl flush.
The stack was opened weekly for inspection.
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Figure 5.1: Schematic representation of the BPMED cell. In case of the AEM-BPM configuration, all three
internal grey membranes (adjacent to the BPM’s) are AEM’s while for the CEM-BPM, they are all CEM’s. A
cation-exchange membrane (CEM) was used as a shielding membrane on the anode side, to avoid chlorine
leakage to the electrode rinsing solution (ERS). In case of using iron chloride as ERS, this shielding membrane
on the anode needs to be an AEM to avoid iron transfer towards the cell, and the 0.3 M Na2SO4 is replaced by
0.25 M FeCl2 + 0.25 M FeCl3 + 1 mM HCl solution. The symbols P, pH, and REF show the pressure difference
transmitters, pH sensors, and the Ag/AgCl reference electrode for cell voltage measurement. Feed tank 2 con-
tains CaCl2 and MgCl2 and Feed tank 1 contains remaining salts from Table (4.1). Two separate feed tanks are
used to avoid precipitation of the synthetic seawater prior to entering the cell as explained in Chapter 4.
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Depending on the cell configuration (Figure (5.1)) and the shielding membranes ad-
jacent to the electrodes, two different electrode rinsing solutions (ERS) were used: (1)
0.25 M FeCl2 + 0.25 M FeCl3 + 1 mM HCl with a conductivity of 71 mScm−1 and pH 1-
1.5, and (2) 0.3 M Na2SO4 (to allow the water redox reaction), with a conductivity of 38.3
mScm−1 and initial pH of 5-6. While the water electrolysis requires at least 1.23 V, the
iron couple is a reversible ERS, requiring 0 V of standard potential thus minimizing the
total cell voltage and energy consumption of the process [35]. To exclude the (water) re-
dox voltage from the measurements, two Ag/ AgCl reference electrodes were submerged
inside of the electrode rinsing solution (ERS) compartments (unless stated); where the
potentiostat (Ivium Technologies B.V.) measured voltage between the two reference elec-
trodes, excluding the reactions on the electrodes (i.e., the four-electrode connection).

5.2.2. EXPERIMENTAL PROCEDURE
The scaling buildup was measured by inline measurements through monitoring the:

1. Pressure difference (∆pB ase ) development over time, between the inlet and outlet
of the base compartments,

2. Development of the total cell-voltage over time,

3. The stack resistance, measured via current interruption (supporting information
5.5).

The development of pressure difference (∆p) between the inlet and outlet of the acid
compartments over time was also monitored, but stayed constant during all experi-
ments, confirming that no scaling builds up in the acidic compartments. For simplicity,
summary of the applied fouling management strategies is given in Table 5.1, while the
supporting information 5.5 provides a detailed description of each method.

Table 5.1: Summary of the applied strategies for fouling control (blue) and fouling removal, showing the ap-
plied current density i , flow rate per compartment q , and the cell residence time tr parameters. The reference
case and accelerated fouling conditions are also shown. The detailed description of each strategy is given in
the supporting information 5.5.

Strategy Configuration i
mAcm−2

q
mlmin−1

tr [s] Remarks

Reference case BPM-CEM,
BPM-AEM

5 72 2.4 CaCO3(s) is formed but
scaling buildup rate is
slow

Accelerated foul-
ing

BPM-CEM,
BPM-AEM

12.5, 15 24, 72 7.3, 2.4 Scaling buildup rate
is fast due to the high
charge density

Membrane con-
figuration

BPM-CEM,
BPM-AEM

5, 10,
12.5, 15

24,72 7.3, 2.4 Effect of cell-
configuration and i − tr
were studied
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Air sparging BPM-CEM 12.5 72 2.4 Air pressure: 1-4 barg, ev-
ery 10 min (for 5 s), with
the first sparge starting 5
min after the start of the
experiment

CO2(g) sparging BPM-CEM 12.5, 15 72, 24 2.4, 7.3 CO2(g) pressure: 2 bar or
3 bar, every 5 min, for 5
s or for 3× 2s (combined
with back-pressure)

Saturated
CO2(aq)

BPM-AEM 12.5 72 2.4 60 s cleaning after 1 h of
experiment (Table S1)

Purge flow BPM-CEM 12.5 72 2.4 Purge flow (5× and 15× q)
every 10 min (for ca. 5
s), starting 5 min after the
start of the experiment

Back-pressure BPM-CEM,
BPM-AEM

12.5 72 2.4 Separately or combined
with gas sparging and
acid-wash, applied by
momentarily closing the
base-outlet valve

Acid wash BPM-CEM,
BPM-AEM

12.5 72 2.4 Diluted HCl (pH 1.5-2)
and BPMED-made acid
(pH 2.4-2.6) was used.
The effect of acid flow rate
was also studied (q = 0,
72, 144 mlmin−1).

ACCELERATED FOULING CONDITIONS

The accelerated fouling condition is developed by applying high current density i , at
each cell residence time tr , in the single-pass continuous process. Theoretically, at a
fixed tr , the concentration of the BPM-produced OH – ions increase linearly with i , Fig-
ure S5. Subsequently, the increase in the OH – ions concentration, convert more and
more bicarbonate ions HCO –

3 to carbonate ions CO 2 –
3 . After all carbonates are formed

and precipitated, increasing the OH – ions concentration (i.e., increasing i ) increases the
brucite (Mg(OH)2) precipitation linearly, while carbonates precipitation remains con-
stant, Figure S5. Assuming the linear relationship between the concentration of BPM-
produced OH – ions and applied current desnity i and the produced brucite Mg(OH)2(s)
vs. i , shown in Figure S5, and assuming the crystallization kinetics remain unchanged
with a higher current density (after the minimal pH-threshold as shown in Figure 4.2 is
reached), the accelerated fouling conditions suggests that (under the same tr ) running
the experiment for 1 hr under i = 15 mAcm−2 results in the same exposure to mineral
precipitation as that of 3 hr under i = 5 mAcm−2. To show the relation between the nor-
mal and accelerated fouling condition, the voltage buildup graph for the two cases (i.e.,
flow rates of q = 24 and 72 mlmin−1) vs. the charge desnity are compared in section
5.5.11.

Furthermore, after measurements of the removal of DIC, Ca2+, and Mg2+ ions and
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SEM/ EDS analysis in Chapter 4, it is concluded that carbonate and hydroxide minerals
are the main precipitation that take place, validating Figure S5.

However, in order to ensure if equal exposure to mineral precipitation results in the
same fouling rate and to ensure findings under the accelerated fouling conditions can
be considered as the final solution against scaling in in-situ BPMED-based carbon cap-
ture, the method of accelerated fouling needs to be validated with data from pilots, us-
ing real seawater for extended period of time. A combination of redesigned stacks, pre-
treatment, additional operational measures, and cleaning procedures might be the way
to restrict fouling at minimum cost [33].

5.2.3. DATA ANALYSIS
All the output from the base compartments was captured and stored in sealed storage
tanks/ bottles for at least 72 hours to allow mineral precipitation without the interfer-
ence of the atmospheric CO2(g). Thereafter, the sample was filtered through a 0.22 µm
(MF-MilliporeT M ) filter and analysed on Ca2+ and Mg2+ concentrations using induc-
tively coupled plasma analysis (ICP). The carbonate concentration in the filtered sam-
ple was determined via titration with 0.1 M hydrochloric acid HCl conform procedure of
section 4.6.

ELECTRICAL AND PUMPING ENERGY CONSUMPTION

The total energy consumption E in kJmol−1CaCO3(s) required for the in-situ mineraliza-
tion was determined using:

E =
∫ tend

t0
V I d t

mD IC
+

∫ tend
t0

(∆p Aci d +∆pB ase )qd t

mD IC
(5.1)

The first part of the equation describes the stack-electrical energy consumption, in which
V represents the total cell voltage (V), I the applied current density (A), t the experimental
duration between t0 and tend (s). The second part of the equation describes the pumping
energy in which ∆p Aci d and ∆pB ase are the pressure drop over the acid- and base com-
partments (Pa), respectively and q is the flow rate (m3 s−1), integrated over duration of
the experiment. The values are divided by the amount of moles CaCO3 captured during
the running time of the experiment (mD IC ), see Chapter 4. The cell-voltage (V) includes
the voltage required for the redox reaction, BPM-water dissociation, and the stack losses
including the ohmic and non-ohmic losses, see Chapter 3. Fouling increases both the
ohmic and non-ohmic resistances [18, 36].

FLOW VELOCITY AND CELL RESIDENCE TIME

The average flow velocity v (cms−1) inside the stack is calculated as [37]:

v = q

60× Ae f f
= q

60×W ×d ×ε (5.2)

where Ae f f in cm2 is the cross-section area of the feed channel involving the spacer
porosity (ε≃ 73 %, [-]), q the flow rate in the compartment in mlmin−1, W width of feed
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channel (= 10 cm for the used electrochemical cell), and d the spacer thickness ≃ 0.04
cm. The cell residence time tr in s is defined as:

tr = l

v
(5.3)

where l is the length of feed channel (parallel to the flow direction) = 10 cm and v the
average flow velocity v (cms−1) inside the stack. The used flow rate of q = 72 and 24
mlmin−1 in this work, create flow velocities of (rounded up) v 4.1 and 1.4 cms−1, and tr

of 2.4 s and 7.3 s, respectively.
The hydraulic Reynolds number Reh as a function of the average velocity of the spacer-

filled channel (Equation 5.2 but in SI unit of ms−1), hydraulic diameter dh (in m), and W
width of feed (in m) can be calculated via [37]:

Reh = ρ.v.dh

µ
, where dh = 4×ε

2
w + (1+ε)×Sv,SP

(5.4)

where ρ and µ are the density and viscosity of the feed (synthetic)seawater, respec-
tively (i.e., assumed to be ρ = 1021.57 kgm−3 and µ = 0.000943661 kgm−1s−1). Sv,SP is
assumed to be ≃ 18182 m−1 and is the specific surface of the feed spacer [38] (= feed
spacer surface divided by its volume, in this work roughly approximated by 4

dF
[39], with

dF the spacer filament thickness of 220 µm). Given the above inputs, the Reh in all ex-
periments stays Reh < 1000 indicating a laminar flow.

5.3. RESULTS AND DISCUSSION

5.3.1. EFFECT OF THE CELL CONFIGURATION
The AEM-BPM works remarkably better than the CEM-BPM cell with regards to the mag-
nitude of the scaling buildup (Figure 5.2). The cell voltage for the AEM-BPM cell does
not increase with time, while that of the CEM-BPM increases 4× within the same 1.5 h,
Figure 5.2 (A). Also, the pressure drop curve shows a substantially better performance
of the AEM-BPM configuration compared to CEM-BPM (Figure 5.2 (B)), although some
increase in pressure is observed even for the AEM-BPM case. Some fouling still does
occur which results in partially blocking the flow path and thus increasing the pressure
drop, observed after opening the cell in both cases, and visually seeing the white pre-
cipitation on the membranes and spacers surfaces (results not shown). The AEM-BPM
initially shows a slightly lower pressure drop, which is probably due to a stack-to-stack
variability.

As for the DIC removal, both cells show comparable carbonate removal performances;
ca. 79 % ± 8 % for the AEM-BPM and ca. 66 % ± 15 % for the CEM-BPM (at the end of a 2 h
experiments). As the removed carbonate is similar for both cases, and because the CEM-
BPM has much higher increase in the voltage and pressure drop compared to AEM-BPM,
it is obvious that the AEM-BPM is the preferred setup with regards to its lower energy
consumption (Equation 5.1). The reason is probably that in CEM-BPM cell, the fluxes
of Mg2+ and Ca2+ ions towards the base compartment through the CEM (under migra-
tion force) create a high concentration of these divalent ions on the CEM boundary layer
(i.e., concentration polarisation), increasing the saturation index of the carbonate (and
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hydroxide) minerals close to the surface of the CEM, increasing the (inorganic) fouling
rate. Such a scenario does not occur in the AEM-BPM cell, as the AEM suppresses the
cation transfer. We hypothesize that this concentration polarization causes inorganic
fouling at the CEM surface, in addition to fouling in the spacer channels. This also ex-
plains why both the cell voltage and pressure drop increase in the CEM-BPM case, and
only the pressure drop increases in the AEM-BPM case.

Figure 5.2: Comparison of the 3-pair CEM-BPM (+ACBCBCB-) and 3-pair AEM-BPM (+AABABAB-) cells with
regards to the total cell voltage (A) and the pressure drop over the base compartment (B). In both cases, the iron
couple was used as the electrode rinsing solution (ERS) with AEM as a shielding membrane next to the anode
(ERS flow rate q = 200 mlmin−1). (A) shows the total cell voltage including the redox- reactions (i.e., Vr edox is
theoretically zero due to the redox reversibility of the iron couple). Current density of i = 12.5 mAcm−2 and flow
rate of q = 72 mlmin−1 were used for both configurations. Note that for DIC-removal, a i = 5 mAcm−2 under
q = 68 mlmin−1 is adequate, see Chapter 4. Therefore, the used i = 12.5 mAcm−2 here shows an accelerated
fouling conditions.

5.3.2. EFFECT OF THE CELL RESIDENCE TIME AND APPLIED CURRENT DEN-
SITY ON SCALING BUILDUP

Assuming the thermodynamic equilibrium in the bulk, at base-pH ≥ 9.9, using Visual
MINTEQ simulations, more than 97 % of the dissolved inorganic carbon (DIC) can be
removed as calcium carbonate, see Chapter 4. After that point, any further increase in
the charge density (= I

qF = I tr
Ve f f F , see section 5.5.11), only increases the OH – ions con-

centration further, accelerating hydroxide containing minerals precipitation, Figure S5.
In the experiments, the total cell voltage (Figure 5.3) and pressure drop Figure S6,
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thus the scaling buildup, indeed increase with cell residence time tr and current den-
sity i . The increase of the cell voltage by scaling buildup is due to the increase of the
membrane ohmic- (Figure S2) and non-ohmic resistances (e.g., explained under section
5.3.5). In this work, the change in the stack ohmic resistances where much more signifi-
cant compared to that of non-ohmic resistances, Figure S2 and S3.

Comparing the scaling buildup under accelerated fouling conditions (i.e., q = 24
mlmin−1) to that of normal conditions (i.e., q = 72 mlmin−1) vs. "charge density × time"
show a similar growth rate for the later within the same time frame, Figure S7 and S8.

Figure 5.3: The measured experimental cell voltage (excluding the redox reaction voltage) vs. experiment du-
ration time for two cell configurations (A, B: CEM-BPM, and C, D: AEM-BPM), four current densities (red 15,
blue 12.5, grey 10, and black 5 mAcm−2) and two cell residence time (tr = 2.4 and 7.3 s, corresponding to flow
rates of 72 and 24 mlmin−1 per compartment, respectively).

The cell voltage increases with current density, due to the increase in the ohmic re-
sistances (Figure 5.3, voltage of red > blue > grey > black); this can already be seen in the
differences in initial voltages between the cases. Furthermore, the cell voltage increases
with time due to the mineral precipitations that take place inside of the cell. The increase
in the cell voltage vs. time due to this scaling buildup is the highest for the CEM-BPM
cell (Figure 5.3 (A, B)) due to the concentration polarisation of divalent cations close to
the surface of the CEM as explained under Figure 5.2.

In general, as the cell residence time tr decreases, the scaling buildup rate decreases
(Figure 5.3 (B, D) vs (A, C)), probably because the higher shear force associated with
the higher flow rate, mechanically, removes the fouling particles better [40–43] and/ or
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because a lower base-pH decelerates scaling buildup. A lower tr is thus preferred (as long
as the base-pH requirement is met for the bicarbonate ion to carbonate ion conversion
and the subsequent carbonate mineral precipitation, see Chapter 4). The measured/
simulated bas-pH for each experiment shown in Figure 5.3 is very comparable and all at
pH > 9.9. The charge density associated with each i − tr is shown in Table S3.

Higher current density creates a higher base-pH, promoting the mineral precipita-
tion inside of the cell (including a higher hydroxide/ magnesium containing minerals
precipitation, Figure S5), and thus increasing the scaling buildup (Figure 5.3 from red to
black lines); which is undesired. The lowest current density of 5 mAcm−2 does not cre-
ate much fouling regardless of tr and cell configuration (Figure 5.3, black lines). A low
current density also has the added benefit of causing lower ohmic losses (i R), decreasing
the total cell voltage and eventually the electrical energy consumption (Equation 5.1).

From Figure 5.2 to Figure 5.3 it becomes evident that the AEM-BPM cell configu-
ration, in combination with high flow rate and current density of 5 - 10 mAcm−2 (i.e.,
charge density < 0.01 molL−1, Table S3) provides the best process setting to decelerate
scaling buildup for oceanic carbon capture. However, despite the decelerated scaling-
buildup explained above, fouling is inevitable when in-situ mineralization is initiated.
The stack pressure drop-increase vs. time graphs clearly reveals the presence of scal-
ing in all cases, Figure S6. As the fouling is inevitable even under controlled fouling
strategies, fouling removal techniques are required. The performance of each cleaning
method is discussed below.

5.3.3. AIR SPARGING

Air sparging under 1 barg injection pressure was not sufficient as gas bubbles got trapped
inside of the stack, not exiting the cell, Figure 5.4. The air sparging experiments show
a similar trend for voltage and ∆pB ase , increasing with time, just as the reference ex-
periment (Figure 5.4), suggesting that the air sparging did not clean the BPMED stack-
base compartments. Not only does the air sparging not recover the cell voltage/ pressure
drop, it even increases them slightly after each injection (Figure 5.4 (A,B)-spikes and the
slightly higher value after each spike). Such increase is probably due to presence of stag-
nant bubbles remaining trapped in the stack after every air injection, which is reported
to increase the stack resistance in prior studies [17] as air has much lower electrical con-
ductivity that the feed synthetic seawater (i.e., ca. 10−14 [44] vs. ca. 5 Sm−1). At the
end of each air injection, an effort was made to remove stagnant bubbles from the stack
by applying back-pressure through closing a valve located on the outflow of the base
compartments (creating pressure buildup of 2-3 bar), but no decrease in the voltage nor
∆pB ase was achieved.
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Figure 5.4: Air sparging under 2 (black) and 4 barg (red) done for the BPM-CEM configuration (i = 12.5
mAcm−2 q = 72 mlmin−1), done every 10 min for 5 s, with the reference experiment (i.e., no sparging ap-
plied) shown in grey. (A) cell total voltage and (B) pressure drop over the base compartments vs. time. Each
set experiment is done three times. The graphs show the average of three repetitions. In (B), the standard error
(= standard deviation/square root of 3) for the reference experiment (light grey) and the 4 barg experiment (in
pink) are shown, the case of 2 barg (black) has a standard error of ca. 42 mbar. For (A), the standard error are
ca. 0.7-0.9 V for all lines.

Furthermore, increasing the air pressure from 2 to 4 barg does not improve the clean-
ing efficiency (Figure 5.4), probably due to the formation of channels between the spacer
material (figure S13); if channels are formed, the air chooses the ‘way of least resistance’
and only sparges the channels but not the rest of the compartment, particularly the
edges and corners, being ineffective in scaling removal. However, air sparging has been
shown effective in reverse electrodialysis (RED) where the use of profiled membranes
made spacers obsolete [18], suggesting the important role of the spacers in fouling re-
moval strategies.

As a final attempt for sparging in the spacer-filled channels, a pulsed injection was
applied, as literature suggests an extra shear force can push out the deposited fouling
[17]. Therefore, sparging 3× 2s (i.e., pulse injection) instead of 1× 5s (Figure 5.4) was
applied. However, still no improvement in the efficiency of the cleaning removal is seen,
Figure S10.
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5.3.4. CLEANING WITH CARBON DIOXIDE
Sparging of gaseous carbon dioxide is reported to be more effective in scaling removal
compared to the air sparging [17]; the CO2(g) has the benefit of lowering feed-pH (upon
CO2 dissolution) and thus dissolving carbonate and hydroxide minerals, chemically. The
effectiveness of gaseous CO2(g) sparging in fouling removal is evaluated for 1× 30s (Fig-
ure S9) and 3× 2s sparging modes, Figure 5.5.

Figure 5.5: Gaseous CO2 sparging regimes for fouling removal in the CEM-BPM cell. (A) The total cell voltage
increase, (B) pressure drop increase over the base compartments, and (C) bulk-pH in the outlet from the base
compartment versus time with regards to the reference experiment (i.e., no cleaning method, grey line) are
shown. The dissolved inorganic carbon (DIC) removal is measured at the end of experiment via HCl acid
titration method.

The total cell voltage and ∆pB ase increase for the reference experiment as expected,
Figure 5.5, grey line. Logically, this increase is higher under the accelerated fouling
condition of Figure S9 compared to Figure 5.5; the higher scaling buildup is a result of
3.75× higher concentration of the BPM-produced OH – ions in the base compartment,
which increases the precipitation rate of hydroxide containing minerals (particularly
Mg(OH)2). For the reference experiment, the base-pH remains around pH 10 (Figure 5.5
(C)) due to the in-situ mineralization that takes place inside of the base compartments
of the cell, reducing and stabilizing the bulk-pH, see Chapter 4.

CO2(g) sparging increases the cell voltage and ∆pB ase compared to the reference ex-
periment, probably due to the trapped gases in the stack, Figure 5.5 (A, B)-red line. Upon
each sparging, a spike in the voltage and ∆pB ase curves and a sudden drop in the base-
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pH are seen, Figure 5.5 and S9. The three downward spikes in Figure 5.5 (B), at ca. 1050 s
and 1500-2000 s, are due to application of a back-pressure in an attempt to release pos-
sible trapped gas. As a result, part of the trapped gas probably does leave the cell as can
be confirmed by a flattened curve at the same time in the voltage buildup, Figure 5.5 (A)-
red. The pH lowers after each ‘sparge’ as CO2 lowers the pH when it is dissolved into the
feed, subsequently dissolving part of the previously formed scaling, Figure 5.5 (C).

However, the gaseous CO2 sparging under the setting of Figure 5.5 does not remove
the scaling and even results in higher voltage and pressure-drop values. On the bright
side, increasing the CO2(g) concentration in the stack, by applying a longer sparging time
of 30 s (instead of 3× 2s) and a 3 bar-CO2(g) pressure (instead of 2 bar), cleans the stack
significantly even under accelerated scaling condition, Figure S9. It must be noted that
in practice, applying longer sparging times and higher gas pressures are less economical
due to the higher amount of CO2(g) that is needed.

The CO2(g) sparging does not (fully) recover the initial BPMED-performance and it
even results in a negative DIC removal. When using CO2(g)-sparging, the scaling buildup
rate is equal or worse compared to the reference case. Furthermore, as the negative DIC
removal goes against the main function of the BPMED-based oceanic carbon reduction
(OCDR), and because CO2(g) sparging does not recover the stack conditions to its initial
state anyways, it is ruled out for scaling removal for this technology.

As for other methods of cleaning with carbon dioxide, CO2(aq) saturated water clean-
ing for fouling mitigation has been shown effective for microfiltration (MF), ultrafiltra-
tion (UF), nanofiltration (NF), reverse osmosis (RO), electrodialysis (ED), and reverse
electrodialysis (RED) [17, 18, 45]. However, in the BPMED stack, the injection of the
demi-water saturated with (dissolved) CO2(aq) as fouling removal still does not recover
the pressure drop of the AEM-BPM cell nor decreases the irreversible voltage drops, Fig-
ure S11.

5.3.5. TEMPORARY INCREASE OF THE FLOW RATE: PURGE FLOW

Higher flow rates lead to higher velocity gradients which leads to higher wall shear stresses
[46, 47], often cleaning the surface fouling through physical cleaning in membrane stacks
[40–43]. In general, places in the stack compartments were the flow velocity is low (e.g.,
in spacer knits) are also reported to be more prone to fouling [36, 48]. Furthermore, a
higher flow velocity enhances mixing in the compartments, reducing the thickness of
the diffusion boundary layer (proportional to the flow velocity (v1/3) if Reynolds number
< 1000), possibly lowering voltage-losses [49, 50]. However, A sudden temporary increase
in the flow rate of the BPMED-stack does not recover the cell voltage and ∆pB ase com-
pared to the reference experiment, Figure 5.6.
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Figure 5.6: Development of the (A) cell voltage and (B) ∆pB ase with time vs. the reference experiment (i.e.,
no cleaning method applied, grey line). All experiments were conducted for BPM-CEM cell, under i = 12.5
mAcm−2 and flow rate of q = 72 mlmin−1 per compartment. Sudden short flow rate increase of 5× (black) and
15× (red), applied every 10 min (for 3-5 s using the pump "prime" option), are compared (vertical grid lines
in (A) indicate the purging intervals). The error bars show the standard error between two repetitions with the
dark lines showing the average of two repetitions. The standard errors for the reference experiment, 5× flow,
and 15 × flow are shown in light grey, dark grey and pink, respectively.

In the first half of the experiments, application of the sudden-flow rate-increase does
not change the cell voltage-time development compared to that of the reference experi-
ment with no cleaning. For the second half (as the scaling inside the cell increases), the
pump "priming" seems to even increase the cell-voltage slightly (ca. 10 %), Figure 5.6
(A). This difference is possibly resulted from various factors working against or in favour
of increasing the cell voltage. With fouling present in the stack, random flow channels
can form (Figure S13), resulting in a non-uniform flow velocity throughout the compart-
ment; in reverse electrodialysis (RED), such nonuniform distribution (of feed water), in-
creases the non-ohmic resistance due to depletion of ions in zones where the velocity is
lower [36], which subsequently can increase the cell voltage. In the BPMED case, channel
formation can speed up inorganic fouling deposition because in zones with low velocity,
OH – ions concentrations can increase (given the current density is uniform), causing
locally high base-pH. Such higher base-pH accelerates (the thermodynamic and kinet-
ics of) precipitation of hydroxide/ carbonate containing minerals, see Chapter 4. Upon
such initial precipitation, the energy barrier for further deposition of e.g., Ca2+, Mg2+,
CO 2 –

3 or OH – ions lowers, enhancing the growth of the precipitates even more [51], ac-
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celerating the fouling in whole. We hypothesize the latter to be the cause of increase in
the cell voltage upon "priming" the pumps. As for ∆pB ase , no significant differences be-
tween the cases exist, except that the higher flow rates create momentary spikes of high
∆pB ase which is expected (as mathematically, ∆p increases with linear velocity v in lam-
inar flow regime Reh < 1000 [39, 52]). Finally, at the end of the experiment, it seems like
∆pB ase for 15× flow rate is slightly higher than the other two cases (ca. 150-200 mbar vs.
the reference case), which can confirm the above hypothesise of the accelerated fouling
in high base-pH under a temporary high flow rate.

5.3.6. APPLICATION OF BACK-PRESSURE

During application of a back-pressure, the outflow is temporarily interrupted, which
causes a pressure buildup in the cell. Applying such back-pressure can decelerate fouling
buildup because the flow rate is suddenly increased (more sudden than when priming)
upon re-opening the outlet. Indeed, applying a back-pressure decelerates the rising rate
of both voltage and pressure drop slightly (by 20 % and 100 % , respectively), Figure 5.7
(A-B).

Figure 5.7: Comparison of (A) the cell total voltage and (B) pressure drop vs. time with the reference experiment
(i.e., no cleaning method, grey line). All lines are averaged for two repetitions with back-pressure (i.e., red
lines) being applied every 10 min for 3× 5s (with stack maximum pressure of ca. 3 bar reached upon closing
the valve). A stack with cell configuration of +CCBCBCBC-, under i = 12.5 mAcm−2 and flow rate of q = 72
mlmin−1 per compartment is used. The spikes in (B) show the sudden outburst of flow upon opening the
valve. The error bars show the standard error of the two repetitions.
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Upon closing the valve,∆pB ase becomes almost zero as the flow is temporarily stopped,
Figure 5.7 (B). After re-opening the valve, ∆pB ase increases substantially due to the tem-
porarily high flow flushing out of the stack (spikes in Figure 5.7 (B)). The application
of the back-pressure partially removes the scaling probably by mechanically removing
the inorganic fouling due to the (temporary) very high flow rate (and thus high shear
force [43]) that it induces upon reopening the valve. However, cleaning via applying a
back-pressure does not fully restore the stack performance (i.e., cell-voltage and ∆pB ase

increase with time regardless), and hence is not sufficient as a method to remove inor-
ganic fouling, fully. However, it may be combined with other inorganic fouling removal
methods to increase their effectiveness.

5.3.7. ACID WASH: HCL VS. BPMED-PRODUCED ACID

Acid wash for fouling removal was applied in several modes (e.g., synthetic HCl solution
vs. acid produced by the BPMED, and its flow rate ranging between 0 - 200 mlmin−1).
In all acid wash cleaning experiments, the base-pH and the pressure drop in the base
compartment decrease upon the wash, Figure 5.8 and S12. Upon the acid wash, base-
pH decreases, enabling the scaling dissolution and thus fouling removal. As a result,
∆pB ase recovers to its initial value; in Figure 5.8 (A), the initial ∆pB ase at the beginning
of the experiment is 500 mbar, while after the acid wash (of ca. 15 min) ∆pB ase becomes
590 mbar, showing > 80 % recovery, suggesting a very effective cleaning.

As for the reproducibility of data over multiple cycles, it must be noted that even un-
der the same base-pH, cell configuration, and process parameters i and q , the location
and amount of scaling, and thus the development of∆pB ase are not identical (Figure S12
vs. 5.8), but all show almost full recovery upon a HCl-acid wash. It can also be seen that
the ∆pB ase increases much more steeply in Figure S12 compared to 5.2 (B), even though
the process parameters are identical. Such a difference might be due to e.g., the spacers
aging which can alter their physical form, affecting the scaling rate. To ensure optimal
cleaning, the cleaning time needs to be adjusted for each case individually. The required
time for the acid wash and the amount of moles of H+ ions needed vs. the pressure-
recovery are compared for both cells AEM-BPM and CEM-BPM stacks, Figure 5.9.
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Figure 5.8: The development of the pressure drop (A) and base-pH (B) prior and during an acid wash for AEM-
BPM configuration, using hydrochloric acid HCl with pH 1.5 and a flow rate of q = 72 mlmin−1 per com-
partment for the scaling removal. The cell was ‘scaled’ the first hour under i = 12.5 mAcm−2 applied current
density and q = 72 mlmin−1 per compartment. After 3600 s, the current is turned off (thus, no voltage curve
is measured/ shown during the cleaning). The acid wash starts (at 3864 s). Spikes during the acid wash show
application of an (optional) back-pressure.
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Figure 5.9: (A) Recovery of the stack pressure drop and (B) cleaning time required to achieve the shown pressure
recovery upon acid wash vs. the amount of moles H+ needed during the cleaning for the AEM-BPM cell (orange
area) and BPM-CEM stack (white area). The cleaning time was noted when the pressure drop stabilized and
would not decrease with time any further. Results are the average of two repetitions and the error bars show
the standard errors between the repetitions.

In general, the pressure drop recovery for the AEM-BPM cell increases with the moles
H+ ions used (Figure 5.9 (A)-orange area); this is logical as "more H+ used" reduces the
base-pH more, enhancing the scaling dissolution. "Moles of H+ ions used" is calculated
via:

cleaning time× acid flow rate× H+ ions concentration of the used acid.
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The fouling removal with HCl acid delivers a higher ∆pB ase recovery (by 20 – 40 %
difference) in a 2-3× shorter time scale compared to the BPM-produced acid, Figure
5.9 (A, B)-red vs. blue bullets. These differences are probably due to the presence of
various ions (e.g., Ca2+ and Mg2+ and DIC) in the BPM-produced acid that hinders the
mineral dissolution and creates spots of high concentration (i.e., high mineral saturation
index). Such higher ionic composition/ concentration increases the cleaning time and
decreases the removal efficiency. Furthermore, the slightly higher efficiency of the HCl
acid in scaling removal compared to the BPMED-acid can (also) be due to its lower pH
(pH 1.5 vs. 2.4), which translates into ca. 8× higher H+ ions concentration in the HCl
acid.

Both used acids enable a chemical cleaning by dissolving the scaling. Increasing the
acid flow should also contribute to an enhanced physical cleaning [40–43]; this can be
seen as q = 144 mlmin−1 HCl wash delivers 20 %-higher ∆pB ase -recovery compared to
the q 72 mlmin−1 HCl-wash, Figure 5.9 (A)-orange area. However, for the BPMED-acid,
the opposite holds as a higher flow velocity v (i.e., flow rate) worsens the cleaning slightly
compared to the 2× lower v . As for the reason, it must be noted that scale formation is a
multi-step complex process that involves nucleation, adhesion, and growth [53, 54]:

When removing the scaling mechanically, understanding the nucleation and crystal
growth combined with hydrodynamics of the fouling-removal method is complex [55].
This complexity is reflected in different studies where contradictory results of higher
scaling rates have been observed both in systems with increased [56–58] and reduced
[59–63] fluid velocities and shear stresses. Theoretically, the flow velocity (v) has a dou-
ble effect on surface fouling [64], affecting the fouling deposition rate (i.e., proportional
with the flow velocity) and its removal rate [64]. The fouling factor (in heat exchang-
ers) is reported to be more sensitive to the flow velocity at low flow velocities with the
sensitivity decreasing by increasing the flow velocity [64], this is observed in BPMED,
as well [65]. From another point, in many membrane bio-film studies, a high hydrody-
namic shear stresses makes the bio-film denser and thus more difficult to remove [66–
70], which could also be the case for scaling here. We hypothesize that the effect of higher
DIC, Ca2+, Mg2+ ions concentration of BPMED-produced-acid on hindering the mineral
dissolution (or even mineral compacting) overshadows the positive effect of a higher
shear force for cleaning the scaling (i.e, detaching from the surface of the membrane/
mesh-spacer) [55]; explaining why a higher flow rate in the case of the BPM-acid lowers
∆pB ase recovery instead of improving it, Figure 5.9, blue markers.

When comparing the HCl with BPM-acid for the AEM-BPM cell (Figure 5.9 (A)-red
vs. blue markers), the gain in∆pB ase recovery in case of the HCl is not much higher than
the latter. However, more than 2× the amount of H+ ions is needed for cleaning with
HCl compared to the BPM-acid. This can be clearly seen for q 72 mlmin−1, where 80 %
∆pB ase -recovery using HCl vs. 73 % using BPM-produced-acid are obtained, while the
amount of moles of H+ ions used are 0.08 vs. 0.025, respectively. Furthermore, while no
external chemicals/ costs are associated with using the BPM-produced acid, the HCl so-
lution needs to be either bought separately or be produced with an additional BPMED
cell, increasing the costs. An alternative for minimizing HCl use is “soaking the cell in
HCl”, which is filling the base compartments with HCl and leaving the pumps off, allow-
ing time for mineral dissolution; if so, ca. 50 % of the scaling buildup is cleaned using the
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minimum amount of H+ ions (Figure 5.9 (A)), which lowers the cleaning-chemical costs
compared to the other cases.

As for the CEM-BPM cell, to achieve the same ∆pB ase -recovery, more than twice
higher H+ ions are needed compared to the AEM-BPM cell. This is due to the (much)
higher scaling buildup in the CEM-BPM stack (Figure 5.9 (A)-white area), as explained
under Figure 5.2.

To put the required H+ moles for scaling cleaning in perspective, both cell configu-
rations extract ca. 81 ± 1 % of the input DIC, resulting in production of ca. 0.023 moles
CaCO3(s) after 60 min of experiment (based on three base compartments), which is un-
fortunately the same number of moles as the amount of H+ required for cleaning via e.g.,
the “soak HCl” or BPM-acid 72 mlmin−1 in Figure 5.9 (A). Hence, a more efficient use of
the acid-wash should be studied in future work. On the bright side, it must be noted
that the cleaning here is done for the stack under accelerated scaling conditions (sec-
tion 5.5.9) of high current density of 12.5 mAcm−2 (with q = 72 mlmin−1). This is while
using similar flow rate, but a lower current density of e.g., 5 mAcm−2 is already shown
adequate for creating the required base-pH for DIC-extraction, see Chapter 4. We expect
that, using the same flow rate, the experiment under 5 mAcm−2 should be able to be
executed for at least 12.5

5 = 2.5× longer than that of 12.5 mAcm−2, before fouling removal
is needed.

Furthermore, as the electrical energy consumption (thus voltage) has a much higher
contribution to the final energy consumption than the pressure losses (Equation 5.1 and
Figure S4), the cleaning is required mainly when the cell voltage is increased (and not
necessarily the pressure drop). It is shown in Figure 5.2, that the cell voltage does not in-
crease for the AEM-BPM for ca. 2 hrs even under the accelerated scaling condition of 15
mAcm−2. In the worst-case scenario that the AEM-BPM cell voltage does increase dras-
tically after

[ 15
5 = 3

]×120 min = 6 hr of experiment under 5 mAcm−2 calling for an acid-
wash, the required H+ moles needed for cleaning is ≤ 17 % of the produced CaCO3(s),
making the cleaning step much more feasible.

5.4. CONCLUSION
This work investigates the fouling management scenarios to remove the mineral scaling
in the alkaline compartments of the in-situ bipolar membrane electrodialysis (BPMED) -
based oceanic carbon capture. The scaling buildup is measured indirectly through mon-
itoring the increase in the total stack voltage and pressure-drop (in the alkaline compart-
ments; ∆pB ase ). The rate of scaling buildup slows down by a (continuously) higher feed
flow rate in combination with lower current density, due to the lower base-pH that low-
ers the hydroxide precipitation kinetics. Controlling the i −tr combination in such a way
that the required base-pH for carbonate extraction is reached, but hydroxide containing
minerals are avoided, is an efficient fouling control strategy. As for the membrane con-
figuration, the stack voltage for the CEM-BPM configuration increases to 130 % within
30 min, while that of AEM-BPM remains constant for longer time, revealing beneficially
lower scaling potential for the AEM. As for cleaning methods, air sparging, CO2(g) sparg-
ing, CO2(aq) saturated water cleaning, back- pressure, flow rate increase (5× and 15×),
and acid wash (i.e., HCl solution and BPMED-based produced acid) are investigated. For
both membrane configurations, the acid wash showed the highest recovery. The acid
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wash using the BPM-produced acid (i.e., acidic seawater) needs no additional chemicals
and is thus more sustainable than cleaning with HCl solution, even though cleaning with
HCl results in a (slightly) higher recovery and shorter cleaning time. The back-pressure
as a solo method is not effective enough for fouling removal, but helps decreasing the
scaling rate. Air sparging increased the cell voltage and pressure drop even more because
of stagnant bubbles that got trapped within the cell-spacers. CO2(g) sparging does show
suppression of the voltage and pressure drop increase (even though no full recovery is
achieved), but causes negative DIC-removals, which is against the aim of the method
(i.e., carbonate extraction). Based on our results, a combination of AEM-BPM based cell,
operated under current density-flow rate combination that prevents pHB ase > 10 in the
base compartment, followed by an acid wash-combined upon increase in the cell volt-
age, allows to control fouling in the in-situ-BPMED based carbonate mineralization from
seawater.
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5.5. SUPPORTING INFORMATION

5.5.1. FOULING CONTROL: EFFECT OF CELL CONFIGURATION AND PROCESS

PARAMETERS

All experiments were carried out in a one-way single pass continuous mode. Four differ-
ent current densities of i = 5, 10, 12.5 and 15 mAcm−2 in combination with two different
flow rates of q = 24 and 72 mlmin−1 per compartment (i.e., cell residence time of tr = 7.3
and 2.4 s, respectively) were applied. These i − tr combinations were chosen in such a
way that the (simulated) alkaline pH is between 9.6 < base-pH < 11.9. Higher base-pH
was avoided to prevent precipitation of Ca(OH)2, while lower base-pH was not desired
due to the slow kinetics of mineral carbonate precipitation at pH < 9.5, see Chapter 4.

5.5.2. FOULING REMOVAL STRATEGIES

The effectiveness of fouling removal techniques was tested under accelerated scaling
conditions to account for the worst-case scenario where the cell was ‘pushed into scal-
ing’. To do so, a current density of i = 12.5 and 15 mAcm−2, cell residence time of tr = 2.4
and 7.3 s(i.e., q = 72 and 24 mlmin−1) per compartment were used.

5.5.3. GAS SPARGING: AIR AND CARBON DIOXIDE

When using gas sparging, various factors including the gas type, sparging regime (i.e.,
duration/interval), presence of spacers, and gas pressure affect the cleaning performance
[17, 22, 71–73]. In this work, gas sparging experiments were done with air and with
CO2(g), each in separate experiments. The gas was inserted into the feed using a T-joint.
Only the base compartments were sparged with gas, Figure S1.
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Figure S1: Illustration of the gas sparging in the base compartments (acid compartments were not sparged).
The output refers to measured parameters during the experiment which are logged and saved every second.
Gaseous CO2(g) and air were supplied from gas pipes present in the lab. An automated valve was used for the
gas which could be opened and closed according to defined interval and duration.

5.5.4. DISSOLVED CARBON DIOXIDE CLEANING

In addition to the gaseous CO2(g) sparging, the performance of CO2(a) saturated demi-
water is investigated for the AEM-BPM cell. A 5 L water bottle filled with demi-water was
purged with pure CO2(g) (pressure ca. 1.2 atm) with flow rate of 500 mlmin−1 for 10 min,
to reach pH 3.9. Carbon dioxide has a solubility in water of ca. 1.27 gL−1 at 1 atm at
25°C [17], that is reached at this pH (based on our MINTEQ calculations). After one hour
of experiments (under i = 12.5 mAcm−2 and q = 72 mlmin−1 per compartment with
+CABABAB- cell configuration), the current was turned off and the CO2(aq) saturated
water was injected into the base compartments with flow rate of q = 72 mlmin−1 per
compartment for 60 s. Using the potentiostat, the stack resistance before and after this
“cleaning” was measured. The experiments were done at least for 2 cycles, based on the
following current mode for each cycle (Table S1):

5.5.5. TEMPORARY INCREASE OF THE FLOW RATE IN THE BASE CHANNELS:PURGE

FLOW

The feed flow rate of the base compartments was increased every 10 min, starting 5 min
after the start of the experiment (for a 60 min experiment).
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Table S1: The current interruption scheme done using the potentiostat to measure the performance of the
cleaning method, by comparing the cell resistance before and after the cleaning.

Each cycle Time [s] Aim

open cell 60 To measure open circuit voltage (OCV)
12.5 mAcm−2 3600 Using AEM-BPM cell
open cell 60 To measure cell resistance before cleaning
open cell 60 Cleaning with CO2(aq) saturated water
12.5 mAcm−2 60 Using AEM-BPM cell
open cell 60 To measure cell resistance after cleaning

5.5.6. BACK-PRESSURE

Back-pressure was applied by briefly closing the valve located at the outlet of the base
channel while leaving the feed pumps on, causing pressure to build up in the base com-
partments (up to 3 bar measured with analog pressure gauge). By reopening the valve,
this pressure is released suddenly, pushing scaling out of the cell. The back-pressure was
applied every 10 min, for ca. 5 s, starting 5 min after the start of the experiment (for
experiments of 60 min).

The back-pressure was tested on its own, as well as in combination with gas sparging
and acid-wash methods to increase the cleaning performance.

5.5.7. CHEMICAL CLEANING: ACID WASH

A diluted hydrochloric acid HCl solution with a pH 1.5 - 2, as well as produced acid from
the BPMED cell with pH 2.4 - 2.6 (and thus including all ions present in synthetic seawa-
ter) were tested for the "acid wash". The advantage of the latter is that no external HCl
chemical is needed in the process. However, the disadvantage is that the presence of
Ca2+ and Mg2+ in the produced-acid can complicate the cleaning step by reacting with
anions e.g., OH – and CO 2 –

3 ions. Before testing the effectiveness of the acid-wash, 60
min experiments with i = 12.5 mAcm−2 and flow rate of 72 mlmin−1 per compartment
(tr = 2.4 s) were conducted first.

In addition to the CEM-BPM configuration, acid wash was also done for the AEM-
BPM configuration. For the CEM-BPM configuration, acid wash was done at high flow
rate of 200 mlmin−1 per compartment with HCl (lower acid flow rates were not sufficient
to clean the cell within 30 min).

For the AEM-BPM cell configuration, in addition to the type of acid used for cleaning,
the effect of the acid flow rate q was also investigated; acid feed was flushed with q = 72
and 144 mlmin−1 per compartment. Furthermore, back-pressure on the base channels
was applied to ensure the channels were filled with acid and to help pushing out any
undissolved scaling upon reopening the valve. The current was turned off during the
acid cleaning. The cleaning was performed until the pressure drop of the base channel
showed a stable value, not recovering any further. The efficiency of the cleaning method
was studied by measuring the amount of needed H+ ion moles and the required cleaning
time.

Finally, experiments were done where the base compartments of the cell were “soaked”
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in HCl for 5 min; meaning that the base compartments were filled with acid and then the
pumps were turned off (q = 0) for 5 min.

5.5.8. THE OHMIC RESISTANCE OF THE STACK, MEASURED VIA CURRENT

INTERRUPTION

Ohmic resistance is determined via the voltage-time curve; when the current is turned
off the Ohmic loss becomes zero by its definition. By comparing the i ×ROhmi c values
before and after the experiment, the Ohmic resistance increase was determined. As
an example, in Figure S2, the CEM-BPM configuration is much more prone to scaling
even under the same current and flow rate applications, as discussed in the main text
(∆ROhmi c in Ω in Table S2). The initially higher resistance of the CEM-BPM is probably
due to the aging of the charged membranes due to usage [74]. The remaining voltage
(after the current is turned off) shows the non-ohmic voltage, which as can be seen in
Figure S2, remains the same for AEM-BPM and CEM-BPM configurations.

Figure S2: Ohmic resistance before and after a 30 min experiment, measured through current interruption.
These experiments were done for 72 mlmin−1 per compartment under 12.5 mAcm−2 applied current density.

Similarly, the difference in Ohmic resistance before and after the experiments for all
16 experiments of cell configuration i − tr comparison is shown in Figure S3.
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Table S2: Increase in Ohmic resistance for Figure S2. The active membrane size is 100 cm2.

Values [Ω] For the AEM-BPM For the CEM-BPM

ROhmi c before scaling takes place [Ω] 0.8 1.18
ROhmi c after the stack is scaled [Ω] 0.88 1.7
∆ROhmi c [Ω] 0.03 0.53

Figure S3: The difference in (A) Ohmic resistance (∆ROhmi c ) and (B) remaining (non-Ohmic) resistances after
30 min experiment between the two tested cell configurations. The average of two repetitions (standard error
included with error bars) are shown. Flow rates of q = 72 mlmin−1 and 24 mlmin−1 show a cell residence time
tr of 2.4 s and 7.3 s, respectively. Four different current density of 15 mAcm−2 (red), 12.5 (blue), 10 (grey), and
5 (black) are shown.

The higher Ohmic resistances (i.e., voltage loss), increases the electrical energy con-
sumption while a higher scaling buildup increases∆pB ase and thus the pumping energy.
However, the stack-electrical energy is much higher than the pumping energy, making
the cell voltage a more important parameter to set the fouling strategies on compared to
∆pB ase . In experiments shown in Figure S4, no attempt in decreasing the stack-electrical
energy consumption is made and the values in kJmol−1CaCO3(s) should not be seen as
an indication of an optimised process (see Chapter 4), but only to show the ratio of the
stack-electrical energy consumption to that of pumping.
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Figure S4: Total electrical energy consumption (Equation 5.1) for the AEM-BPM and CEM-BPM configuration
for experiments of 30 min, under cell residence time of tr 2.4 and 7.3 s (i.e., q = 72 and 24 mlmin−1, respec-
tively) and applied current densities of i of 5, 10, 12.5 and 15 mAcm−2 (from left to right). Distinctions are
made between stack-electrical energy (dark colour) and pumping energy (light colour). The red (right) y-axis
shows the DIC-removal (%) measured via HCl-titration (see 4.6). The markers are the average of two repeti-
tions with the standard errors included via the error bars. For the AEM-BPM configuration at i = 5 mAcm−2,
the measured DIC is very low at 20 - 30 %, even though longer experiment of ca. 60 min always enable a higher
DIC-removal ca. 80 %, thus reducing the stack-electrical enegy consumption by a factor of 3.

5.5.9. ON THE ACCELERATED SCALING CONDITION

The water dissociation reaction (i.e., H+ and OH – ions production via the BPM) increases
with current density and cell residence time, Figure S5. As a result of this increase of
the OH – ions concentration, the pH in the alkaline compartment increases, converting
bicarbonate ions to carbonates, increasing the saturation index of carbonate ions and
enabling its carbonate minerals precipitation, subsequently. The simulated alkaline pH
(before any precipitation takes place) ranges between pH 9.9 - 11.9, increasing with cur-
rent density and cell residence time. Thermodynamically, at pH ≥ 9.9, more than 97 %
of the dissolved inorganic carbon (ca. 0.0021 mM CaCO3(s)) can be removed as calcium
carbonate (see Chapter 4). The excess OH – will precipitate as hydroxide mineral, mainly
as brucite Mg(OH)2(s). For alkaline pH ≥ 9.9, the higher the current density and cell res-
idence time (i.e., higher alkaline pH), the more brucite precipitates, while CaCO3(s) pre-
cipitation remains constant, Figure S5 (B). Due to the fast kinetics of brucite Mg(OH)2(s),
it is thus expected that the i−tr combinations that establish higher alkaline pH, generate
more scaling inside of the cell.
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Figure S5: The simulated thermodynamic equilibrium in the bulk showing (A) OH – and H+ ions production
via water dissociation and (B) mineral precipitation (in the base compartments) at each current density and
cell residence time (tr ). The cell residence time tr of 7.3 s and 2.4 s correspond to flow rates of q = 24 mlmin−1

and 72 mlmin−1 per compartment, respectively. Calculations are done assuming ionic compositions conform
Table 4.1, 100 % BPM current efficiency, ideally selective membranes, Na+ and Cl – ions as main charge carriers
(over the CEM and AEM, respectively), following procedure in Chapter 3 and 4).In (B), the calcium carbonate
precipitation remains the same for both cell residence time. The simulations show an upper limit as the effect
of kinetics and locally different pH inside the stack are not considered.
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5.5.10. EFFECT OF PROCESS PARAMETERS ON THE PRESSURE DROP

Figure S6: The measured experimental ∆pB ase vs. time for two cell configurations (A, B: CEM-BPM, and C, D:
AEM-BPM), four current densities (red 15, blue 12.5, grey 10, and black 5 mAcm−2) and two flow rates (q = 72
and 24 mlmin−1 per compartment). The error bars are the standard deviation between two repetitions. (E)
shows the change in ∆pB ase at the end of each experiments compared to its initial value.

∆pB ase increases with applied current density and tr as the result of scaling in the base-
compartments. The increase in % is calculated via:

∆pB ase [%] = ∆pt −∆pt0

∆pt0

(S1)

∆pt0 is the initial ∆pB ase at the start of the experiment t0 = 0.

5.5.11. CHARGE DENSITY
The charge density can be calculated via:

Charge density = I

qF
= I × tr

Ve f f F
(S2)

Where the charge density is in molL−1, I is the applied current in A, q the flow rate in
Ls−1, F the Faraday constant of 96485 Cmol−1, tr the cell residence time in s, Ve f f the
effective compartment volume in L. Here Ve f f = Vtot ×ε, with ε the spacer porosity [-],
and Vtot the total compartment volume in L Vtot = l ×W ×d resulted from multiplying
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the compartment length, width and thickness (see Table S3). The spacer porosity ε is
calculated using the spacer’s volume Vsp (through its weight 150 gm−2, area 100 cm2,

and density 1.38 gcm−3) via ε= 1− Vsp

Vtot
[39], where Vtot is the total cell volume equal to

4 ml.

To compare the scaling buildup under accelerated fouling conditions (e.g., q = 24
mlmin−1), the graph of cell voltage (for the stack with BPM-CEM configurations) vs. the
charge density×time is shown in Figure S7. The cell voltage is corrected for the ohmic
voltage by subtracting the initial voltage (Vi ni ) at each step to account for the effect of the
current density on voltage. For the AEM-BPM stack, the voltage values change within 10
mV range, not enabling a comparison between the different current density cases, but
the pressure drop increase graph demonstrate the relation between the accelerated foul-
ing conditions (A. C) and the normal conditions (B, D), Figure S8. The values of charge
density are shown in Table S3.

Figure S7: The cell total voltage minus the initial voltage Vi ni (to correct for the effect of different current
densities on voltage) vs. the charge density × time for the CEM-BPM stack for (A) the accelerated fouling
condition under flow rate of q = 24 mlmin−1 and (B) the normal condition (with a zoomed in window shown).
the error bars show the standard errors between repetitions. Four different current densities of 15 (red), 12.5
(blue), 10 (grey), and 5 (black) mAcm−2 are used.
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Table S3: The charge density (in molL−1) at each flow rate and current density combination (in mAcm−2).
Flow rates of q = 72 mlmin−1 and 24 mlmin−1 show a cell residence time tr of 2.4 s and 7.3 s, respectively.

q [mlmin−1] 5 [mAcm−2] 10 12.5 15

Charge density at q = 72 0.0043 0.0086 0.0108 0.0130
Charge density at q = 24 0.0130 0.0259 0.0324 0.0389

Figure S8: The increase in the ∆pB ase vs. the charge density × time for the two configurations for (A, C) the
accelerated fouling condition under flow rate of q = 24 mlmin−1 and (B, D) the normal condition (with a
zoomed in window shown for B). the error bars show the standard errors between repetitions. Four different
current densities of 15 (red), 12.5 (blue), 10 (grey), and 5 (black) mAcm−2 are used.

5.5.12. RESULTS ON GAS SPARGING: AIR AND CARBON DIOXIDE

Gaseous CO2(g) sparging does not always remove the scaling, but its performance de-
pends on the sparge regime, Figure S9 vs. 5.5. However, for the oceanic carbon capture
via BPMED, such CO2(g) sparge results in negative DIC removals which goes against the
goal of carbon capture. CO2 sparging under 3 bar CO2 can suppress the increase of volt-
age and pressure drop, Figure S9 (A,B). Voltage and ∆pB ase increased ca. 50 % and 700
% less when CO2(g) sparging-cleaning was used compared to the reference experiment
where no cleaning was applied.
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Figure S9: Gaseous CO2 sparging regimes for fouling removal in the CEM-BPM cell. (A) The total cell voltage
increase, (B) pressure drop increase over the base compartments, and (C) bulk pH in the outlet from the base
compartment versus time (plus the DIC-removal) with regards to the reference experiment (i.e., no cleaning
method, grey line).
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Figure S10: Comparison of a air sparging with 3× 2s regime with that of 1× 5s between 3 and 4 barg sparg-
ing pressure, for (A, B) voltage and (C, D) Base-pressure drop using a CEM-BPM configuration under i = 12.5
mAcm−2 and q = 72 mlmin−1.



5.5. SUPPORTING INFORMATION

5

187

5.5.13. RESULTS ON DISSOLVED CARBON DIOXIDE CLEANING

Figure S11: Comparison of (A, B) The total cell voltage (excluding the redox voltage), (C) pressure drop increase
over the base compartments, and (D) bulk pH in the outlet from the base compartment (as well as the final
measured averaged DIC-removal, with 5 % error) versus time for the 3 cell-unit stack with configuration of
+CABABAB-. Scaling cleaning is done with dissolved CO2(aq) in demi-water. The CO2 saturated demi-water

is injected with pH 3.9 and q = 72 mlmin−1 per compartment (within the current turn-off period, Table S1),
after 60 min of experiment under accelerated fouling condition of i = 12.5 mAcm−2 and q = 72mlmin−1 per
compartment (tr = 2.4 s). (B) shows the zoomed in version of (A), with the cleaning time (60 s) and (irreversible)
ohmic-voltage loss contribution (measured via current-interruption) shown. OCV stands for the open circuit
voltage (i.e., the cell voltage when the current is turned off).

The cell voltage (Figure S11 (A, B)) using the AEM-BPM cell does not increase under pro-
cess conditions of Figure S11. However, the increase in the pressure drop over the base
compartment with time (Figure S11 (C)-blue) reveals scaling buildup in base-compartments.
At 3720 s, for a duration of 60 s (> 37× the cell residence time tr to ensure multiple times
stack-refill), CO2(aq)-saturated demi-water is pumped in the base compartments (in-
stead of the synthetic seawater feed), which causes a small jump in the pressure drop
curved (Figure S11 (C)) and a sudden decrease in pH of the base outlet (Figure S11 (D)).
At 4800 s, back-pressure is applied to enhance the cleaning (upon valve release), which
shows as a sudden spike in the ∆pB ase graph, Figure S11 (C).

However, the CO2(aq)-saturated demi-water flush does not recover the pressure buildup
in the base compartments, Figure S11 (C). Therefore, even though it is shown to be a very
effective fouling removal in RED [17], it does not clean the BPMED-stack. The reason
probably is the high OH – ions flux from each bipolar membrane into the base com-
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partment (i.e., (12.5−2.5) mAcm−2×100 cm2

96485 Cmol−1 ) ≃ 0.01 mmols−1), which increases the Base-pH
rapidly and promotes scaling precipitation. A longer cleaning interval might be able to
remove part of the fouling but comes with the expense of a reduced DIC-removal rate (as
explained under 5.3.4). Besides, for this cleaning method, demineralized water is needed
which adds to the required chemicals and thus the final carbon capture costs. Under the
setting of Figure S11, ca. 83 ± 5 % of the initial DIC was removed from the seawater which
is acceptable for OCDR. The DIC-removal is measured indirectly via titration with HCl
acid, according to the procedure in section 4.6.

5.5.14. RESULTS ON ACID-WASH

Figure S12: The development of the pressure drop (A, B) and base-pH (C,D) prior and during an acid wash for
two experiments with AEM-BPM configuration, using hydrochloric acid HCl with pH 1.5 and a flow rate of 72
mlmin−1 per compartment for the scaling removal. In both cases, the cell was ‘scaled’ the first hour under i
= 12.5 mAcm−2 applied current density and q = 72 mlmin−1 per compartment. After 3600 s, the current is
turned off (thus, no voltage curve is measured/ shown during the cleaning) and acid wash starts (zoomed in
B and D). Spikes during the acid wash show application of an (optional) back-pressure that can accelerate the
cleaning rate, thus decreasing the cleaning time.

In all acid-wash experiments, the pressure drop in the base compartment and the base-
pH decrease. The pH, cleaning time, and velocity of the acid determines the effective-
ness of the cleaning. Even under the exact same process parameters (i.e., i and q), the
amount and location of the scaling in the cell is not reproducible. This can be seen in
the pressure drop developments in Figure S12 (A) where, even though both experiments
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(shown in black and orange) are performed identically, one has a higher scaling buildup
and thus require a longer cleaning time (15 min vs. 8 min), S12 (B). This is despite the
fact that in both experiments similar base-pH is developed during the 3600 s of current
application S12 (C, D).

5.5.15. CHANNEL FORMATION INSIDE THE SPACERS

Figure S13: Channel formation on the alkaline compartments as result of scaling on spacers. The white arrow
shows the flow direction. Photos were taken after an experiment with q = 72 mlmin−1 flow rate and i 12.5
mAcm−2 applied current using a CEM-BPM configuration.
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6.1. CARBON DIOXIDE CAPTURE DEMANDS
To close the carbon cycle, sustainable CO2 capture and utilization are indispensable.
Current technologies for CO2 capture rely dominantly on absorption of CO2 from point
sources, where the absorbent is subsequently regenerated via energy intensive tempera-
ture swings, which imply a huge energy consumption when expanding capture towards a
net zero CO2 emission. When realizing that at least 35 % of CO2 emissions are decentral-
ized, we are facing a massive challenge for closing the carbon cycle. In that framework,
electrochemical technologies for CO2 capture, from the atmosphere and ocean, can play
an important role. Thankfully, globally, renewable electricity capacity is estimated to in-
crease by over 60 % between 2020 and 2026, reaching more than 4800 GW [1]. Currently,
most electrochemical methods are at early stages of development (i.e., TRL < 5) and are
still energy intensive. In this chapter, a broad context including carbon dioxide removal
(CDR) needs, economics and scaling considerations is given.

Despite the necessity of carbon capture, utilization, and storage (CCUS, Figure 6.1)
for climate change mitigation, implementation of CCUS has been very slow; the an-
nual global CO2 capture capacity in 2021 was ca. 40 MtCO2 yr−1, with majority (ca. 28.5
MtCO2 yr−1) resulting from natural gas processing [2]. However, for emissions that can-
not be avoided or reduced directly, direct air capture (DAC) or indirect ocean capture
(IOC [3]) must be implemented. Currently, the 19 operating DAC plants worldwide (in
2021) only enable a capture capacity of ca. 0.01 MtCO2 yr−1 [4]. This is while to reach
carbon neutrality by 2050, CCUS must increase to at least 4 GtCO2 yr−1 already by 2030
(see Chapter 1), and DAC needs to increase to ca. 86.5 MtCO2 yr−1 [4]; that is at least
100× more than the current global capacity.

The slow CCUS take off is mainly due to the high cost involved with available tech-
nologies [5]. Unfortunately, current climate policies like carbon pricing are not enough
to make CCUS economically attractive. However, in the pursuit of carbon neutrality, we
cannot afford to dismiss CCUS technologies only on cost grounds. Since the current en-
ergy transition lacks a “market pull” for making this transition fast enough, an additional
technology “push” is needed. Developing CCUS technologies, even if they are currently
too expensive, can act as that required “push”, in addition to the market pull. Thank-
fully, experience shows that CCUS can become cheaper as the technology develops; for
example, the cost of CO2 capture from large-scale coal-fired power plants has decreased
from 110 $t−1CO2 in 2014 (Boundary Dam) to 65 $t−1CO2 in 2017 (Petra Nova) [5]; future
capture cost is estimated close to 45 $t−1CO2 in 2025-2027 [5].

The CO2 capture step is the most expensive step in the overall CCS cost; depending
on the capture source, the higher the CO2 concentration, the lower the capture costs.
For instance, the carbon capture cost varies from 15-25 $t−1CO2 for highly concentrated
flue gas streams (e.g., ethanol production or natural gas processing) to 40-120 $t−1CO2
for more dilute flue gas (e.g., cement production and power generation) [5]. However,
to address decentralized emissions, or to obtain negative emissions, CO2 needs to be
removed from the environment: i.e., from ocean/ sea/ rivers or atmosphere. Direct air
capture (DAC) is currently the most expensive approach estimated to be anywhere be-
tween 100-1000 $t−1CO2 (see Chapter 2). Data on oceanic carbon capture is limited but
estimations show that it can be cheaper or more expensive than DAC, depending on the
plant location and design [6].
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Figure 6.1: Simple classification of pathways for CO2 capture, use and storage (CCUS). Adapted from [2].

Around 230 MtCO2 yr−1 of CO2 are used globally, primarily to produce fertilizers (around 125 MtCO2 yr−1)

and for enhanced oil recovery (around 70-80 MtCO2 yr−1) [2].

6.2. THE in-situ VS. ex-situ PROCESS
The oceanic dissolved inorganic carbon can be extracted electrochemically by applying
a bipolar membrane-based pH-swing; gaseous CO2(g) can be recovered from the acidic
stream (i.e., pH < 5) by e.g., use of a membrane gas-liquid contactor while solid carbon-
ate minerals can be recovered from the base stream (i.e., pH > 9.5). The process can be
done ex-situ [3] or in-situ [7] (see Chapter 4), as shown in Figure 6.2 (A) and (B), respec-
tively.

In an ex-situ process, mixers assembled in seawater-tanks or separated parts of the
ocean ensure gradual addition of concentrated HCl acid or NaOH base to the ocean to
change its pH (Figure 6.2 (A)). Alternatively, the ex-situ process can be performed using
separate pumping units and mixers to allow seawater mixing with acid or base within
pipelines; both options increase the CAPEX and geographical footprint of the plant. Fur-
thermore, in the ex-situ process, a pure NaCl solution stream (obtained from e.g., an
electrodialysis step) is needed to produce the required HCl and NaOH solutions, mean-
ing that a severe pH-swing is desired to minimize the required amount of pure NaCl
solution. However, to achieve that wide pH-swing (e.g., pH = 0 vs. pH = 14), a high ther-
modynamic voltage (and thus higher electrical energy consumption) is required for the
water dissociation reaction in the BPM (i.e., VBP M = 0.059∆pH = 0.059(14−0) = 0.826V ,
see Chapter 3). Moreover, the charged anion and cation exchange membranes that are
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needed in the stack are known to be less selective in harsh pH environments, leading to
a lower Coulombic efficiency in the BPMED cell and a possibly lower membrane lifetime
due to degradation [8].

To mitigate the crossover of protons and hydroxides (i.e., to enhance the acid and
base purity in the ex-situ method) typically a third compartment is introduced in the
membrane configuration inside the BPMED-stack. Such a desalination compartment
with neutral pH in between the acid and base [9] requires an additional membrane in
each repeating cell unit (i.e., AEM-BPM-CEM instead of AEM-BPM or BPM-CEM pairs).
The addition of a third membrane at each cell unit, increases the CAPEX (i.e., membrane
costs) and OPEX (i.e., higher cell resistance and thus voltage loss and electrical energy
consumption) of the ex-situ process.

Figure 6.2: The electrochemical oceanic carbon capture based on pH-swing concept applied (A) ex-situ and
(B) in-situ, respectively.

Theoretically, all above mentioned disadvantages for the ex-situ method can be elim-
inated by applying an in-situ process where seawater will be pumped inside of the BPMED
cell, directly (Figure 6.2 (B)). To start with, a milder pH-swing compared to the ex-situ
process is adequate for shifting the carbonate equilibrium because the gradual mixing
takes place within the stack compartments. Thermodynamically, a pH difference be-
tween pH 5 and pH 10 across the BPM requires only VBP M = 0.059∆pH = 0.059(10−5) =
0.295V per BPM for water dissociation (see Chapter 3). Furthermore, the in-situ process
enables the simultaneous acid and base routes more easily. The added advantage of a
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simultaneous acid/base in-situ capture is that, even if DIC crosses over the membranes,
it would not decrease the product efficiency as it will still be captured in the adjacent
compartment, thanks to the two-membrane cell configuration.

The in-situ acid route has been investigated in previous works where gaseous CO2
from synthetic seawater is extracted via AEM-BPM stack, using 285 kJmol−1CO2 at acidic
pH of ca. 3.7 with a CO2 extraction efficiency of 68 % [7]. However, the in-situ alkaline
route is more challenging due to the complexity of controlling the precipitation (and
thus undesired membrane fouling) inside of the stack. We have successfully shown
CaCO3(s) extraction via the in-situ mineralization route with an electrical energy con-
sumption of ca. 350 kJmol−1CaCO3(s) (= 350 kJmol−1CO2) for the BPMED cell (see
Chapter 4). Theoretically, more than 90 % of DIC can be extracted as CO2(g) from the
acidic compartments simultaneously, without additional electrical energy required in
the cell, which probably halves the stack-energy consumption for recovered carbon species
(i.e., 175 kJmol−1CO2, excluding the energy required in membrane contactors). Indeed,
for mineralization via the in-situ process, separating tanks are still required for the crys-
tallization process, but the tank volumes can be minimized through enhancing the min-
eralization kinetics inside of them (e.g., calcite seeds addition or heating the tanks us-
ing waste heat from nearby industries). Unfortunately, using the in-situ alkaline route,
the membrane scaling is a disadvantage (see Chapter 5). Thankfully, membrane scal-
ing inside of the cell can be slowed down by optimizing the current density-flow rate
combination. However, fouling is inevitable in in-situ mineralization, complicating the
operation and increasing the CAPEX (i.e., reduced membrane life time) and OPEX (i.e.,
pumping energy and membrane resistance). The fouling can be removed through chem-
ical cleaning via an acid wash, but that comes at the price of a decreased production time
(see Chapter 5).

Last but not least, when performing the alkaline route (regardless of in-situ or ex-
situ), CaCO3(s) precipitation (and subsequent extraction) will reduce ocean alkalinity.
Thus, for the base-route to be a viable method of ocean CDR, after CaCO3(s) precipi-
tation, additional alkalinity (e.g., in the form of OH – ions) would need to be added to
the post-precipitation base stream before returning it to the ocean or the acid (from the
acid-compartment) would need to be prevented from returning to the ocean.

Alternatively, only the acid-route can be applied (see Figure 4.1 (A)): first, by using
the seawater for the acid compartment, then removing the CO2 as gas, followed by re-
circulating the decarbonized acidic stream through the base compartment back in the
stack. If so, the DIC removal in the first step and the lowered pH eliminate the risk of
carbonates precipitation upon the return to the alkaline compartment. While there can
still be fouling from biological or colloidal origin, probably much less scaling takes place
compared to the in-situ base-route shown in Chapter 4. Additionally, using this recir-
culation route, the pH difference over the BPM is even further decreased when using
counter-flow (see Chapter 3).

Even though the thermodynamic electrical energy consumption in a mild pH-swing
via the in-situ route is ca. 3× lower than the ex-situ, in practice we still measured BPM-
voltage > 0.7 V even at mild pH (see Chapter 3) as a counter-flow mode did not have
significant impact on the voltage compared to the co-flow or recirculation modes. Such
high voltage seems to be due to the intrinsic properties of the bipolar membrane itself
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(e.g., layers and catalyst); current BPM’s are developed for the traditional use of the BPM
for high purity strong acid/base generation, and are not yet customized for more re-
cent BPM applications e.g., in resource recovery and carbon capture. Therefore, current
BPM’s cannot yet benefit from the advantage of a milder pH-swing that is particularly
interesting for such applications [10]. When a mild pH-swing is desired (i.e., in oceanic
carbon capture), the membrane resistances need to be minimized to decrease voltage
losses while the membrane selectivity is not as important compared to a large pH-swing
applications. Such properties can be achieved e.g., through decreasing the membrane
thickness of both the mono- and bipolar membrane. In addition to a lower membrane
resistance (accompanied with sacrificed selectivity), a fast BPM-water dissociation cat-
alyst that is active in mild pH is needed.

An alternative way to decrease the cost of capture is to combine (i.e., co-plant) the
oceanic carbon capture units with that of desalination plants such as reverse osmosis
(RO) and electrodialysis (ED) [11]. A pH-swing based decarbonisation step is particularly
advantageous prior to seawater reverse osmosis (SWRO) because low-pH brine stream
is ideal for further brine concentration processes due to reducing (1) membrane fouling
and (2) the need for anti-scalant chemicals [12, 13].

6.3. THE REQUIRED OCEAN VOLUME

In order to capture 1 MtCO2 yr−1, the upper layer of 365 km2 yr−1 oceanic area must be
treated, assuming carbon extraction from the surface layer (i.e., up to a depth of 100 m
i.e., the so-called ocean surface/ mixed layer), an average oceanic dissolved inorganic
carbon (DIC) concentration of 2.5 mM [14], a carbon capture efficiency of 50 %, and an
ocean surface of 361 million km2. In other words, an ocean volume of 36.5 km3 yr−1 (i.e.,
equal to 0.1 km3 d−1), assuming 100 m depth, must be treated. To put this in perspective,
the annual Dutch CO2 emission is ca. 135 MtCO2 yr−1 (2020) [15], requiring the treat-
ment of at least 49000 km2 yr−1 of seawater, whereas the surface area of the North Sea is
575000 km2 (with an average depth of ca. 90 m [16]).

As for the combination of oceanic BPMED-CDR with desalination units, currently,
the highest worldwide reverse osmosis plant capacity is ca. 0.365 km3 d−1, with a total
global desalination capacity of ca. 100 million m3 d−1 (i.e., 36.5 km3 d−1, dominated by
RO, but including other desalination methods e.g., multistage flash), revealing the scale
limitation of such BPMED-RO co-planting. From another perspective, seawater is widely
used for cooling in many areas of the world; approximately 927 million m3 d−1 (i.e., ca.
338 km3 yr−1) of seawater was used globally for power plants in the year 2000 [17], cor-
responding to a capacity of more than 9 MtCO2 yr−1, under above assumptions, if the
capture unit is combined with seawater cooling plants [11]. The combination of ocean
CDR with seawater-desalination is only as early adopter that can help develop and bring
down the CDR-cost.
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6.4. UP-SCALING THE BPMED-BASED OCEANIC CARBON CAP-
TURE TECHNOLOGY

The current BPMED-based oceanic carbon capture is at TRL 4-5, with medium scale lab
setups. In the presented work, an electrochemical 10 × 10 cm2-BPMED-stack consisting
of 10 BPM-CEM cell pairs have been shown to extract solid Aragonite (> 60 % extraction),
achieving 0.64 kgCaCO3(s)h−1 m−2 production, experimentally using i = 5 mA ·cm – 2 ap-
plied current density (see Chapter 4). To enable carbon capture in ktCO2 ·yr – 1 scale, up-
scaling in (1) the stack size, (2) number of cell units (i.e., number of membranes within
the stack), and (3) applied current density is needed (Figure 6.3).

Figure 6.3: Up-scaling towards ktCyr−1, assuming 100 % faradaic efficiency (i.e., 1 mol electron turning in to 1
mol H+ and 1 mol OH – ions and subsequently delivering 1 mol CO2(aq) and 1 mol CO 2 –

3 on the acid and base

compartment, respectively), DIC extraction efficiency of 85 %, limiting current density of 2.5 mA ·cm – 2 (see
Chapter 3), applied current density of 100 mA ·cm – 2 (instead of the 5 mA ·cm – 2), 100-cell units with a cell size
of 1 m2 (instead of the current 10-cell units with a cell size of 0.01 m2 used in Chapter 4), see the supporting
information 6.7.1 for detailed calculations.

Upon an up-scaling such as shown in Figure 6.3, simultaneous ocean CDR of ca. 1.2
ktCO2 yr−1 and ca. 2.7 ktCaCO3(s)yr−1 from the acid and alkaline compartments, re-
spectively, is possible. Increasing the capture potential further can be done through e.g.,
increasing the number of cell-units, number of BPMED-stacks, and expanding capture
locations worldwide.

6.5. COST OF OCEANIC CARBON CAPTURE USING BPMED
We have estimated the cost of in-situ based BPMED capture to be ca. 407 $t−1CO2 for 1
ktCO2 yr−1 scale, while for MtCO2 yr−1 scale, the costs can reduce to 223 $t−1CO2 (see the
supporting information 6.7.2). According to the sensitivity analysis, the estimated costs
are most sensitive to the price of (renewable) electricity (i.e., 78.33 $MWh−1 assumed
for west Europe) and charged membranes (i.e., 1000 $m−2 BPM and 500 $m−2 AEM and
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CEM are assumed), Figure S1. Thankfully, the price of (avoided) carbon is increasing
by time, with the current sequestration/ Offsets CO2 credit price slightly more than 80
$t−1CO2 [18]. As for the costs of capture, in another study, the ex-situ cost of the oceanic
carbon capture via electrochemical bipolar membrane electrodialysis (BPMED) is esti-
mated to be 373-2355 $t−1CO2, assuming a plant that extracts 20 kmolCO2 h−1 (i.e., ca.
7.71 ktCO2 yr−1) [11]. The difference in the costs estimations depend on (1) the plant lo-
cation (i.e., stand alone, co-locate with desalination plant, or co-locate with power-plant
using seawater cooling), (2) chosen acid-base routes, (3) plant capacity, and (4) in-situ
vs. ex-situ [11].

In order to decrease the carbon capture costs, in addition to further process opti-
mizations, there are two solutions when using electrochemical BPMED-based oceanic
carbon capture:

1. The capture plant can be combined with an existing desalination plant (e.g., re-
verse osmosis (RO) or electrodialysis (ED)) as explained above. Such an arrange-
ment decreases the CAPEX of the capture drastically (i.e., pumps, reservoirs, pre-
treatment facilities), but it also creates a good business case because a decarbon-
isation step prior to the desalination can increase the desalination efficiency due
to possible membrane fouling reduction.

2. Both products of the capture (i.e., CO2(g) and CaCO3(s)(s)) can be sold and reused,
Figure 6.1.

In addition to the above points, future reduction in the price and carbon-emission of
electricity (i.e., currently ca. 0.42 kgCO2 kWh−1) improves the future of electrochemical
BPMED-based capture, drastically. In addition to the amount of required energy, the
source of the electricity for our process is important; CDR technology is most effective
as negative emission technology when driven by renewable energy. Thankfully, the in-
stalled renewable electricity generation capacity is increasing each year. In the pathway
to net zero carbon, almost 90 % of global electricity generation in 2050 is to come from
renewable sources, with solar PV and wind together accounting for nearly 70 %, reducing
the CO2 emissions by ca. 40 % [19].

The carbon market is growing fast, as well. In April 2022, an advance market com-
mitment was formed to accelerate carbon removal; "Frontier" is the advance market
commitment to buy an initial $ 925 million of permanent carbon removal (through pur-
chasing carbon credits) between year 2022 and 2030 [20]. It’s funded by Stripe, Alpha-
bet, Shopify, Meta, McKinsey, and tens of thousands of businesses using Stripe Climate.
Under this program, carbon capture startups may charge as high as 2000 $t−1CO2, de-
pending on the footprint, sustainability, and permanency of the capture. So far, Stripes
and Shopify have each run a similar Frontier like fund with $7 million and $30 million,
supporting 14 and 22 carbon capture startups, respectively [21].

6.6. CAPTURE AND ITS REQUIRED ENERGY FOOTPRINT
In addition to the amount of the required energy, the source of power, and plant loca-
tions are important; the facility area required for GtCO2 yr−1 scale capture (that can ac-
tually tackle the climate change) is rather large; As an example, capturing 1 Gton CO2(g)
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per year from the atmosphere requires ca. 7612 km3 air to pass through the fans, on a
daily basis (assuming air density of 1.184 kgm−3 that contains 0.608 gCO2 kg−1 air and a
capture efficiency of 50 % [22]). To put this in perspective, extracting ca. 1 GtC from the
ocean surface layer (i.e., the upper 100 m) would require processing less than 100 km3

of the ocean surface volume per day (assuming 50 % extraction efficiency and DIC = 2.5
mM).

As for the footprint of renewable electricity, as an example, area needed to produce
the solar energy is as follow. Assuming an electrical energy consumption for CO2 capture
of 60 – 350 kJmol−1CO2, to capture 1 GtCO2 per year, a minimum of 1789 - 10435 km2

solar panels is required (assuming average annual solar irradiation of 2.9 kWhm−2 d−1

and solar panel efficiency of 20 %, for the Netherlands), which translates to 4 – 25 % of
the size of the Netherlands. To reduce the required area of solar panels for CO2 capture,
wind farms can be combined, but above calculations already show the location restrains
with regards to the capture facilities and energy generation.

In the Netherlands, the annual Dutch CO2 emission is ca. 135 MtCO2 yr−1 (2020)
[15]. As an attempt to achieve carbon neutrality by 2050, if within five years, MtCO2 per
year scale capture is achieved via the presented method, we can significantly offset the
Dutch GHG emission, and even enable negative emissions. However, as the worldwide
emission ends up in the environment (air and ocean), to effectively keep global warming
below 2°C (i.e., Paris agreement [23]), capture in GtCO2 scale must be realized as soon
as possible and in various spots in the world to balance the atmospheric CO2 concen-
tration, effectively. The presented electrochemical oceanic carbon capture technology
does have the ability to capture Gt scale carbon.

6.7. SUPPORTING INFORMATION

6.7.1. UP-SCALING CALCULATIONS

The total molar flux of extracted carbon, dn in mols−1, can be estimated as

dn = Nr. cell units× I

F
(S1)

where F is the Faraday constant of 96485 Cmol−1, I the net applied current in A, and Nr.
cell units the number of membrane pair (or triplet) units inside the BPMED-stack. As-
suming a membrane area of Am =1 m2, a limiting current density of il i m = 2.5 mAcm−2

for the BPM (see Chapter 3), an applied current density of i = 100 mAcm2 (i.e., I =
(100 − 2.5) × 10000/1000 = 975 A), for a stack containing Nr. cell units of 100 mem-
brane cell-pairs (i.e., assuming a BPM-AEM configuration, this means 100 acid compart-
ments and 100 base compartments), and assuming daily production of 24 hd−1 and 365
dyr−1 and a 100 % capture efficiency, CO2(g) and CaCO3(s) production values of 1402
tCO2 yr−1 and 3190 tCaCO3(s)yr−1 are obtained respectively (production rate = MW .dn,
with molecular weight CaCO3 and CO2 of 100 gmol−1 and 44 gmol−1, respectively). Mul-
tiplying the production values by 0.85 (to account for 85 % carbon extraction instead of
100 %) results in 2.71 tCaCO3(s)yr−1 and 1.19 tCO2 yr−1 extraction, respectively (Figure
6.3).
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6.7.2. COST-WORKSHEET

Template cost worksheets provided by Xprize carbon removal foundation [24] is used for
cost estimations of a plant with 1 MtCO2 yr−1 capacity, Figure S1 (A). For the revenue
calculations, it is assumed that all the "net tonnes CO2 removed per year" can be sold,
either directly or through conversion for a price of 100$t−1CO2. If no product is sold, the
revenues decrease to zero, bringing the net costs to 223 $t−1CO2, Figure S1 (B).

Figure S1: (A) Spider diagram demonstrating the sensitivity/ uncertainty of the estimated carbon capture cost
(for the MtCO2 yr−1 capacity) against five key variables of required electricity (red), membranes (blue), ocean
area (grey), capacity factor (black), and expected re-emission of CO2 (green). Inputs are shown in (B) and
in "data table functions" in reference excel file [24]. The electricity is assumed to be generated from solar
sources and to be supplied by industrial grid. (B) General project information summarizing the final costs
and potential revenues. The capacity factor is the production time the system can be expected to operate in
a given year. Expected re-emission indicates the amount of the removed CO2 which may be re-emitted to
the atmosphere within 100 years. The chosen values for the "expected re-emission" and "capacity factor" are
rough estimations and thus their effect is analysed separately in the sensitivity analysis shown in (A).
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SUMMARY

To mitigate climate change, carbon capture is necessary. In addition to the energy tran-
sition towards renewable sources and green house gasses emission reduction, CO2 cap-
ture from flue gas and its sinks, including air and the ocean, must be promoted. By
2030, in less than 8 years, the global carbon capture capacity must increase 100 × (from
the current ca. 40 MtCO2 yr−1 to 4 GtCO2 yr−1). To meet the net zero carbon goals of
2050, sustainable, scalable, inexpensive technologies that fit in an electrified industry
and have a small footprint are needed for carbon capture. Currently, such technologies
do not exist. In the framework of the necessary carbon capture, and the opportunities for
electrochemical (ocean) CO2 capture, five research questions are defined and addressed
in this thesis.

In this thesis, we first introduce and evaluate electrochemical carbon capture meth-
ods while focusing on the pH-swing approach. We establish the current state of the art,
describe the major technical barriers and R&D needs, and discuss opportunities for im-
proving electrochemical CO2 capture (Chapter 2). This thesis focuses on the pH-swing
method applied via a bipolar membrane electrodialysis (BPMED) cell for oceanic carbon
capture. The BPMED cell consists of two end electrodes, charged membranes, and in-
between-membranes flow paths. The desired chemical reaction in the case of oceanic
carbon capture is the conversion of bicarbonate ions to gaseous CO2 or carbonate ion
(and subsequently e.g., calcium carbonate CaCO3(s)) using the water dissociation reac-
tion (WDR) facilitated by the bipolar membrane (BPM). The BPM consists of a cation-
and an anion-exchange membrane laminated/ electro-spun together with a water dis-
sociation catalyst in between.

Electrochemical carbon capture methods are still energy intensive in spite of their
higher energy efficiency, flexibility and sustainability compared to the conventional ap-
proaches. To better understand the reason for this high energy consumption, this work
investigates the possible (voltage) losses in the bipolar membrane electrodialysis tech-
nology (BPMED) method for carbon capture. The main energy component of the BPMED
cell is the bipolar membrane itself as the voltage it needs to dissociate water into acid and
base is > 60 % of the required input energy consumption. With the aim of decreasing the
energy consumption of bipolar membrane (BPM) based applications, the effect of pH
gradient (∆pHBP M ) on the reversible and irreversible voltage components associated
with the BPM is investigated (Chapter 3). The BPM-voltage pH dependency is studied
through an analytical model and is also measured experimentally, for four flow orienta-
tions using buffered and unbuffered electrolytes. First, using the analytical model, the
pH profile along the BPM (i.e., in the flow direction) is obtained for each flow orien-
tation. The simulated results fit the experimentally obtained ∆pHBP M at the outflow
very well. Second, based on the simulated pH profile, for each flow orientations, the
reversible voltage (Vr ev ) is modeled. Surprisingly, except for the co-flow mode, the ex-
perimentally measured Vr ev were higher (up to six times) than what was simulated. The
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origin of this discrepancy is the difference between the bulk and local pH; The local pH
at the BPM-electrolyte interface and BPM junction layer (JL) determines the measured
reversible voltage of the BPM Vr ev . However, the (measured) bulk pH is not represen-
tative of this local pH. Our results show that, although changing the flow orientations
alters ∆pHBP M , it does not affect Vr ev , Vi r r , and thus VBP M . It seems that, when the
water dissociation reaction (WDR) dominates, the membrane internal properties over-
shadow the effect of the bulk ∆pHBP M . Therefore, to decrease the BPM-voltage (thus
its energy consumption) under WDR regime, focus must be shifted towards tuning the
membrane properties through membrane engineering (e.g., WDR catalyst, its thickness,
and the BPM layers-thickness) rather than the external pH profile along the membrane
(Chapter 3).

In further attempts to decrease the process electrical energy consumption through
process optimization, oceanic carbon capture through electrochemically induced in-
situ carbonate mineralization using bipolar membrane was investigated (Chapter 4).
Using this method, aragonite (polymorph of CaCO3(s)) was extracted from (real and syn-
thetic) seawater as an ocean carbon removal strategy. By controlling the current density
and cell residence time, > 60 % of the dissolved inorganic carbon (DIC) and ≥ 16 % of
the Ca2+ ion is extracted, without the need for any additional chemicals. An energy con-
sumption of 318 ± 29 kJmol−1 CaCO3(s) (i.e., ca. 0.88 kWhkg−1 CaCO3(s)) is obtained for
DIC-capture from real seawater. Theoretically, at a mild pH-swing (e.g., base pH 10.0 and
acid pH 4.5, thus ∆pH = 5.5) the thermodynamic energy required to capture CaCO3(s)
though in-situ mineralization is ca. 35 kJmol−1CaCO3(s) which is 10 - 12 % of that ex-
perimentally achieved. However, the irreversible BPM-overpotential is responsible for
more than 55 % of the required electrical energy. Focusing on membrane engineering to
achieve fast WDR kinetics in the BPM, with highly permselective ion-exchange layers to
exclude co-ions, and with optimum thickness of the layers is the most effective way to
minimize energy losses. Despite the promising energy consumption, membrane fouling
is a challenge that in-situ mineralization process faces (Chapter 4).

Chapter 5 investigates the fouling management scenarios to remove the mineral
scaling in the alkaline compartments of the bipolar membrane based oceanic carbon
capture. The scaling buildup is measured through increase in the cell voltage and in-
crease in the stack pressure drop. The rate of scaling buildup slows down by a (con-
tinuously) higher flow rate in combination with lower current density, due to the lower
base-pH that lowers the hydroxide precipitation kinetics. As for the membrane con-
figuration, the stack voltage for the CEM-BPM configuration increases to 130 % within
30 min, while that of AEM-BPM remains constant, revealing its beneficial lower scal-
ing over the CEM-BPM cell. As for cleaning methods, air sparging, CO2(g) sparging,
CO2(aq), back pressure, flow rate increase (5× and 15×), and acid wash (i.e., pure HCl
and BPMED-based produced acid) are investigated. For both membrane configurations,
the acid wash showed the highest recovery. The acid wash using the BPM-produced acid
needs no additional chemicals and is thus more sustainable than cleaning with pure HCl,
though cleaning with HCl results in a higher recovery and shorter cleaning time. Com-
bining the acid wash with back-pressure application reduces the cleaning time. How-
ever, the back-pressure as a solo method is not effective enough for fouling removal.
Air sparging was done at pressures of 2, 3, and 4 bar, with sparging intervals of 10 min
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for 5 s and 3× 2s. In all cases, air sparging increased the cell voltage and pressure drop
even more because of stagnant bubbles that got trapped within the cell-spacers. CO2 gas
sparging does show suppression of the voltage and pressure drop increase (even though
no full recovery is achieved), but causes negative DIC removal, which is against the aim
of the method. Covering a large range of fouling management strategies, the findings in
(Chapter 5) gives directions in cell design and process optimisation for further develop-
ing the BPMED technology for oceanic carbon capture. Based on our results, a combina-
tion of AEM-BPM based cell, operated under current density-flow rate combination that
prevents pH-Base > 10 in the base compartment, followed by an acid wash-combined
with back pressure upon an increase in the cell voltage, is the optimal setting for the
fouling management (Chapter 5).

Finally, in Chapter 6, an outlook on the cost of carbon capture, energy consump-
tion, and up-scaling of the presented BPMED-cell is given. The oceanic carbon capture
technology has the potential of a negative emission technology. The up-scaling is possi-
ble by (1) increasing the size of the electrochemical cell, (2) the applied current density,
and (3) the number of the cell units (i.e., membrane units) inside of the stack. Through
up-scaling the current prototype (Chapter 4) and using a simultaneous acid and base
route, up-scaling from 0.01 m2 to 1 m2 cell size, from 5 to 100 mAcm−2 applied current
density, and from 10-cell units to 100-cell units (which is shown possible commercially
for electrodialysis and BPMED cells), ktCO2 yr−1 capture scale is possible. Increasing
the faradaic efficiency to 100 % and enhancing the DIC-extraction rate from 60 % to 85
% (through further process optimization) enables production of 2.7 ktCaCO3 yr−1, and
1.2 ktCO2(g)yr−1 from the cell. Further up-scaling can be done by increasing the stack
numbers, cell units, and capturing locations (Chapter 6).





SAMENVATTING

Om klimaatverandering tegen te gaan, is het afvangen van koolstof noodzakelijk. Naast
de energietransitie naar hernieuwbare bronnen en de reductie van de uitstoot van broei-
kasgassen, moet de afvang van CO2 uit rookgas, lucht en zelfs de oceaan, worden bevor-
derd. Tegen 2030, dus in minder dan 8 jaar, moet de wereldwijde koolstofafvangcapa-
citeit met 100 keer toenemen; dit betekent van de huidige koolstofafvangcapaciteit van
40 MtCO2 per jaar naar 4000 MtCO2 per jaar. Om de netto nul-koolstofdoelstellingen
van 2050 te halen, zijn duurzame, schaalbare, goedkope technologieën nodig die pas-
sen in een geëlektrificeerde industrie en een kleine voetafdruk hebben voor het afvan-
gen van koolstof. Momenteel bestaan dergelijke technologieën niet. In het kader van
de noodzakelijke koolstofafvang en de mogelijkheden voor elektrochemische (oceaan)
CO2-afvang, worden in dit proefschrift vijf onderzoeksvragen gedefinieerd en beant-
woord.

We introduceren en evalueren eerst de elektrochemische koolstofafvangmethoden,
waarbij we ons concentreren op de pH-swing-benadering. We stellen de huidige stand
van de techniek vast, beschrijven de belangrijkste technische barrières en R&D-behoeften,
en bespreken mogelijkheden voor verbetering van de elektrochemische afvang van CO2
(Hoofdstuk 2). Dit proefschrift richt zich op de pH-swing methode die wordt toegepast
via een bipolaire membraanelektrodialyse (BPMED) cel voor het opvangen van oceani-
sche koolstof. De BPMED-cel bestaat uit twee eindelektroden en geladen membranen
tussen de elektroden. De gewenste chemische reactie in het geval van oceanische kool-
stofafvang is de omzetting van bicarbonaationen HCO –

3 in gasvormige CO2(g) of carbo-
naationen CO 2 –

3 (en vervolgens bijvoorbeeld calciumcarbonaat CaCO3(s)) met behulp
van de waterdissociatiereactie (WDR). De WDR is mogelijk gemaakt door het bipolaire
membraan (BPM). Het BPM bestaat uit een kation- en een anionenuitwisselingsmem-
braan gelamineerd/elektrogesponnen samen met een waterdissociatiekatalysator ertus-
sen.

Elektrochemische koolstofafvangmethoden zijn nog steeds energie-intensief ondanks
hun hogere energie-efficiëntie, flexibiliteit en duurzaamheid in vergelijking met de con-
ventionele benaderingen. Om de reden voor dit hoge energieverbruik beter te begrijpen,
onderzoekt dit werk de mogelijke (spannings)verliezen in de bipolaire membraanelek-
trodialysetechnologie (BPMED) methode voor koolstofafvang. De meeste energiecon-
sumptie van de BPMED-cel wordt veroorzaakt door het bipolaire membraan (BPM) zelf,
aangezien de spanning die het BPM nodig heeft om water te scheiden in zuur en base >
60 % van het input-energieverbruik bedraagt. Met als doel het energieverbruik van op bi-
polair membraan (BPM) gebaseerde toepassingen te verminderen, wordt het effect van
de pH-gradiënt (∆pHBP M ) op de reversibele en irreversibele spanningscomponenten
over het BPM onderzocht (Hoofdstuk 3). De pH-afhankelijkheid wordt bestudeerd met
behulp van een analytisch model en wordt ook experimenteel gemeten, voor vier stro-
mingsoriëntaties met gebufferde en ongebufferde elektrolyten. Eerst wordt met behulp
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van het analytische model het pH-profiel langs het BPM verkregen voor elke stroomori-
ëntatie. De gesimuleerde resultaten passen zeer goed bij de experimenteel verkregen
∆pHBP M bij de uitstroom. Ten tweede wordt op basis van het gesimuleerde pH-profiel
voor elke stromingsrichting de omkeerbare spanning (Vr ev ) gemodelleerd. Verrassend
genoeg, behalve voor de co-flow mode, waren de experimenteel gemeten Vr ev hoger (tot
zes keer) dan wat was gesimuleerd. De oorzaak van deze discrepantie is het verschil tus-
sen de bulk en de lokale pH; de lokale pH bij het BPM-elektrolyt grensvlak en de junc-
tielaag (JL) van het BPM bepaalt de gemeten Vr ev . De (gemeten) bulk pH is echter niet
representatief voor deze lokale pH. Onze resultaten tonen aan dat, hoewel het verande-
ren van de stromingsoriëntaties ∆pHBP M wijzigt, dit geen invloed heeft op Vr ev , Vi r r ,
en VBP M . Het lijkt erop dat, wanneer de waterdissociatiereactie (WDR) domineert, de
interne membraaneigenschappen het effect van de bulk ∆pHBP M overschaduwen. Om
de BPM-spanning (en dus het energieverbruik) onder het WDR-regime te verlagen, moet
de aandacht dus verschoven worden naar het afstellen van de membraaneigenschappen
(bv. WDR-katalysator en -dikte en membraandikte) in plaats van het externe pH-profiel
langs het membraan Hoofdstuk 3).

In een poging om het elektrische energieverbruik van het proces te verlagen, werd
oceanische koolstofafvang door elektrochemisch geïnduceerde in-situ carbonaatmine-
ralisatie met behulp van een bipolair membraan onderzocht (Hoofdstuk 4). Met deze
methode werd aragoniet (polymorf van CaCO3(s)) uit (echt en synthetisch) zeewater ge-
ëxtraheerd als een strategie om koolstof uit de oceaan te verwijderen. Door de stroom-
dichtheid en de verblijftijd van de cel te regelen, wordt > 60 % van de opgeloste anorgani-
sche koolstof (DIC) en ≥ 16% van het Ca2+ ion geëxtraheerd, zonder dat er extra chemi-
caliën nodig zijn. Een energieverbruik van 318 ± 29 kJmol−1CaCO3(s) wordt verkregen
voor DIC-vangst uit echt zeewater. Theoretisch, bij een milde pH-swing (b.v. base pH
10.0 en zuur pH 4.5) is de thermodynamische energie die nodig is om CaCO3(s) vast te
leggen door in-situ mineralisatie, is ca. 35 kJmol−1CaCO3(s), hetgeen 10 - 12 % is van de
experimenteel bereikte waarde. De irreversibele BPM-overpotentiaal is echter verant-
woordelijk voor > 55 % van de vereiste elektrische energie. De meest effectieve manier
om energieverliezen te minimaliseren is om te focussen op membraantechnieken om
een snelle WDR kinetiek in het BPM te bereiken, met zeer permselectieve ionenuitwis-
selingslagen om co-ionen uit te sluiten, en met optimale dikte van de lagen. Ondanks
het veelbelovende energieverbruik is membraanvervuiling een uitdaging waarmee het
in-situ mineralisatieproces wordt geconfronteerd (Hoofdstuk 4).

In hoofdstuk 5 worden de beheersscenario’s onderzocht voor aangroeibeperking en
verwijdering van minerale aanslag in de alkalische compartimenten van het bipolaire
membraan voor het afvangen van oceanische koolstof. De opbouw van verkalking wordt
gemeten door verhoging van de cel-spanning en toename van de drukval. De opbouw
van verkalking wordt vertraagd door een (continu) hoger debiet in combinatie met een
lagere stroomdichtheid, als gevolg van de lagere pH die de hydroxide precipitatie kine-
tiek verlaagt. Wat de membraanconfiguratie betreft, stijgt de cel-spanning voor de CEM-
BPM-configuratie tot 130 % binnen 30 min, terwijl die van de AEM-BPM constant blijft,
wat de gunstiger lagere scaling onthult ten opzichte van de CEM-BPM-cel. Wat de reini-
gingsmethoden betreft, zijn luchtsparging, CO2(g) sparging, CO2(aq), tegendruk, verho-
ging van het debiet (5 × en 15 ×), en zuurwassen (inclusief zuiver HCl en op BPMED ge-
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baseerd geproduceerd zuur) onderzocht. Voor beide membraanconfiguraties vertoonde
de zure spoeling het beste herstel. De zure wassing met het BPM-geproduceerde zuur
vereist geen bijkomende chemicaliën en is dus duurzamer dan de reiniging met zuiver
HCl, hoewel de reiniging met HCl resulteert in een hogere terugwinning en een kortere
reinigingstijd. De combinatie van het wassen met zuur met tegendruk verkort de reini-
gingstijd. De tegendruk als solo methode is echter niet effectief genoeg voor de verwij-
dering van aangroei. Het spoelen met lucht werd uitgevoerd bij drukken van 2, 3 en 4
bar, met spoelintervallen van 10 min gedurende 5 s en 3× 2s. In alle gevallen verhoogde
luchtsparging de cel-spanning en de drukval nog meer door stagnerende belletjes die
in de celruimten vast kwamen te zitten. CO2-gassparging geeft wel een onderdrukking
van de spannings- en drukdalingstoename te zien (ook al wordt geen volledig herstel be-
reikt), maar veroorzaakt een negatieve DIC-verwijdering, wat tegen het doel van de me-
thode ingaat. De bevindingen in dit werk bestrijken een breed scala van aangroeimana-
gementstrategieën en geven aanwijzingen voor celontwerp en procesoptimalisatie voor
de verdere ontwikkeling van de BPMED-technologie voor het afvangen van oceanische
koolstof. Op basis van onze resultaten is een combinatie van een AEM-BPM gebaseerde
cel, bedreven onder een combinatie van stroomdichtheid-stroomsnelheid die voorkomt
dat pH-Base > 10 in het basiscompartiment, gevolgd door een zure wasbeurt in combi-
natie met tegendruk bij een verhoging van de cel-spanning, de optimale instelling voor
het foulingbeheer (Hoofdstuk 5).

Ten slotte wordt in Hoofdstuk 6 een vooruitblik gegeven op de kosten van koolstofaf-
vang, energieverbruik en opschaling van de gepresenteerde BPMED-cel. De oceanische
koolstofafvangtechnologie heeft het potentieel van een negatieve emissietechnologie.
De opschaling is mogelijk door het vergroten van (1) het formaat van de elektrochemi-
sche cel, (2) de toegepaste stroomdichtheid, en (3) het aantal celeenheden in de cel.
Door de huidige demo op te schalen (Hoofdstuk 4) en een gelijktijdige zuur- en base-
route te gebruiken, opschaling van 0.01 m2 naar 1 m2 celgrootte, van 5 tot 100 mAcm−2

toegepaste stroomdichtheid, en van 10-celeenheden tot 100-celeenheden (wat commer-
cieel mogelijk is voor elektrodialyse en BPMED-cellen), is afvangen op ktCO2 jr−1 mo-
gelijk. Het verhogen van de faraday-efficiëntie tot 100 % en het verhogen van de DIC-
extractiesnelheid van 60 % naar 85 % (door verdere procesoptimalisatie) geeft een pro-
ductie van 2.7 ktCaCO3(s) jr−1, en 1.2 ktCO2(g) jr−1 uit de cel. Verdere opschaling kan
worden gedaan door de membraan-aantallen, celeenheden en het aantal locaties voor
CO2-afvang te vergroten (Hoofdstuk 6).
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