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ABSTRACT: We use a high-pressure semicontinuous batch
electrochemical reactor with a tin-based cathode to demonstrate that it is possible to eﬃciently convert CO2 to formic
acid (FA) in low-pH (i.e., pH < pKa) electrolyte solutions.
The eﬀects of CO2 pressure (up to 50 bar), bipolar
membranes, and electrolyte (K2SO4) concentration on the
current density (CD) and the Faraday eﬃciency (FE) of
formic acid were investigated. The highest FE (∼80%) of FA
was achieved at a pressure of around 50 bar at a cell potential
of 3.5 V and a CD of ∼30 mA/cm2. To suppress the hydrogen evolution reaction (HER), the electrochemical reduction of CO2
in aqueous media is typically performed at alkaline conditions. The consequence of this is that products like formic acid, which
has a pKa of 3.75, will almost completely dissociate into the formate form. The pH of the electrolyte solution has a strong
inﬂuence not only on the electrochemical reduction process of CO2 but also on the downstream separation of (dilute) acid
products like formic acid. The selection of separation processes depends on the dissociation state of the acids. A review of
separation technologies for formic acid/formate removal from aqueous dilute streams is provided. By applying common
separation heuristics, we have selected liquid−liquid extraction and electrodialysis for formic acid and formate separation,
respectively. An economic evaluation of both separation processes shows that the formic acid route is more attractive than the
formate one. These results urge for a better design of (1) CO2 electrocatalysts that can operate at low pH without aﬀecting the
selectivity of the desired products and (2) technologies for eﬃcient separation of dilute products from (photo)electrochemical
reactors.

■

INTRODUCTION
Carbon capture and utilization (CCU) has been proposed as a
complementary measure to mitigate CO2 emissions. An
interesting example of CCU is the electrochemical conversion
of CO2 to chemicals and fuels using renewable electricity (i.e.,
power-to-X).1,2 Currently, it is very challenging for electrochemical processes to compete with the fossil-fuel-based
counterparts in the chemical industry.3,4 Nevertheless, a
tremendous eﬀort was made in the last decade to improve the
performance metrics of the CO2 reduction reaction (CRR), i.e.,
the Faraday eﬃciency (FE, the product selectivity), the current
density (CD, the reaction rate), and the overpotential (the
excess potential to drive the reaction).5−10 The complexity lies
in the fact that the CRR is inﬂuenced by many factors, i.e., the
© 2019 American Chemical Society

type and morphology of the catalyst, temperature, pressure, pH,
type and concentration of electrolytes, type of solvent, ﬂow
characteristics, type of membranes, impurities, type of electrode
(ﬂat, porous, gas diﬀusion), etc.11−16 So far, only the two
electron CO2 reduction products carbon monoxide (CO) and
formic acid/formate (FA/HCOO−) have been produced with a
high FE (>90%) and CD (>100 mA/cm2) but at a lab scale.
Note that formic acid is a hydrogen and CO carrier, which can
play an important role in energy storage.17 A gross-margin
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has major implications for the downstream separation. As will be
shown later, the selection of a proper downstream process
depends on the dissociation state of the acids.
In this work, a high-pressure semicontinuous batch electrolyzer with a Sn-based cathode is used to convert CO2 to formic
acid in low-pH aqueous electrolyte solutions. The eﬀect of CO2
pressure (between 10 and 50 bar), electrolyte (K2SO4)
concentration, and bipolar membranes (BPMs) on the Faraday
eﬃciency and current density was investigated. A bipolar
membrane consists of two layers, a cation-exchange layer and an
anion-exchange layer, which are laminated together.27−30
Between the two layers, an interfacial region is formed where
water splitting occurs upon application of a suﬃciently high
voltage. The protons are then used in the CRR or in the HER at
the cathode, while the hydroxide ion is discharged at the anode.
Recently, we have used BPMs in a high-pressure electrolyzer to
convert CO2 to formate.31 Bipolar membranes for CO2
electrolysis have some advantages over monopolar membranes,
since BPMs (1) show a lower product crossover, (2) maintain a
constant pH-gradient over the membrane, (3) can prevent
carbonate/bicarbonate formation in gas diﬀusion electrode
(GDE)-based CO2 electrolyzers, and allow for the integration of
CO2 capture and conversion.31−38 Here, for the ﬁrst time, a
BPM is used to convert high-pressure CO2 to formic acid. Note
that an aqueous solution of K2SO4 has a neutral pH, but it
becomes acidic upon dissolution of high-pressure CO2. To the
best of our knowledge, only Mahmood et al.39 and Scialdone et
al.40 have reported (eﬃcient) CO2 electrolysis in acidic media to
FA. Many others have focused on CO2 electrolysis to formate or
wrongly claimed to produce FA while operating at alkaline
conditions. We will show that the subtle diﬀerence between the
dissociated (ionic) and the undissociated (neutral) acid has
major consequences for the selection of the downstream
process. By applying common separation heuristics, liquid−
liquid extraction and electrodialysis (ED) were selected for the
separation of formic acid and formate, respectively. An
economic analysis for both separation methods has been
performed, which shows that formic acid should be preferred
over formate as a product of the CO2 electrolysis process.

estimate shows that both CO2 electroreduction products, CO
and FA, have a positive business case.18−21 However, these
initial cost estimates are highly uncertain because (1) there are
no commercial-scale CO2 electrolyzers on the market and (2)
downstream separations of dilute (liquid) products are often
excluded in the economic analysis. The cost of separating dilute
liquid products like carboxylic acids from electrochemical cells
should not be underestimated, since the challenges are very
similar to those encountered in fermentation processes.22−24
• Complex mixtures. The solution often contains electrolytes, nutrients, and several byproducts.
• Dilute products. The concentration of products is low to
prevent microbiological inhibition in fermentation
processes and loss through membranes in electrochemical
cells. Similarly, current product concentrations from the
CRR are mostly in the mmol range.
• Relatively high pH solutions. The microbiological
production of carboxylic acids is typically performed at
5.5 < pH < 7.0, while CO2 electrolyzers are more eﬃcient
in alkaline conditions. In both cases, the acid almost
completely dissociates into the carboxylate form.
• Complex downstream processing. The recovery of
products is one of the key bottlenecks in fermentation
processes and can account for >30% of the total
processing cost. Similar cost of merits can be expected
for the separation of (dilute) products from electrochemical processes.
Recently, De Luna et al.4 and Greenblatt et al.25 have highlighted
the importance of downstream separation of products from
electrochemical cells. The key message is that even with an FE of
100% and high current densities, the economic viability of the
CO2 electroreduction process will depend on the success of the
downstream separation, especially for liquid products. The
separation of small carboxylic acids from aqueous solutions is by
no means trivial. In fact, the separation of formic acid or acetic
acid from water falls under one of the most challenging systems
in the chemical industry. These molecules show a complex selfassociation (dimer and chain formation) and strong crossassociation behavior with water, including azeotrope formation.26 One of the main reasons for the failure of fermentation
processes to penetrate the chemical industry is related to the
diﬃculties involved in product recovery.22 The electrochemical
reduction of CO2 in aqueous media is typically performed at
alkaline conditions to suppress the competing hydrogen
evolution reaction (HER). As a consequence, formic acid,
which has a pKa of 3.75, will almost completely dissociate into
the formate form according to the reaction
HCOOH ↔ HCOO− + H+

■

EXPERIMENTAL SECTION
The details of the high-pressure semicontinuous batch electrolyzer can be found in our previous work. Here, only a brief
description of the experimental setup will be provided. The highpressure electrochemical cell, which can be operated up to 80
bar, was divided into two compartments using a bipolar
membrane (∼160 μm, Fumatech). The volume of the cathodic
compartment (∼100 mL) was approximately half the volume of
the anodic compartment. A tin-based (99.9% Sn, ElectroCell)
cathode with a reactive surface area of 80 cm2 and an iridium
mixed metal oxide (Ir-MMO, MAGNETO Special Anodes)
anode with a surface area of 140 cm2 were used. All experiments
were performed at room temperature (22 ± 1 °C). The pressure
of the cell was measured with a manometer (Swagelok) with an
accuracy of ±1 bar. The electrolytes potassium hydroxide
(99.5%) and potassium sulfate (K2SO4) were purchased from
Sigma-Aldrich. A 1 M KOH solution and three diﬀerent
concentrations of K2SO4 (0.125, 0.25, and 0.5 M) were used as
the anolyte and catholyte, respectively. The catholyte was
pressurized with high-pressure CO2 (99.99%, Linde Gas) from a
gas cylinder and recirculated for one hour with a highperformance liquid chromatography (HPLC) pump (10 mL/
min, Varian ProStar 210) until saturation. Subsequently, the

(1)

The degree of dissociation depends on the pH and can be
computed from the Henderson−Hasselbalch equation. Of
course, it is possible that in a solution the proton is exchanged
with the cation of the alkaline electrolyte (salt). For example,
using potassium bicarbonate (KHCO3) as the catholyte will
yield potassium formate (HCOOK), which essentially means
that the electrolyte is consumed in the process. Furthermore, the
protonation of formate to formic acid in acidic media does not
necessarily need to occur on the electrode surface; it can equally
well happen in the solution with protons from a cation-exchange
membrane (CEM) or a bipolar membrane (BPM). Although
electrochemists do not distinguish between both formsformic
acid and formate are interchangeably used in the literatureit
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the experiments; therefore, the total charge passage (Q) was
obtained by integrating the current versus time (I−t) curve

electrochemical experiments were performed for 20 min at a
ﬁxed cell potential using a benchtop lab power supply (Voltcraft
DPPS-16-40). Both compartments were emptied after the end
of each experiment, and the catholyte was analyzed for formic
acid using an ion-chromatograph (Dionex DX-120, 4 mm
AG14/AS14 guard and analytical column). A pure standard of
formic acid was purchased from Sigma-Aldrich to calibrate the
equipment for quantitative analysis. A mixture of 1 mM Na2CO3
and 1 mM NaHCO3 solution with a ﬂow rate of 1 mL/min was
used as the eluent. Note that an ion-chromatograph cannot
distinguish between the dissociated or undissociated form of FA,
but the concentration is obtained as the sum of both species
because the alkaline eluent converts the (neutral) acid molecules
to the ionic form. Nevertheless, once the pH of the sample is
known, the Henderson−Hasselbalch equation can be used to
calculate the speciation. The pH of the samples from the reactor
was measured with a Metrohm 914 pH/conductometer. The
gaseous products were not analyzed because taking a well-mixed
gas sample in our high-pressure batch electrolyzer is not
straightforward. The reason for this is that the cathode
compartment is in direct contact with a high-pressure CO2
buﬀer vessel, which is purged regularly to prevent accumulation
of byproducts. For this reason, it is not possible to obtain a
homogeneously mixed gas sample from the high-pressure vessel.
However, test results from our continuous scale electrolyzer,
which will be published in the near future, show that the majority
of the gaseous byproducts (>99%) is hydrogen. The bipolar
membranes were susceptible to blistering, which was likely
caused by an abrupt shutdown of the power supply and pressure
changes. Therefore, a new membrane was used after 15
pressurizing/depressurizing cycles of the reactor. The electrochemical experiments were repeated twice to check the
reproducibility of the measurements.
The FE and the CD are two important performance metrics
for an electrochemical process. The FE measures the selectivity
of charge transfer in an electrochemical reaction to the desired
product, while the CD is equivalent to the reaction rate. The FE
(%) for formic acid/formate is calculated from
FE =

FnVC exp
× 100%
ItM w

Q=

I dt

(4)

■

RESULTS AND DISCUSSION
In the following, the eﬀects of CO2 pressure, electrolyte
concentration, and cell potential on the CRR to FA are
discussed. Subsequently, the challenges related to the downstream separation of formic acid and formate from electrochemical cells are outlined. Finally, the economic viability of the
formic acid or formate process, including downstream
separation costs, is assessed.
Eﬀect of Pressure. The electrochemical experiments were
performed at 3.5 V for CO2 pressures between 10 and 50 bar.
The used anolyte, catholyte, and ﬂow rate were 1 M KOH, 0.25
M K2SO4, and 10 mL/min, respectively. The results are shown
in Figure 1. The FE, CD, and concentration of FA are

(2)

ij δV yz
i δC y
i δI y
i δt y
jj zz + jjj zzz + jjj zzz + jjj zzz
V
C
I
k {
k {
k {
kt {
2

t

The accuracy of the lab power supply was ±0.05 A, which
renders an uncertainty of approximately 60 C on Q for an
experiment of 20 min or an uncertainty in the current density of
∼0.6 mA/cm2. The error due to the numerical integration of the
(I−t) curve is within this uncertainty.

where I is the output current (A = C/s), t is the total time of the
measurements (s), Mw is the molecular weight of formic acid (g/
mol), n is the number of electrons transferred in the reaction (2
for formic acid/formate), V is the volume of the catholyte (m3),
Cexp is the experimentally measured concentration of formic
acid/formate (g/m3), and F is the Faraday constant (C/mol). By
neglecting the covariance, an estimate of the uncertainty in the
FE can be obtained from the individual uncertainties of the
variables in eq 2 using the methods of error propagation41
δ FE
=
FE

∫0

2

2

Figure 1. Eﬀect of pressure on the (a) FE and (b) CD at a cell potential
of 3.5 V using a bipolar membrane with 1 M KOH as the anolyte, 0.25
M K2SO4 as the catholyte, and a ﬂow rate of 10 mL/min. The lines are
polynomial ﬁts to guide the eye.

2

(3)

The estimated uncertainties in V (±1 mL due to purging/
depressurizing), C (±1% due to the accumulated accuracy of the
analytical equipment), I (±0.05 A due to the accuracy of reading
the power supply), and t (±20 s due to manual start/shutdown
of the power supply) result in an uncertainty of ca. 5% in FE.
The CD is obtained by taking the ratio of the output current
and the geometrical surface area of the cathode (∼80 cm2)
exposed to the solution. The output current ﬂuctuated during

signiﬁcantly increased by elevating the pressure. The FE
increases steadily from 40% at 10 bar to 80% at 50 bar, but
the pressure eﬀect is expected to ﬂatten out at higher pressures.
This is due to the fact that the solubility of CO2 in water at room
temperature does not increase considerably beyond a pressure of
50 bar and some FA is transported through the bipolar
membrane to the anode compartment. The anolyte was
analyzed to estimate the crossover of FA, which increased
22720
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concentrations of K2SO4 (0.125, 0.25, and 0.5 M) were used as
the catholyte. The cell potential, anolyte, and the ﬂow rate were
3.0 V, 1 M KOH, and 10 mL/min, respectively. The eﬀect of the
electrolyte concentration on the FE and CD is shown in Figure
3. The best results in terms of the FE are obtained for moderate

with pressure and CD. Approximately 2−4% of the produced FA
was found in the anode compartment, where the higher value
corresponds to the highest pressure and CD. In our previous
study, the crossover of formate through bipolar membranes was
found to be ∼1%. Therefore, the crossover rate of formic acid is
higher than that of formate, which is better retained by the
charged layers of the membrane. Overall, an FE of 80% is
attainable at a CD of 30 mA/cm2, which results in an FA
concentration of around 0.6 wt %. Recently, we have studied
CO2 electrolysis in KHCO3 solutions, which resulted in a
maximum FE of around 90% for formate at similar conditions.
The slightly lower FE in K2SO4 solutions is due to the acidic
reaction environment caused by high-pressure CO2 dissolution,
which favors the HER. At the end of the experiments, the pH of
all catholyte samples was between 2 and 3, which conﬁrms that
more than 90% of the formic acid was in the undissociated
(molecular) form. Increasing the pressure is thus an interesting
option to improve the eﬃciency of CO2 electroreduction even in
a slightly acidic medium. In Figure 2, the eﬀect of pressure on the

Figure 2. Eﬀect of pressure on the rate of CO2 electroreduction at 3.0 V
(squares), 3.5 V (circles), and 4.0 V (diamonds). The lines represent
the equation iCO2 = kPβCO2, where iCO2 is the partial current density of
CO2, k is a constant, PCO2 is the partial pressure of CO2, and β is the
order of the reaction.

rate of CO2 electroreduction (i.e., the partial current density of
CO2) is shown. The reaction rate is proportional to a fractional
power of the CO2 pressure
β
iCO2 = kPCO
2

(5)

where iCO2 is the partial current density of CO2, k is a constant,
PCO2 is the pressure of CO2, and β is the reaction order. By
plotting log(i) vs log(P), the values of β obtained at 3.0, 3.5, and
4.0 V are 0.6, 0.9, and 1.5, respectively. We note that at 4.0 V, the
HER is dominating the CRR, which is severely limited by mass
transfer. Therefore, the order of the reaction obtained at 4.0 V
might be questionable. However, Vassiliev et al.,42 Eyring et
al.,43,44 and Proietto et al.45 also observed a potential dependent
order of the reaction. Vassiliev et al.42 obtained similar values of
β for CO2 reduction on tin electrodes at pressures up to 25 bars.
According to these authors, the fractional reaction order is due
to the strong repulsion of adsorbed reacting particles, which
participate in the rate-determining step of the reaction.
Furthermore, the dependence of the reaction rate on the CO2
pressure (or concentration) indicates that a high degree of
surface coverage is not achieved even at a pressure of 50 bar.
Eﬀect of Electrolyte Concentration. It is well-known that
the type and concentration of the electrolyte can have an impact
on the electroreduction of CO2. Therefore, three diﬀerent

Figure 3. Eﬀect of catholyte concentration (0.125, 0.25, and 0.5 M
K2SO4) on the (a) FE, (b) CD, and (c) FA production as a function of
pressure at 3.0 V using a bipolar membrane with 1 M KOH as the
anolyte and a ﬂow rate of 10 mL/min. The lines are polynomial ﬁts to
guide the eye.

(0.25 M K2SO4) electrolyte concentrations. Furthermore, using
a high electrolyte concentration (0.5 M K2SO4) has a dramatic
eﬀect on the performance of CO2 electrolysis because the
salting-out eﬀect signiﬁcantly reduces the CO2 solubility. On the
other hand, using a low electrolyte concentration (0.125 M)
causes conductivity problems and the pH drop due to CO2
dissolution is higher, which favors the HER. These results are in
agreement with Li and Oloman,46 Zhong et al.,47 and Ramdin et
al.,31 where a moderate KHCO3 concentration was found to
work the best.
Eﬀect of Cell Potential. The applied potential has a huge
impact on the product distribution in a CO2 electrolyzer.
Therefore, the eﬀect of cell potential on the FE and the CD was
22721
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summary, it remains a challenge to simultaneously obtain a high
FE and CD. Given this trade-oﬀ, diﬀerent properties can be
optimized to set the operating conditions for the CO2
electrolyzer. For example, one can optimize for the FE or CD,
the type and concentration of product, the energetic eﬃciency,
and/or the power input. In practice, the optimization decision is
based on the overall process economics, which depends on many
factors like the price of electricity and feedstocks, market value of
products, lifetime of reactor components, and downstream
processing costs.
State-of-the-Art of CO2 Electrolysis to Formic Acid/
Formate. In the following, we will brieﬂy discuss the latest
eﬀorts and achievements concerning the electrochemical
conversion of CO2 to FA/formate. In Table 1, an overview of
the current status of CO2 electrolysis to formic acid/formate is
provided. These data can be used as a benchmark for future
studies and to set realistic values for (downstream) process
design variables (e.g., FE, CD, product concentrations,
impurities, power input, etc.). For any electrochemical process,
it is desired to have as high as possible FE, CD, or production
rate and product concentration at a minimum power input,
which is related to the cell potential. Initial technoeconomic
studies of CO2 electrolysis to chemicals/fuels indicate that a CD
of >100 mA/cm2 at a cell potential of <3 V with an FE of >90% is
required to compete with commercial processes.4,8,18−21,48
However, a comparison of the data in Table 1 shows that this
remains an elusive goal for CO2 electrolysis to FA. Recently,
considerable progress has been made to resolve some of the
problems associated with the electrochemical reduction of CO2
in the liquid phase. As shown by Alvarez-Guerra et al.,49 the poor
solubility of CO2 in aqueous electrolyte solutions at ambient
conditions causes signiﬁcant mass transfer limitations, which
leads to a low FE and/or CD. More importantly, it results in a
very dilute product stream, which is mainly a consequence of
using excess water. As shown by Proietto et al.50 and Ramdin et
al.,31 the CO2 solubility and the performance of the electrochemical reactor in terms of the FE and CD can be improved by
elevating the pressure. The product concentration was increased
by recycling the catholyte, which can result in product losses due
to the transport of FA through the membrane and subsequent
oxidation at the anode. Furthermore, relatively high (>3.5 V)
cell potentials (i.e., power input) were required to obtain high
current densities. Gas diﬀusion electrodes (GDEs) have been
proposed to overcome some of the limitations imposed by the
liquid-phase reduction of CO2. As shown by Kopljar et al.,51 Del
Castillo et al.,52 Irtem et al.,53 and Yang et al.,54 the use of GDEs
can yield signiﬁcant improvements in terms of the power input
(i.e., lower cell voltage), CD, and production rate. Moreover, the
concentration of FA/formate is higher for GDE-based CO2
electrolysis, since it is no longer required to dissolve CO2 in
excess water. A relatively new development in the ﬁeld of CO2
electrolysis is the use of catalyst-coated membranes (CCMs).55
́
Diaz-Sainz
et al.56 have used a CCM to convert humidiﬁed CO2
to formate with an FE of around 50% at a CD of 45 mA/cm2 but
at a cell potential of only 2.25 V. The study of Lee et al.57 is
interesting in many ways, since a CCM-GDE was used to
convert humidiﬁed CO2 to concentrated formate (4 wt %) with
a very high FE (>90%) and a CD of 50 mA/cm2 at just 2.2 V.
Depending on the vapor supply rate, an even higher
concentration of formate (11.6 wt %) could be obtained, but
at an expense of a lower FE (77.7%). Recently, Xia et al.38
reported the use of solid electrolytes and two-dimensional
bismuth (2D-Bi) electrodes for CO2 reduction to formic acid in

investigated. In addition to the experiments at 3.5 V, CO2
electrolyses were also performed at 3.0 and 4.0 V in 0.25 M
K2SO4 solutions. In all of these experiments, the anolyte and
ﬂow rate were ﬁxed at 1 M KOH and 10 mL/min. The results for
the diﬀerent cell potentials are shown in Figure 4. The FE, CD,

Figure 4. Eﬀect of cell potential (3.0, 3.5, and 4.0 V) on the (a) FE, (b)
CD, and (c) FA production as a function of pressure using a bipolar
membrane with 1 M KOH as the anolyte, 0.25 M K2SO4 as the
catholyte, and a ﬂow rate of 10 mL/min. The lines are polynomial ﬁts to
guide the eye.

and FA concentrations increase with pressure for all potentials.
The highest FE is obtained at 3.5 V with a corresponding CD of
30 mA/cm2. The CD increases signiﬁcantly at 4 V, but the FE for
FA drops dramatically, which means that the formation of
byproducts (e.g., hydrogen) is promoted. Hydrogen production
is dominant at 4 V due to a combined eﬀect of enhanced water
splitting of the BPM and an increased water reduction at the
cathode. At high potentials, the CO2 at the electrode is depleted
quickly and mass transfer starts to limit the process even at high
pressures. On the other hand, at low potentials (e.g., 3 V) the
process is kinetically limited, which also aﬀects the FE.31 In
22722
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Pt black
OER
Naﬁon 115

ref 56

10
0.001b
2.25
45
1.92
49.4
1.15
1.5

formate
single pass
293
1
Sn-CCM
Ir-MMO
OER
Naﬁon 117

ref 38
FA
single pass
298
ambient
2D-Bi GDE
IrO2-C
OER
Naﬁon 117
Sustainion
4
0.07 (0.001)c
3 (3.25)
30 (100)
0.51 (29)
80 (30)
1.24
100

this work
FA (formate)d
recycled
295
50
Sn plate
Ir-MMO
OER
BPM
BPM
80
0.125
3.5
30 (35)
0.6 (1)
80 (90)
1.2 (1.6)
0.33

a

Data obtained from Kopljar et al.51 and Proietto et al.50 through personal communication. bSupply of water vapor to the cathode. cData in brackets are for the low ﬂow rate of deionized water in the
center compartment. Note that the ﬂow rate was normalized with the electrode area for consistency reasons but is not strictly necessary for ﬂow in the center compartment. dData in brackets are from
our previous work31 for CO2 electrolysis in alkaline media to formate.

10
0.07
4.3
200
1.68
42.3
4.38
1.5

2.7
0.37
2.5
133
0.46a
81
5.58
3

ref 52
formate
single pass
ambient
1
Sn/C-GDE
Ir-MMO
OER
Naﬁon 117

ref 51

formate
single pass
ambient
1
SnO2/C-GDE
Pt/C CCM
HOR
Naﬁon 117

conditions

product
mode of operation
temperature (K)
pressure (bar)
cathode
anode
anode reaction
cation-exchange membrane
anion-exchange membrane (AEM)
surface area of cathode (cm2)
catholyte ﬂow [mL/(min cm2)]
cell voltage (V)
current density (mA/cm2)
concentration of FA (wt %)
Faraday eﬃciency of FA (%)
production rate [mmol/(m2 s)]
max. operation time (h)

Table 1. Comparison of CO2 Electrolysis to Formic Acid/Formate in Continuous-Flow Electrolyzers Using Sn- or Bi-Based Gas Diﬀusion Electrodes (GDE), Plates, and
Catalyst-Coated-Membrane (Gas Diﬀusion) Electrodes (CCM-GDE)
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a three-compartment cell. The center compartment was ﬁlled
with a proton conducting or a formate conducting solid
electrolyte. Depending on the type (i.e., deionized water or
nitrogen) and ﬂow rate of the purging ﬂuid, Xia et al.38 obtained
a very concentrated formic acid solution in the center
compartment. Using a deionized water ﬂow rate of 0.3 mL/h,
a formic acid concentration of around 29 wt % could be obtained
at 100 mA/cm2 but with an FE of 30% at a cell potential of 3.25
V. Using humidiﬁed nitrogen with a ﬂow rate of 10 sccm to
purge the center compartment, a formic acid concentration of
49.3 wt % was obtained at 200 mA/cm2 but at an FE of ∼40% at
a cell potential of 2.75 V. Xia et al.38 demonstrated long-term
stability (up to 100 h) of the solid-electrolyte-based process but
only at 30 mA/cm2. So far, Yang et al.54 reported stable formic
acid production for >140 h of operation, achieving an FA
concentration of ∼10 wt % in a three-compartment cell at 3.5 V
with an FE of 94% and CD of 140 mA/cm2. Up to 18 wt % FA
could be produced in a single pass, but product crossover
through the cation-exchange membrane reduced the FE to 30%.
In Table 1, a distinction is made between formate and formic
acid as a product. To the best of our knowledge, only Mahmood
et al.,39 Proietto et al.,50 and this work have reported eﬃcient
CO2 electrolysis in acidic media to formic acid. The threecompartment reactor of Yang et al.54 and Xia et al.38 also
produced formic acid, but this was achieved indirectly by
protonating formate in the center compartment. An advantage
of the three-compartment process of Yang et al.54 and the solid
electrolyte cell of Xia et al.38 is that the FA stream does not
contain additional electrolytes, which will simplify downstream
processing. The center compartment of the process of Yang et
al.54 and Xia et al.38 was, respectively, ﬁlled with ion-exchange
resins (IERs) and solid electrolytes to compensate for the low
conductivity of FA solutions. Other studies have either
concentrated on CO2 reduction to formate or incorrectly
claimed to have produced formic acid while operating at alkaline
conditions. The often-overlooked diﬀerence between formic
acid and formate has major consequences for the selection of the
downstream separation process, which is dictated by the
dissociation state of the acid (i.e., molecular or ionic form).
It is clear from the foregoing discussion that the liquid-phase
CO2 reduction process has some inherent limitations, even at
high pressures, such as the requirement of a relatively high cell
potential for a reasonable CD and low product concentrations.
Therefore, the design variables (e.g., cell potential, CD, FE, and
concentration) for the downstream processing and the
economic analysis are based on a CO2 electrolyzer with gas
diﬀusion electrodes.
Downstream Separation of Formic Acid/Formate. In
the following, we will assess the suitability of some commonly
used downstream processes in the chemical industry for FA/
formate separation from electrochemical cells. From Table S2 it
becomes apparent that FA has a very similar boiling point as
water and a mixture of both exhibits an azeotrope. It is
informative to investigate the phase behavior of FA−water
mixtures. In Figure 5, the Txy-diagram of water and FA mixtures
for diﬀerent pressures is shown. This system forms a high boiling
azeotrope, which means that the azeotropic mixture containing
77.6 wt % FA at atmospheric pressure has a higher boiling point
than the pure constituents. The concentration of FA in the
azeotropic mixture, see the solid line in Figure 5, can be
increased by elevating the pressure, but this will also raise the
boiling point of the mixture, which is not desired as FA is
susceptible to decomposition at higher temperatures. Note that

Figure 5. Vapor−liquid equilibrium (VLE) data of the system water−
formic acid at diﬀerent temperatures and pressures. Bubble points, dew
points, and azeotropic compositions are denoted by circles, triangles,
and solid lines, respectively. Experimental data taken from Gmehling et
al.58

the azeotrope disappears at high pressures (>40 bar), but in
practice, FA distillation is not performed in excess of 3−4 bar
due to the aforementioned problems. Nevertheless, a combination of distillation under pressure followed by vacuum
distillation can be used to obtain high-purity FA. Figure 5 also
shows that close to or higher than the atmospheric pressure,
formic acid is the high boiling component and will leave the
column as bottoms. Interestingly, at vacuum conditions, formic
acid is the more volatile component and will leave the column as
distillate. This observation is relevant for preventing solid
formation in the column due to crystallization of electrolytes/
salts upon water removal. The investment and operating costs of
a formic acid plant depend strongly on the desired
concentration, which is reﬂected in the price of diﬀerent grades
of formic acid on the market. BASF supplies globally ﬁve
diﬀerent grades of FA (i.e., 85, 90, 94, 95, and 99 wt %), but in
Europe/Asia only 85, 94, and 99 wt % are available. Other
companies like Eastman and Perstorp also supply 75 wt % of FA
solutions. Here, the downstream process will be designed to
deliver at least 85 wt % of FA.
Distillation, due to its simplicity and scalability, is often
preferred over other methods to separate volatile components.
However, ordinary distillation is not suitable when azeotropic or
isomeric mixtures are involved, the solute concentration is too
low, the materials are heat sensitive, separation of strong
hydrogen-bonding molecules from water is required, and the
solute is nonvolatile (e.g., formate). Distillation is impractical for
the separation of FA from (photo)electrochemical cells because
typical concentrations are less than 10%, which would require
removal of large amounts of water.
Extraction has traditionally been used to separate dilute
carboxylic acids (<30 wt %) from aqueous streams (e.g.,
fermentation broths).59,60 The main diﬀerence with distillation
is that the components are not separated based on their boiling
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Figure 6. Simpliﬁed extraction process to recover dilute products. (a) A low boiling solvent is used to extract a product from dilute streams. The extract
containing the solvent and the product is introduced into the distillation column, where the solvent is recovered as tops and recycled back to the
extractor, while the product leaves the column as bottoms. For water-soluble solvents, raﬃnate treatment is required to prevent loss of extractants and
to meet environmental regulations. Typically, steam is used to strip out the solvent, which can be recycled to the extraction unit. Water from the
stripper can be recycled to the process. (b) A high boiling solvent is used to extract the product. The process is similar to the low boiling solvent case,
except that the bottoms and tops in the product distillation column are reversed and a more complicated raﬃnate treatment is required. A wash
extractor is used to back-extract the high boiling solvent, which is regenerated in a second distillation column. Depending on the boiling point of the
wash solvent, the bottoms and tops of the second distillation column might be reversed.

• Low miscibility with the feed/carrier solvent: the amount
of solvent in the raﬃnate, which is governed by the
miscibility, needs to be minimized to avoid expensive
recovery steps.
• Density diﬀerence with respect to the feed/carrier solvent
of greater than 5%: the two liquids in an extraction
column are separated by settling, which is driven by the
density diﬀerence between both solvents.
• High thermal/chemical stability: the solvent should not
degrade/react upon contacting and regeneration.
• High selectivity for the solute: the solvent should only
extract the solute and leave other components of the feed
unaltered. This corresponds to a high distribution
coeﬃcient of the main solute with respect to the other
components.
• High boiling point: for ease of material handling, it is
desired to have a high boiling solvent, which is completely
immiscible with the carrier solvent. However, for high
boiling water-miscible solvents, the raﬃnate treatment
step is more complicated.

points but rather on their aﬃnity to bind the extraction solvent.
For liquid−liquid extraction, the solute is transferred from one
liquid phase (i.e., the feed/carrier solvent) to the second liquid
phase (i.e., the extraction solvent).61,62 Note that extraction is
never a stand-alone process, since it requires at least one
additional step (e.g., distillation) for solvent recovery, but it may
also include one or more product puriﬁcation steps. Therefore,
the capital cost of an extraction process is often higher than that
of distillation. In the cases mentioned above, the operational
costs for distillation to remove large amounts of water may far
outweigh the capital costs for liquid−liquid extraction. In Figure
6, a simpliﬁed diagram of an extraction process using (a) a low
boiling solvent and a (b) high boiling solvent is shown.63−66
Comparing the two process conﬁgurations shows that the
raﬃnate treatment for high boiling solvents is more complicated
and capital intensive. For an eﬃcient separation, the extraction
solvent should ideally have the following properties.59,61,62,67−71
• High aﬃnity for the solute: the solute should have a high
solubility in the solvent to minimize the number of stages
and solvent ﬂows.
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• Easy regeneration: the solvent in the extract (and
raﬃnate, when the solvents are not completely immiscible) must be separated and recycled back to the
extractor. Therefore, solvents that form an azeotrope with
the product or have high mutual solubilities should be
avoided.

KB =

FA,wfb
Corg

C HFA,sfb
2O

(7)

where CFA,wfb
and CFA,sfb
org
H2O are the mass concentrations of FA in the
organic phase and aqueous phase on a water-free basis and a
solvent-free basis, respectively. An equally important parameter
in extraction processes is the selectivity or separation factor of
the solvent with respect to other components (e.g., water) in the
feed. The separation factor (Si/j) is deﬁned as the ratio between
the distribution coeﬃcients of the main solute (e.g., FA) and the
coextracted component (e.g., water)
D
SFA/H2O = FA
D H 2O
(8)

• Low viscosity: it is desired to have a low viscous solvent
(<10 cp) to minimize diﬃculties with pumping,
dispersion, and mass transfer.
• Intermediate interfacial tension (5−30 mN/m): the
interfacial tension has an impact on the dispersion of
droplets. A low interfacial tension will cause emulsiﬁcation, while a high value will require an increased energy
input to create droplets, which also have a higher
tendency for recoalescence.

It is desired to have a high value for S, while S < 1 or close to 1
means that separation is not possible. Unfortunately, the
separation factors are not always reported in the literature. In
Table S1 of the Supporting Information, an extensive
compilation of distribution coeﬃcients and separation factors
of formic acid in chemical and physical solvents is presented. In
Figure 7, the distribution coeﬃcients are plotted as a function of

• Low corrosivity: the extraction solvent should be less
corrosive than the feed solution to avoid the use of special
construction materials.
• Nontoxic and nonﬂammable: the solvent should have a
low toxicity and ﬂammability to prevent health, safety, and
environmental issues.
• Low cost and commercial availability: the solvent should
be available commercially at a reasonable price for largescale applications. Loss of small amounts of highly costly
solvents (e.g., through the raﬃnate) is disastrous for the
economics of the extraction process.
In practice, it is diﬃcult to ﬁnd a solvent that satisﬁes all of these
requirements of an ideal solvent. Often, a screening study is
required to select the best solvent for a speciﬁc application. For
the extraction of carboxylic acids from aqueous solutions, many
diﬀerent types of chemical and physical solvents have been
reported in the literature. These solvents can be classiﬁed as
hydrocarbons, halogen-containing, oxygen-containing, phosphorus-containing, sulfur-containing, nitrogen-containing, and
mixtures of the aforementioned compounds. The mechanism of
FA extraction in chemical solvents is diﬀerent from that of
physical solvents. In the former, FA is extracted through
chemical complexation, while in the latter physical interaction or
solvation is the main mechanism of extraction. Eﬃcient
extraction of formic acid requires breaking of relatively strong
water−FA and FA−FA hydrogen bonds, which is more
eﬀectively accomplished by chemical solvents than by physical
solvents. Furthermore, chemical solvents typically comprise a
mixture of extractants and diluents, which are often diﬃcult to
regenerate/recover from the extract and raﬃnate. The
distribution coeﬃcient and the separation factor are two
important parameters for screening solvents of extraction
processes. The distribution coeﬃcient measures the ability of
a solvent to extract the solute from the carrier solvent and is
deﬁned as the ratio of the mass concentration of the solute in the
organic-rich (extract) phase and the water-rich (raﬃnate)
phase67
DFA =

Figure 7. Distribution coeﬃcient of formic acid as a function of the total
Hansen solubility parameter of the solvents/diluents at 298.15 K. For
the chemical solvents, the solubility parameters of the diluents have
been plotted. See the Supporting Information for a compilation of
data.80−106

the total Hansen (δt) solubility parameter of the solvents or
diluents. The correlation of the distribution coeﬃcient with the
Hansen solubility parameter is weak, but there are only few
extractants with a solubility parameter close to that of formic
acid (24.9 MPa1/2). The distribution coeﬃcient of FA in the
solvents shows the following trend: amines > phosphorous
compounds > esters > ketones ≈ alcohols > ethers > aromatics >
halogenated compounds > hydrocarbons. Belova et al.72 also
observed a similar trend of performance. It is clear that chemical
solvents (e.g., amines and phosphorous) are superior to physical
solvents if distribution coeﬃcients are used as the screening
parameter. However, as recently shown by Shah et al.,73 solvent
selection should not be based on the partition coeﬃcient only,
but solvent cost, product cost, separation factor, thermal
stability, and ease of regeneration should be considered as
well. An initial screening study was performed to select a number
of promising solvents for FA extraction; see Table S3 of the
Supporting Information. Note that distribution coeﬃcients and
separation factors depend strongly on the FA concentration in

FA
Corg

C HFA2O

(6)

A high as possible value of D is desired, but it remains
challenging to ﬁnd (chemical or physical) solvents with D > 10.
In shortcut calculations, often the partition ratio in Bancroft
coordinates (KB) is used, which is deﬁned as67
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very close to that of water. To adjust the density, TBP is often
mixed with diluents, which are soluble in water and diﬃcult to
recover. For this reason, TBP has been eliminated in the
selection. The suitability of butyl acetate and isoamyl alcohol is
diﬃcult to judge because no experimental VLE data could be
found for the systems butyl acetate−FA and isoamyl alcohol−
FA. Methyl isobutyl ketone (MIBK) and FA form a close boiling
(not an azeotropic) mixture, which is also diﬃcult to separate as
a large number of stages will be required. Finally, 2methyltetrahydrofuran (2-MTHF) has been selected for FA
extraction. Note that 2-MTHF and FA form an azeotrope, which
contains 43 wt % 2-MTHF and has a boiling point of 80 °C at 0.5
bar. The 2-MTHF−water azeotrope contains 10.6 wt % water
and boils at 71 °C at 1 bar.75,76 The FA−water azeotrope
contains 22.5 wt % water and boils at 107.7 °C at 1 bar.77 Since
water is coextracted in the extraction unit, the feed of the
distillation column (i.e., the extract) will contain a mixture of FA,
2-MTHF, and water. If the mass ratio of water and 2-MTHF in
the feed is slightly higher than the mass ratio of water and 2MTHF in the 2-MTHF−water azeotrope (10.6/89.4), then it is
possible to obtain a concentrated FA stream, essentially free of 2MTHF, in the bottom of the distillation column. This is in fact
an azeotropic distillation process with 2-MTHF as the entrainer.
The azeotropic mixture of water and 2-MTHF is distilled over
the top of this distillation column, while the bottom is a
concentrated FA stream, which is free of 2-MTHF. It is crucial to
have a correct amount of water in the feed. For an insuﬃcient
amount of water in the feed, the FA stream will be contaminated
with 2-MTHF. On the other hand, an excess of water in the feed
will dilute the FA stream too much, which would require
additional columns for higher concentrations. Hangx et al.78
reported a similar azeotropic distillation process to separate FA
and 2-MTHF mixtures by addition of water. Tirronen et al.79
reported a hybrid extraction−distillation process to separate
carboxylic acids using 2-MTHF as the solvent. The amount of
water in the extract is a function of the acid content,
temperature, amount of salt, and solvent-to-feed ratio. Therefore, by carefully selecting the operating conditions of the
extractor, the addition of water can be eliminated. An analysis of
the experimental liquid−liquid equilibrium (LLE) data of
Demesa et al.80 for the system 2-MTHF-FA−water shows that
the amount of coextracted water is suﬃcient to obtain a
concentrated FA stream in the distillation column. The recovery
of 2-MTHF from the raﬃnate is relatively easy because it forms a
low boiling heterogeneous azeotrope with water at 71 °C, which
is well below the boiling point of water at atmospheric pressures.
Therefore, steam stripping with a decanter-type condenser can
be used to recover the solvent from the raﬃnate. In the decanter,
the low boiling solvent−water azeotrope is condensed and
separated into two (immiscible) liquids. The light (organic)
phase containing the solvent is recycled to the extractor, while
the heavier (aqueous) phase is reﬂuxed to the stripper. It is
beneﬁcial to operate the decanter at elevated temperatures
because the solubility of 2-MTHF in water is reduced from
around 14 wt % at 25 °C to 6.6 wt % at 60 °C, while the solubility
of water in 2-MTHF is only slightly temperature dependent (4
wt % at 20 °C to 4.6 wt % at 60 °C).75
It is important to note that none of the solvents are able to
extract the dissociated (ionic) form of the acid. As shown by
Galaction et al.,107 Hong et al.,108 Abdelkader et al.,109 Eyal and
Canari,110 Seyd et al.,111 and Yang et al.,112 the extraction
eﬃciency of chemical and physical solvents deteriorates as the
pH is increased, which corresponds to converting the acid into

the aqueous phase. The data reported in Table S3 corresponds
approximately to an FA concentration of 10 wt % in the aqueous
phase. The extractants reported in Table S3 are interesting from
the extraction point of view, but the ease of solvent recovery
should also be considered in the ﬁnal selection. In this initial
selection, no consideration was given to the possibility of
esteriﬁcation reactions of alcohols and formic acid in the
presence of a suitable catalyst (e.g., sulfuric acid). It is unclear to
what extent such a reaction will occur in the absence of a catalyst
in a distillation column. The mutual solubility of water and the
selected solvents is relatively high, which is reﬂected in the
relatively low separation factors reported in Table S3. The
consequence of this is that a signiﬁcant amount of water is
coextracted in the organic phase (extract), while the raﬃnate is
polluted with the solvents. For economic and environmental
reasons, the solvents need to be recovered from the raﬃnate. In
principle, steam stripping can be used to recover the solvents,
since the selected extractants form a low boiling azeotrope with
water. Azeotropic data of the solvent−water systems can be
found in Table S4 of the Supporting Information. It might seem
counterintuitive to recover a solvent with a higher boiling point
than water as the distillate, which is only possible for systems
that show a low boiling azeotrope at temperatures below the
boiling point of water. In all other cases, recovering a high
boiling solvent by steam stripping is not practical, since water
would be evaporated as a low boiling component, which is a very
energy-intensive way of purifying wastewater. In the following,
an elimination procedure was used to shortlist the best
candidates from Table S3. Avoid solvents that (1) are unstable
or react with FA [e.g., n-propyl formate and ethyl acetate
(hydrolysis)], (2) form a binary and ternary azeotrope with FA
and water, which are diﬃcult to separate in a single distillation
column (e.g., ethyl acetate and 1-butanol form a ternary
azeotrope), (3) have a low selectivity for FA [e.g., diisopropyl
ether (DIPE)], (4) are highly miscible with water (e.g., methyl
ethyl ketone) and/or have a higher boiling point than FA and
forms no or high boiling azeotrope with water or a low boiling
azeotrope, which is rich in water content (e.g., 1-hexanol), (5)
have a similar density as water [e.g., tributyl phosphate (TBP)],
and (6) are not readily available at a low cost (e.g., the highmolecular-weight esters). In a screening study by Veith et al.,74
1-hexanol was found to be a promising solvent for FA extraction.
Although 1-hexanol exhibits a relatively high distribution ratio
and separation factor, its use has some inherent drawbacks. The
1-hexanol dissolved in water is diﬃcult to recover by steam
stripping, since the boiling point of the hexanol−water
azeotrope (97.7 °C) is too close to that of water and the water
content of the azeotrope is too high (92 mol %). Therefore, 1hexanol cannot be concentrated and decanted in the stripper but
will require an expensive back-extraction process as shown in
Figure 6b. Note that diisopropyl ether (DIPE) is sometimes
used as an entrainer in azeotropic distillation for formic acid
dehydration. DIPE and water form a low boiling azeotropic
mixture, which is removed as distillate and condensed in a
decanter to form two immiscible liquids. The light organic-rich
phase containing DIPE is reﬂuxed to the distillation column,
while the water-rich phase containing small amounts of DIPE is
sent to the wastewater treatment. Although DIPE is an eﬀective
entrainer, it is not suitable for FA extraction from dilute streams
due to the low distribution coeﬃcient and separation factor,
which is caused by a high solubility of water in DIPE. Similarly,
TBP satisﬁes almost all of the generic requirements of an ideal
solvent, except for the relatively high cost and a density that is
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Figure 8. Production of formic acid (FA) from potassium formate solutions using a three-compartment electrodialysis with bipolar membrane
(EDBPM) process. A potassium formate solution is fed into the center compartment, which is sandwiched between a cation-exchange membrane
(CEM) and an anion-exchange membrane (AEM). The formate ions are pulled through the AEM membrane toward the positive electrode, while the
potassium ions migrate through the CEM toward the negative electrode. The formate ions from the AEM and the potassium ions from the CEM
combine with the protons and hydroxides from the BPM to produce FA and potassium hydroxide (KOH), respectively. The concentration of FA and
KOH can be controlled by the ﬂow of water in the two outermost compartments.

Table 2. Performance of Electrodialysis for Concentrating/Generating FA/Formate Solutions
reactora

conﬁgurationb

Vcell (V)

CD (A/m2)

FE (%)

P (kWh/kg)c

ref

CED
EDBPM
EDBPM
EDBPM
BEDBPM
CED

CEM-AEM-CEM
BPM-AEM-CEM
BPM-AEM-CEM
BPM-AEM-BPM
BPM-AEM-CEM
CEM-AEM-CEM

2
3.6
3
5
1.8
8

55
500
500
200
24
300

69
78
76
72
87
70

1.4
2.6
2.4
4.3
1.1d
3.4

Nagarale et al.119
Jaime Ferrer et al.120
Jamie Ferrer et al.121,122
Zhang et al.123
Lu et al.124
Selvaraj et al.125

a

CED, conventional electrodialysis; EDBPM, electrodialysis with bipolar membranes; BEDBPM, biological electrodialysis with bipolar membranes.
Membrane conﬁguration used in the stack, where CEM, AEM, and BPM stand for cation-exchange membrane, anion-exchange membrane, and
bipolar membrane, respectively. cPower consumption to produce 1 kg of product. dIncluding 0.4 kWh/kg bioenergy consumption.
b

will produce a waste (e.g., Na2SO4) stream. These methods are
not consistent with the principles of green chemistry.
Electrodialysis (ED) is an alternative for the unsustainable
acid−base reaction process for acidiﬁcation. In this process, a
combination of ion-exchange membranes (e.g., BPM, AEM, and
CEM) is used to acidify and concentrate dilute acid and base
streams. Luo et al.117,118 used electro-electrodialysis and
conventional electrodialysis (CED) to concentrate formate
solutions. These authors obtained relatively high current
eﬃciencies, exceeding 100% at high FA concentrations due to
molecular association, but at relatively low current densities.
CED with an AEM and CEM is not so eﬃcient for FA/formate
acidiﬁcation and recovery because of product crossover or
leakage through the membranes leading to low current
eﬃciencies. To overcome these issues, electrodialysis with
bipolar membranes (EDBPMs) has been proposed. The
membranes can be arranged in diﬀerent conﬁgurations to give
a two-compartment cell (BPM-AEM or BPM-CEM) or a threecompartment cell (BPM-AEM-CEM). All three conﬁgurations
suﬀer to some extent from eﬃciency loss due to product leakage,
which is more pronounced at high current densities and acid or
base concentrations. The highest current eﬃciency is achieved
with the three-compartment cell, but at an expense of higher
power consumption compared with the two-compartment

its ionic form. These solvents cannot extract FA/formate from
aqueous solutions for pH > pKa. Therefore, liquid−liquid
extraction is not suitable for separating the formate produced by
electrochemical reduction of CO2 in alkaline media.
Ion-exchange resins (IERs) are also commonly used to adsorb
carboxylic acids from fermentation broths. IERs are typically
polymeric resins, which are linked with cation- or anionexchange groups. Strong or weak base resins linked with tertiary
or quarternary amines are predominantly used for the separation
of carboxylic acids. In Table S5 of the Supporting Information,
an overview of literature studies using IERs for FA separation is
provided. The basic IERs are eﬃcient in separating FA from a
dilute stream, but like in liquid−liquid extraction, only the
molecular form of the acid can be removed. As shown by Chanda
et al.,113 Kunin and Myers,114 Husson and King,115 and Lin et
al.,116 the adsorption capacity of IERs decreases drastically as the
pH is increased, which means that the dissociated form of the
acid is not adsorbed. The bottleneck of this process is the
regeneration of the resin, which is typically performed by elution
with a strong alkaline solution (e.g., NaOH for basic resins).
Consequently, a salt product (e.g., NaHCOO) is obtained,
which will require acidifaction to recover the conjugate acid.
Acidiﬁcation can be performed with a strong acid (e.g., H2SO4)
or an acidic IER, but both methods, the IER upon regeneration,
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Figure 9. Simpliﬁed process diagram of a CO2 valorization concept including capture, electrochemical conversion, and product separation. An
adsorber is used to separate gaseous products and unconverted reactants. The CO2 capture, recycling/adsorption, and product separation steps may
contain additional supporting units, which are not shown.

electricity, which can be obtained from renewable sources like
solar and wind. Therefore, it is more economical to run the
electrodialyzer on excess renewable energy during oﬀ-peak
hours when the electricity price is low. This strategy is of course
applicable to the CO2 electrolyzer as well.
Crystallization and precipitation are commonly used in the
fermentation industry to separate dilute products from broths.
In crystallization, the solution is either cooled or evaporated
until the solubility limit of the solute is reached or surpassed
(supersaturated), causing crystal nucleation. Precipitation is the
sedimentation of a sparingly soluble solute from a liquid solution
by exceeding its solubility limit. For both processes, the
solubility, freezing points, and concentration of the solute are
extremely important. These properties of FA solutions and some
formate salts are reported in the Supporting Information. It
becomes apparent that FA and formate salts are extremely well
soluble in water, cause a signiﬁcant freezing point depression,
and have the tendency to undergo supercooling. These all will
present a signiﬁcant challenge to crystallize or precipitate FA out
of these solutions. However, the main problem is the low FA/
formate concentration (<10 wt %) in the electrochemical cell,
which will demand a huge cooling or heating load for
crystallization/precipitation. Therefore, crystallization and
precipitation are not suitable to recover FA/formate from dilute
streams of an electrochemical reactor.
Other methods for FA separation either are related to one of
the previous techniques (e.g., reactive distillation, salting-out
extraction, supercritical ﬂuid extraction, and adsorption) or have

conﬁgurations. In Figure 8, a schematic diagram of a threecompartment EDBPM process for producing formic acid from
formate solutions using a BPM-AEM-CEM stack is shown. It is
important to note that a dilute formate stream from the
electrochemical reactor requires acidiﬁcation and concentration,
while a formic acid stream only requires concentration.
Therefore, care must be taken in selecting the membranes,
since not all of the three conﬁgurations are suitable for
concentrating a stream. For example, in the BPM-CEM
conﬁguration, the acidiﬁcation is performed in the feed
compartment, which will only protonate the formate, but its
concentration will remain roughly the same. In Table 2, an
overview of literature studies concerning the conversion and
concentration of formate or formic acid solutions using ED is
provided. Note that the current eﬃciency and power
consumption reported in Table 2 strongly depend on the
current density and initial acid and base concentrations. For
moderate current densities, the current eﬃciency is between 70
and 100% and the power consumption is between 1.5 and 4.5
kWh/kg product. An advantage of the EDBPM process is that it
also generates a base, which can be used to capture CO2 from
dilute sources according to the reaction
CO2 + KOH ↔ KHCO3

(9)

It is obvious that the integrated CO2 capture and FA
regeneration with EDBPM will improve the economics of the
overall process. Conventional processes like distillation or
extraction require heat, while electrodialysis runs on power/
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a low potential/technology readiness level (TRL) for large-scale
deployment (e.g., conventional membranes, liquid chromatography, and CO2-switchable solvents).
In summary, the separation of FA or formate from aqueous
solutions is a challenging task, especially when the concentrations are low, and the pH is larger than the pKa of FA.
Distillation, extraction, and ion-exchange resins cannot be used
to separate the dissociated form of the acid (i.e., formate).
Electrodialysis is an interesting option to concentrate and acidify
formate solutions but suﬀer from eﬃciency loss at high
concentrations and consequently a high power consumption.
Crystallization and precipitation are not suitable for FA or
formate separation because the concentration in the feed is too
low and the solubility of formate salts in water is relatively high.
The undissociated form of the acid (i.e., FA) can be separated by
conventional distillation up to the azeotropic composition, but
the low concentration of the high boiling FA will require an
excessive amount of energy for water removal. Liquid−liquid
extraction is currently the best technology to remove FA (i.e.,
the undissociated acid) from dilute streams. There is still a need
for better extraction solvents with improved distribution
coeﬃcients, separation factors, and mutual solubilities.
Economics of CO2 Electroreduction to Formic Acid/
Formate. A commercial CO2 electrolysis process will likely be
accompanied by a range of supporting units like CO2 capture,
reactant recycling, and product recovery. A possible process
scheme is shown in Figure 9. CO2 is captured from biogas, ﬂue
gas, or air and fed to the electrolyzer, which uses (recycled)
water and renewable energy from solar or wind to convert CO2
to valuable products. In the following process steps, the
unconverted reactants/electrolytes are recycled and the electroreduction products are separated using conventional methods.
Depending on the product, concentration, and conversion, gas−
gas, gas−liquid, liquid−liquid, or solid−liquid separations might
be required. The technoeconomic evaluation will include costs
for CO2 capture, CO2 electrolysis, reactant recycling, and
product separation. The cost estimates of all of these
components involve some degree of uncertainty, which is
related to the low technology readiness level (TRL) of the
process. Therefore, we will perform a sensitivity analysis
including a base case, an optimistic (best) case, and a pessimistic
(worse) case scenario. In the following, the assumptions
underlying the cost estimate of the major components will be
discussed.
Cost of CO2. The cost of CO2 capture depends on the applied
separation technology, the concentration of CO2 in the mixture,
and the source. A comprehensive review of CO2 capture
technologies can be found in several recent studies.126,127
Generally, it is more expensive to capture CO2 from dilute
streams like air or postcombustion ﬂue gas than from more
concentrated streams like biogas and precombustion ﬂue gas. In
fact, only very energy-intensive processes based on chemical
solvents (e.g., amines) are suitable to capture CO2 from dilute
sources. Physical solvents are less energy demanding but can
only be applied at sources (e.g., IGCC, biogas, and natural gas)
with relatively high CO2 partial pressures. In Table 3, an
overview of the cost of CO2 capture from diﬀerent sources is
provided. In the literature, the cost of CO2 capture is reported in
many diﬀerent metrics, i.e., the cost of CO2 avoided (COCA),
the cost of CO2 captured (COCC), the cost of CO2 reduced/
abated (COCR), and the increased cost of electricity (ICOE).
All of these measures have a diﬀerent meaning but bear a
common unit ($/ton CO2), which can be confusing to

Table 3. Cost of CO2 Captured (COCC) from Diﬀerent
Sources (All Values Are in 2013 U.S. Dollars, Unless
Otherwise Mentioned)
sourcea

COCC ($/ton CO2)

SCPC
NGCC
IGCC
oxy
biogas
natural gas
air

36−53
48−111
28−41
36−67
25−50
30−40
100−1000

a

SCPC, postcombustion capture at supercritical pulverized coal
plants; NGCC, postcombustion capture at natural gas combined cycle
plants; IGCC, precombustion capture at coal-based integrated
gasiﬁcation combined cycle plants; and oxy, oxy-combustion capture
at SCPC plants. Data taken from refs 128−130, 132, and 133.

nonexperts. Here, the cost of CO2 captured will be used,
which excludes the cost of transportation and storage. For
capture from ﬂue gas and biogas, the cost ranges from $30 to
$100/ton CO2 captured. Recently, Rubin et al.128 estimated the
cost of CO2 capture (between $40 and $60/ton of CO2
captured) for the Boundary Dam plant in Canada and the
Petra Nova plant in U.S., which are currently the only two
commercial-scale coal-ﬁred power plants in the world that use
carbon capture and storage (CCS) technology. For direct air
capture (DAC), the most recent cost estimate is between $100
and $230/ton CO2, but much higher costs ($500−1000/ton
CO2) have been stated in the past.129,130 For the base case, we
will use a CO2 price of $50/ton, which falls within the cost range
of CO2 capture from biogas and ﬂue gas. The amount of CO2
required to produce a certain amount of FA/formate can be
obtained from the reaction stoichiometry
CO2 + 2H+ + 2e− → HCOOH

(10)

Ideally, 1 mol FA requires 1 mol CO2 and 2 mol protons and
electrons. The actual amount of CO2 required will be higher,
since the single-pass conversion is not 100%. For a single-pass
conversion of 50%, the amount of CO2 required is twice the
stoichiometric amount. For economic reasons, the unconverted
CO2 should be recycled. Therefore, an additional separation/
recycling step for CO2 will be required depending on the singlepass conversion of CO2, the FE, and the byproducts in the
electrolyzer. The single-pass conversion is often <50%, which
means that a large fraction of the supplied CO2 leaves the reactor
without being converted.37,131 This is not an issue for a high FE,
since the unconverted CO2 can simply be recycled. However, for
a low FE, the byproducts (e.g., CO and H2) might mix (or not
depending on the cell design) with the unconverted CO2 stream.
This stream can be purged for high conversions and FEs but
requires recycling for low conversions and byproduct recovery
for low FEs. Since the FE of CO2 conversion to FA is relatively
high (>90%), the partial pressure of CO2 in the recycle stream
will be high. For this reason, physical solvents/adsorbents can be
used for CO2 capture and recycling. The byproducts (<10%)
can be obtained in high purities because the solubility/
adsorption of CO/H2 in/on physical solvents/adsorbents is
low. Here, pressure-swing adsorption (PSA) with activated
carbon will be used for CO2 capture and recycling. The capital
and operating costs for recycling the unconverted CO2 are
roughly the same as the cost of CO2 capture from biogas or
natural gas ($40/ton). Therefore, a CO2 electrolyzer that
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operates at low conversions will signiﬁcantly increase the cost of
CO2 capture and recycling. In Table 4, the eﬀect of CO2

Table 5. Estimated Capital Costs of Hydrogen, Chlor-Alkali,
and CO2 Electrolyzers

Table 4. Eﬀect of Conversion on the Economics of CO2
Capture and Recycling
case

ideal

best

base

worse

conversion
CO2 required (kg/h)
CO2 required (ton CO2/ton FA)
CO2 recycling (kg/h)
CO2 recycling (ton CO2/ton FA)
price of CO2 capture ($/ton CO2)
price of CO2 recycling ($/ton CO2)
cost of CO2 ($/ton FA)
cost of CO2 recycling ($/ton FA)
total cost of CO2 ($/ton FA)

1
478
0.96
0
0
0
0
0
0
0

0.75
637
1.27
159
0.32
25
20
32
6
38

0.5
955
1.91
478
0.96
50
40
96
38
134

0.25
1911
3.82
1433
2.87
100
80
382
229
611

parameter

unit

AECa

chlor-alkali

CO2-EC

cell voltage
CD
power
CAPEXb
CAPEX

V
mA/cm2
kW/m2
€/kW
€/m2

1.75
300
5.3
1000
5250

3
500
15
2000
30 000

3
200
6
5000
30 000

a
Alkaline electrolysis cells for hydrogen production. bFor simplicity,
an euro to dollar exchange rate of 1 will be used.

hydrogen electrolysis cells (AECs), chlor-alkali membrane cells,
and CO2 electrolyzers is provided. The CAPEX of €1000/kW
(∼€5250/m2) for AEC is taken from Schmidt et al.,139 which
can be compared with the values used by Jouny et al.19
(∼$1000/m2) for alkaline electrolyzers and by Spurgeon et al.20
(∼$30 000/m2) for proton-exchange membrane (PEM) electrolyzers. The CAPEX of the chlor-alkali process is around
$200 000−$300 000/ton per day chlorine capacity, which is in
agreement with the investment cost of $411 million for a recent
Dow−Mitsui chlor-alkali plant with a capacity of 800 000 ton/
year.140−142 Using typical values for the cell voltage and CD, the
CAPEX of chlor-alkali electrolyzers per unit of power input can
be estimated to be around $2000/kW.143 For the base case, we
have assumed that the capital cost of the CO2 electrolyzer per
unit area is similar to that of the chlor-alkali process (∼$30 000/
m2). This is a factor 30 higher than the value used by Jouny et
al.19 but similar to the base-case value of Spurgeon et al.20
However, we believe that this cost of merit is reasonable
considering the complexity of (GDE-based) CO2 electrolyzers
and the similar operating range (CD and potential) as the chloralkali process.
The operating cost of the CO2 electrolyzer is mainly
determined by the power consumption (P in watts), for a
given capacity (C in kilogram of FA)

conversion on the economics of CO2 capture and recycling is
presented. At 100% conversion, the amount of CO2 required to
produce 500 kg/h of FA is around 478 kg/h and no recycling is
needed. However, at a conversion of 25%, not only the amount
of CO2 required is 4 times higher (1911 kg/h), but 75% of this
(i.e., 1433 kg/h) needs to be recycled as well. It is clear that a low
conversion will add signiﬁcant expenses for recycling CO2. For
the best, base, and worse case scenarios, conversions of 75, 50,
and 25% will be assumed, respectively.
Cost of Electricity. For electrochemical processes, the
consumption of electricity has a large contribution to the total
production cost. Therefore, the price of electricity will have a
signiﬁcant impact on the economics of CO2 electroreduction.
The intermittent behavior of renewable energy causes huge
ﬂuctuations in the electricity price, which can be negative in
some cases. Furthermore, the cost of renewable energy depends
on the source type (solar or wind), capacity, region, season,
demand, market, policy, and so on. It is therefore diﬃcult to
accurately predict the (future) price of renewable electricity.
Due to its simplicity, the levelized cost of electricity (LCOE) is
often used as a metric to compare the performance of diﬀerent
(renewable and nonrenewable) technologies, but the method
has some inherent well-known drawbacks. A sensitivity analysis
will be performed to take into account the uncertainty in the
LCOE from renewables. As input for the three scenarios, the
current and the anticipated future LCOE in Europe (in
particular Germany) will be used. Here, the main focus is on
the LCOE from solar and wind, since other sources like hydro
and geothermal are restricted to countries with a strategic
geographical location. The (future) LCOE from renewable
energy sources has been analyzed in some detail by McKinsey &
Company, Lazard, IRENA, IEA, and Fraunhofer.134−138 The
current LCOE of onshore wind and solar photovoltaic (PV) is in
the range of $40−60/MWh, which is expected to nearly halve by
2030. For the base case, we will assume an electricity price of
$50/MWh.
Capital and Operating Costs of the CO2 Electrolyzer.
Current estimates for the cost of CO2 electrolyzers are subjected
to large uncertainties due to the lack of commercial-scale
applications. A ﬁrst estimate of the cost can be obtained by
comparison with similar commercial-scale processes like
hydrogen or chlor-alkali production from water or brine
electrolysis, respectively. The capital cost of CO2 electrolyzers
will be deduced from these two well-established electrochemical
processes. In Table 5, an estimate of the capital costs for alkaline

P
V ·n·F
=
C
t ·M w ·FE

(11)

where V is the cell voltage, n is the number of electrons (2 for
FA), F is the Faraday constant (C/mol), t is the time (s), Mw is
the molecular weight of FA (kg/mol), and FE is the Faraday
eﬃciency of FA. In Tables 6 and 7, an estimate of the capital and
Table 6. Estimated Capital and Operating Costs of a CO2
Electrolyzer for 500 kg/h Formic Acid Productiona
case

best

base

worse

cell voltage (V)
CD (mA/cm2)
FE (%)
electricity ($/MWh)
electrolyzer area (m2)
CAPEX ($/m2)
CAPEX (M$)
CAPEX ($/kg FA)
OPEX (k$/year)
OPEX ($/kg FA)
CAPEX + OPEX ($/kg FA)

2
200
90
25
324
15 000
4.9
0.081
259
0.065
0.146

2.5
200
80
50
364
30 000
10.9
0.182
727
0.182
0.364

3.5
200
70
100
416
60 000
25.0
0.416
2327
0.582
0.998

a

Economic analysis is based on a plant capacity of 500 kg/h, a lifetime
of 15 years, and 8000 h/year of operation. Maintenance, depreciation,
interest, and taxes are excluded.
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salts is often beneﬁcial for the extraction of FA due to a saltingout of water from the organic phase, which increases the
separation factor of FA. These eﬀects are challenging to capture
in a simulation because of the requirement of an accurate
electrolyte model. However, such a technical detail is of minor
importance at the conceptual process design stage and has been
ignored. The most crucial step is the selection of an adequate
model in Aspen Plus to correctly represent the phase behavior of
the mixtures. The selected model should be validated against
experimental data [e.g., VLE, LLE, vapor−liquid−liquid
equilibrium (VLLE), and azeotrope formation]. Models that
fail to reproduce the phase behavior or produce a spurious
azeotrope should be discarded immediately, since it will directly
inﬂuence the performance, sizing, and costs of the separation
units. For associating systems, the Aspen manual recommends
the use of the UNIQUAC and NRTL activity coeﬃcient models
for the liquid phase and the Hayden−O’Connell (HOC) model
to account for the dimerization in the vapor phase. For the
selected models, the binary and ternary phase diagrams of the
solvent−FA−water system were computed and compared with
available experimental data. The results show that the NRTLHOC model performs better than the UNIQUAC-HOC model
in representing the experimental VLE data of water and FA. The
experimental LLE data of Glass et al.144 was used to ﬁt the
NRTL parameters of the 2-MTHF−water system. The NRTL
parameters for the 2-MTHF−FA system were ﬁtted to the
azeotropic data of Hangx et al.78 All other parameters were taken
from the Aspen databank. The validation of modeling results can
be found in the Supporting Information.
After selecting the correct model, the process ﬂow diagrams
were developed and simulated in Aspen Plus. The extraction and
distillation columns were, respectively, modeled with the
EXTRACT and RADFRAC unit operation blocks of Aspen
Plus. It is now a matter of optimizing the units to meet the
design/separation speciﬁcations using a minimum of energy
input. For extraction columns, a general guideline is to set the
extraction factor (E′) between 1.5 and 2. The extraction factor is
deﬁned as

Table 7. Estimated Capital and Operating Costs of a CO2
Electrolyzer for 500 kg/h Formate Productiona
case

best

base

worse

cell voltage (V)
CD (mA/cm2)
FE (%)
electricity ($/MWh)
electrolyzer area (m2)
CAPEX ($/m2)
CAPEX (M$)
CAPEX ($/kg FA)
OPEX (k$/year)
OPEX ($/kg FA)
CAPEX + OPEX ($/kg FA)

2
250
95
25
245
15 000
3.7
0.061
245
0.061
0.123

2.5
250
90
50
259
30 000
7.8
0.129
646
0.162
0.291

3.5
250
75
100
311
60 000
18.6
0.311
2172
0.543
0.854

a

Economic analysis is based on a plant capacity of 500 kg/h, a lifetime
of 15 years, and 8000 h/year of operation. Maintenance, depreciation,
interest, and taxes are excluded.

operating costs of a CO2 electrolyzer with a capacity of 500 kg/h
for formic acid and formate is provided. For the base case of the
FA route, a cell voltage of 2.5 V, CD of 200 mA/cm2, FE of 80%,
and electricity price of $50/MWh were assumed. For the base
case of the formate route, a cell voltage of 2.5 V, CD of 250 mA/
cm2, FE of 90%, and electricity price of $50/MWh were
assumed. Under these conditions, the cost of producing 1 ton of
formic acid and formate is $364 and $291, respectively. In the
best case, the cost reduces to ∼$146 and $123 for FA and
formate, respectively.
Cost of Downstream Separation. As discussed earlier, the
downstream process for FA separation depends on the
dissociation state of the acid. Liquid−liquid extraction has
been selected to remove the molecular (undissociated) form of
the acid from dilute streams at low pH conditions. In Figure 10, a
simpliﬁed process scheme for the extraction of FA with a low
boiling solvent, which forms a low boiling azeotrope with water,
is shown. For the extraction of FA, 2-MTHF was selected. A
dilute FA stream from the electrolyzer is fed at the top of the
extractor, which uses a low boiling solvent (i.e., 2-MTHF) to
selectively extract the acid from the aqueous phase. The extract
containing water, solvent, and FA is introduced into the
azeotropic distillation column. The low boiling heterogeneous
solvent−water azeotrope is recovered as tops, while the bottom
stream contains around 75 wt % FA, which is free of 2-MTHF.
This stream is introduced into a vacuum distillation column to
obtain at least 85 wt % of FA. The heterogeneous solvent−water
azeotrope is split in a decanter-type condenser into two liquid
streams. The solvent-rich phase is partly reﬂuxed to the
azeotropic distillation column and partly recycled to the
extractor. The water-rich phase and the raﬃnate stream from
the extractor require some treatment to prevent solvent loss and
to comply with environmental regulations. A steam stripper
supported with a decanter is used to recover the low boiling
solvent, which is recycled to the extractor. The puriﬁed water
stream from the stripper can be recycled to the electrolyzer. Heat
integration between the units and solvent reclamation steps to
clean the recycled solvent were not considered in the process
design and economic analysis. The process shown in Figure 10
was modeled with Aspen Plus to estimate the capital and utility
costs. For the base case, a feed mass ﬂow rate to the extractor of
5000 kg/h with 10 wt % of FA in water was assumed. The eﬀect
of electrolytes on the separation performance of the extraction
unit and the distillation column was neglected. The presence of

E′ = KB

S′
F′

(12)

where KB is the partition ratio in Bancroft coordinates and S′/F′
is the solvent-to-feed ratio. The extraction column can be
optimized by calculating diﬀerent combinations of solvent ﬂow
rates and the required number of stages to meet the design
speciﬁcation. The optimal design was one that achieved 99.5%
FA recovery with a minimal number of stages with the constraint
that the extraction factor should be between 1.5 and 2. The
fractional recovery of FA was calculated as the ratio of the FA
mass ﬂow of the extract and feed streams. For the design of the
azeotropic distillation column, the bottom stream should
contain at least 75 wt % FA and less than 0.005 wt % of the
extraction solvent with the remainder being water, while the loss
of FA through the tops should be at most 0.005 wt %. Note that
the residue will contain a mixture of FA and water, since
signiﬁcant amounts of water are coextracted in the extraction
column. The vacuum distillation column was designed to
produce at least 85 wt % of FA as tops. The distillation columns
were optimized in Aspen Plus using the built-in Model Analysis
tool. For a given number of stages and design constraints/
speciﬁcations, the reﬂux ratio and the location of the feed stage
were optimized by minimizing the condenser and reboiler
duties. A similar optimization strategy was used for the design of
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Figure 10. Simpliﬁed diagram to extract FA with a low boiling solvent, which forms a low boiling heterogeneous azeotrope with water. A dilute stream
of FA from the electrolyzer is fed to the extraction column, which uses a low boiling solvent (e.g., 2-MTHF) to remove FA from water. The extract is
sent to the azeotropic distillation column to recover the solvent−water azeotrope as tops and the product (∼75 wt % FA) as bottoms. The
heterogeneous solvent−water azeotrope is split into two liquid streams in a decanter-type condenser. The organic-rich phase containing the solvent is
partly reﬂuxed to the distillation column and partly recycled to the extractor. The water-rich phase is, after combining with the raﬃnate from the
extractor, sent to the stripper. The bottom stream from the azeotropic distillation column is sent to the vacuum distillation column to obtain a more
concentrated (>85 wt %) FA stream as the distillate. The bottom stream of the vacuum distillation column is recycled to the azeotropic distillation
column. The raﬃnate is stripped with steam to recover small amounts of solvents dissolved in water. The low boiling solvent−water heterogeneous
azeotrope is condensed and split into two liquid streams. The light phase containing the solvent is recycled to the extractor, while the heavy phase is
reﬂuxed to the stripper. Water leaving the stripper can be recycled to the electrolyzer.

Figure 10. The decanter to separate the heterogeneous water−
solvent azeotrope into two immiscible liquid streams was
modeled with the in-built condenser/decanter model of
RADFRAC in Aspen Plus. The capital and utility costs for the
hybrid extraction−distillation process can be found in Table 8.
The cost of concentrating 10 wt % FA to 85 wt % is around
$245/ton. We note that the contribution of the capital cost to
the total cost is almost half, which is due to the relatively small
scale (500 kg/h) of the process. Furthermore, a cost breakdown
shows that the extractor has only minor contributions to the
total cost. The major costs come from the solvent recovery units
(i.e., distillation and stripping), which is typical for extraction
processes. Recently, Hidajat et al.147−149 estimated the
economics of the BASF and the Kemira−Leonard process for
formic acid production. The cost of FA separation for the BASF

the steam stripper for raﬃnate treatment. The design that used
the minimum number of stages and steam consumption to
obtain a water purity of 99.95 wt % was adopted. The distillation
columns were sized using the Tray Sizing tool in Aspen Plus.
The tray eﬃciencies of the extraction and distillation columns
were set to 25 and 75%, respectively. The scale-up/sizing of
extraction columns is not trivial, since it is common practice to
ﬁrst run pilot plant tests before large-scale application. Here, the
empirical equations of Todd et al.145 were used to size the
extractor; see the Supporting Information for details. The capital
cost of the extractor was obtained from the correlations in the
book of Woods.146 The operating costs of extractors are typically
very small (<3%) compared with the solvent recovery units.
Here, we have assumed that the operating cost of the extraction
unit is 3% of the total operating cost of the process shown in
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mixture of around 85 wt % FA and water as bottoms. Water
leaving the distillation column as tops can be recycled to the
electrodialyzer. Here, heat integration and salt eﬀects on the
distillation performance were neglected. For higher FA
concentrations, at least one additional distillation column will
be required. Optionally, one can use the previously explained
extraction followed by the distillation process to reach higher
concentrations, but this will increase the cost signiﬁcantly.
The capital and utility costs of the electrodialyzer were
obtained by scaling up the experimental results of Jaime Ferrer et
al.121,122,120 for the BPM-based three-compartment cell. The
capital costs of electrodialysis processes are mainly determined
by the required membrane area for a given capacity. The
required membrane area (A) can be computed from

Table 8. Cost Estimation of the Hybrid Extraction−
Distillation Processa
unit

extraction

solvent recovery

total

CAPEX (k$)
CAPEX ($/kg FA)
OPEX (k$/year)
OPEX ($/kg FA)
total ($/kg FA)

750
0.013
14
0.004
0.016

7000
0.117
450
0.113
0.229

7750
0.129
464
0.116
0.245

a

Economic analysis is based on a plant capacity of 500 kg/h, a lifetime
of 15 years, and 8000 h/year of operation. Maintenance, depreciation,
interest, and taxes are excluded.

process, which is also based on liquid−liquid extraction, was
estimated to be around $115/ton. The cost of FA separation for
the Kemira−Leonard process, which is based on pressure-swing
distillation, was estimated to be around $145/ton. The
diﬀerence of around $100/ton between our cost estimate for
FA separation and that of Hidajat et al. is mainly due to the (6
times) larger scale of their process (i.e., the capital cost).
Furthermore, we neglected heat integration, while the process of
Hidajat et al.149 was fully optimized and heat integrated.
The separation, concentration, and acidiﬁcation of dilute
formate solutions (i.e., the dissociated form of the acid at high
pH conditions) are more challenging. We have selected
electrodialysis with bipolar membranes to acidify and concentrate formate solutions because conventional methods do not
concentrate the stream and produce undesired salts upon
addition of acids. Furthermore, the presence of acids will
catalyze esteriﬁcation reactions in the distillation column when
alcohols are used in the preceding extraction step. For these
reasons, a combination of electrodialysis and distillation is used
to obtain a concentrated FA product from dilute formate
streams; see Figure 11. The feed containing 10 wt % potassium

A=

nFQ st(C f − C d)
iζ

(13)

where n is the electrochemical valence of formate, F is the
Faraday constant (C/mol), Qst is the volume ﬂow (L/s) in the
stack, i is the current density (A/m2), ζ is the current eﬃciency,
and Cf and Cd are the concentrations of FA in the feed and
diluate stream (mol equiv/L), respectively. We have assumed
that the diluate stream is free of formic acid. It is important to
note that the current eﬃciency in electrodialysis processes is a
strong function of the CD and the concentration of the acids
and/or bases. The cost of the stack and peripheral equipment is
taken as a fraction of the membrane cost. The operating cost is
dominated by the power consumption of the stack and the
peripheral equipment. The power consumption of the BPMAEM-CEM stack (Est) was reported by Jaime-Ferrer et al.120 to
be around 2.5 kWh/kg of FA at a CD of 50 mA/cm2 and an FA
concentration of 7 mol/L. The energy consumption of the
peripheral equipment is taken as 5% of Est. The capital and utility
costs of the distillation unit were obtained from the Aspen
Process Economic Analyzer. In Table 9, an overview of the
capital and operating costs of the electrodialyzer and distillation
process is provided. The results show that the cost of conversion
and concentration of formate to FA up to 30 wt % is around
$190/ton of FA. The distillation process to obtain 85 wt % FA
adds another $190/ton to the cost. Therefore, the total cost to
convert 10 wt % formate to 30 wt % FA, which is subsequently
concentrated up to 85 wt %, is around $380/ton of FA. The
downstream separation costs in the best and worse case
scenarios are $240 and $630/ton of FA, respectively.
Economic Analysis of the Supply Chain. Now that the costs
of all of the components are known, an economic analysis of the
whole supply chain (from CO2 capture to conversion to
downstream separation of products) can be performed. The
economic analysis will be performed for two cases: (a) CO2
electroreduction to formate and subsequent conversion to 85 wt
% FA (indirect conversion) and (b) CO2 electroreduction to
formic acid and subsequent concentration to 85 wt % FA (direct
conversion). In Tables 10 and11, an overview of the costs of
electrochemical CO2 conversion to formate and formic acid,
including CO2 capture/recycling, electrochemical conversion,
and product separation, is provided. In the base case, the costs of
producing 1 ton of FA through the indirect and direct routes are
around $803 and $743, respectively. Note that these costs are
reported on the basis of 1 ton of pure FA. The costs for 85 wt %
FA are around $683 and $631 for the indirect and direct routes,
respectively. Taking into account the accuracy of the cost
estimates (±30%), both routes have the same economic

Figure 11. Simpliﬁed process diagram to convert formate to FA with a
bipolar membrane electrodialyzer. Conventional distillation at elevated
pressure (around 4 bar) is used to obtain an azeotropic mixture of 85 wt
% FA and water.

formate is fed to the electrodialyzer, which uses a bipolar
membrane in a three-compartment conﬁguration to convert the
formate salt into formic acid and potassium hydroxide. The
solution is only concentrated up to 30 wt % FA to prevent
product crossover and eﬃciency loss at higher concentrations.
This concentrated stream is sent to the distillation column,
which is operated at a pressure of 4 bar, resulting in an azeotropic
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contrast, the economics of the direct route strongly depends on
the formic acid concentration in the feed; see the Supporting
Information. Therefore, the direct route of producing FA is
more interesting if higher FA concentrations can be achieved in
the electrochemical cell. We note that concentrations up to ∼50
wt % FA have already been obtained but at a relatively low FE or
CD.38 The economics of the FA process will improve
signiﬁcantly if the cause of the FE reduction at such high
concentrations can be resolved. In the best case, the costs reduce
to around $400 and $300/ton of FA for the indirect and direct
routes, respectively. Considering the market price of 85 wt % FA
($600−$800/ton), both routes of producing FA can be
proﬁtable, but the direct route is slightly more interesting. To
increase the margins, many diﬀerent aspects of the electrochemical CO2 conversion process need to be improved. In the
following, a list of challenges is presented that will have a
signiﬁcant impact on the economics of electrochemical CO2
reduction processes.
Challenges and Opportunities. To improve the economics of CO2 electroreduction to valuable (liquid) products, many
hurdles need to be overcome. In Table 12, an overview of the

Table 9. Estimated Downstream Separation Costs of
Converting 10% Formate to 85 wt % FAa
case
electrodialysis
electrolyte feed (kg/h)
FA concentration in (w/w)
FA concentration out (w/w)
power (kWh/kg)
electricity price ($/MWh)
CD (A/m2)
current eﬃciency
membrane area (m2)
cost BPM ($/m2)
cost AEM ($/m2)
cost CEM ($/m2)
membrane cost (k$)
stack cost (k$)b
peripheral equipment (k$)c
total investment (k$)
CAPEX ($/kg)
OPEX ($/kg)
total cost electrodialyzer ($/kg)
distillation
capacity (kg/h of FA)
FA concentration in (w/w)
FA concentration out (w/w)
CAPEX ($/kg)
OPEX ($/kg)
total cost distillation ($/kg)
total cost ($/kg of FA)

best

base

worse

5000
0.1
0.3
1.5
25
1000
0.95
292
500
150
150
234
351
526
876
0.01
0.04
0.05

5000
0.1
0.3
2.5
50
500
0.75
740
1000
150
150
962
1443
2164
3607
0.06
0.13
0.19

5000
0.1
0.3
4
100
500
0.6
925
1000
150
150
1202
1804
2706
4509
0.08
0.37
0.44

500
0.3
0.85
0.06
0.12
0.19
0.24

500
0.3
0.85
0.06
0.12
0.19
0.38

500
0.3
0.85
0.06
0.12
0.19
0.63

Table 12. Challenges and Opportunities to Improve the
Economics of CO2 Electroreduction to Valuable Products
components
electrodes
membranes
anodic
reaction
electrolytes

a

Economic analysis is based on a lifetime of 15 years and 8000 h/year
of operation. Maintenance, depreciation, interest, and taxes are
excluded. bStack cost is 1.5 times the membrane cost. cPeripheral
equipment cost is 1.5 times the stack cost.

conversion
solvents

Table 10. Estimated Cost of Electrochemical Reduction of
CO2 to Formate and Subsequent Conversion to 85 wt % FAa
case

best

base

worse

cost CO2 capture ($/ton FA)
cost CO2 recycling ($/ton FA)
CO2 conversion ($/ton FA)
downstream ($/ton FA)
total cost ($/ton FA)

32
6
123
241
402

96
38
291
378
803

382
229
854
630
2095

ﬂow
eﬃciency
separation

components that will have a signiﬁcant impact on the process
economics of CO2 electroreduction is provided. Electrodes need
to be developed with a low overpotential for the reduction and
oxidation (redox) reactions, a high stability in alkaline and acidic
environments, and a high lifetime. For weak acids like FA or
acetic acid, it is desired to develop stable catalysts that can
operate in acidic media without aﬀecting the product selectivity.
This will eliminate the requirement of an acidiﬁcation step
downstream of the process. Membranes with a low resistance,
high product rejection, and high fouling resistance are required.
Currently, achieving high FA concentrations (>10 wt %) at high
FEs and CDs is limited by product crossover through
membranes and the transport of concentrated products, which
can block the supply of CO2 molecules to the cathode.38,57 The
use of electrolytes should be minimized to avoid downstream
separation issues. In this regard, catholyte-free CO2 electrolysis
as reported by Lee et al.57 or solid electrolytes (e.g., the ionexchange resins used by Yang et al.54 or the proton/formate
conducting solid electrolyte by Xia et al.38) that do not
contaminate the product should be preferred. Furthermore, the

a

Economic analysis is based on a lifetime of 15 years and 8000 h/year
of operation. Maintenance, depreciation, interest, and taxes are
excluded.

Table 11. Estimated Cost of Electrochemical Reduction of
CO2 to 85 wt % FAa
case

best

base

worse

cost CO2 capture ($/ton FA)
cost CO2 recycling ($/ton FA)
CO2 conversion ($/ton FA)
downstream ($/ton FA)
total cost ($/ton FA)

32
6
146
123
306

96
38
364
245
743

382
229
998
490
2100

opportunities
development of (acid) stable high-lifetime electrodes with low
overpotential for the redox reactions
development of membranes with low ohmic resistance and
product crossover/leakage
search for an alternative reaction, instead of OER, to produce a
more valuable product at the anode
minimize the use of electrolytes (e.g., catholyte-free
electrolysis) to avoid diﬃcult separations
strategy for high single-pass conversion is desired to minimize
gas separation
use of nonaqueous solvents will facilitate easier separation of
(polar) products
optimize gaseous or liquid ﬂows to avoid mass transfer
limitations and to concentrate products
synergy between all reactor components is required to obtain
high FE and CD at low cell potentials
products should be obtained in high concentrations to
minimize downstream separation costs

a

Economic analysis is based on a lifetime of 15 years and 8000 h/year
of operation. Maintenance, depreciation, interest, and taxes are
excluded.

viability. The indirect route mainly relies on the availability of
cheap electricity and membranes to run the electrodialyzer. In
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CO2 capture, electrochemical conversion to FA/formate,
recycling of unconverted CO2, and downstream separation.
We demonstrate that FA is economically a more attractive
product than formate, even when an FE penalty of 10% for FA in
the CO2 electrolyzer is considered. In addition to a high Faraday
eﬃciency and current density at low overpotentials, electrochemists should also aim for a high product concentration and
single-pass conversion. The results reported here urge for a
better design of CO2 electrocatalysts that can operate at low pH
conditions without aﬀecting the selectivity of the desired
products and technologies for eﬃcient separation of dilute
products from (photo)electrochemical reactors.

use of excessive electrolytes will cause solid formation in an FA
distillation column. At pressures higher than 1 bar, water will
leave the column as a distillate, while FA and the electrolytes are
concentrated in the bottoms, which will cause precipitation of
the salts. The use of nonaqueous solvents will not only increase
the CO2 solubility but also facilitate easier separation of dilute
(polar) products like carboxylic acids and alcohols. By carefully
selecting a nonaqueous solvent, the products can be in situ
extracted in the electrolyzer avoiding a downstream extraction
step. The ﬂow and contacting time of reactants and products
should be optimized to minimize mass transfer limitations, allow
high single-pass conversion, and obtain products in high
concentrations. Low single-pass conversion and dilute product
streams will require expensive gas−gas, gas−liquid, or liquid−
liquid separations. Synergy between all reactor components is
essential to obtain high eﬃciencies and current densities at low
cell potentials. Separation should be considered in an early stage
of the reactor design. The works of Yang et al.54 and Xia et al.38
clearly demonstrate the concept of downstream simpliﬁcation
by design. One should a priori avoid diﬃcult-to-separate
mixtures involving excessive electrolytes, dilute (polar) product
streams, unconverted reactants, and weak acids at pH > pKa.
Electrochemists should not only aim for a high FE and CD at a
low overpotential, but a high (liquid) product concentration is
equally important from an economic point of view. Without a
good strategy for downstream separation of (dilute) products,
the (photo)electrochemical reduction of CO2 to chemicals and
fuels will suﬀer the same fate as the fermentation process. An
alternative reaction at the anode, instead of the OER, which
either requires a lower overpotential or produces a more
valuable product than oxygen, will signiﬁcantly improve the
overall economics of the electrolyzer. The coelectrolysis of CO2
and glycerol reported by Verma et al.150 is an example of this
strategy. However, such an integration might require a redesign
of the reactor/catalyst to optimize the conditions of both
reactions, prevent crossover/mixing of anodic and cathodic
products, and for recovery of both products. It is clear that many
diﬀerent aspects of the electrochemical CO2 reduction process
need to be improved before commercialization.
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CONCLUSIONS
A high-pressure semicontinuous batch electrolyzer with a tinbased cathode was used to convert CO2 in acidic media to
formic acid. The eﬀects of CO2 pressure, bipolar membranes,
and electrolyte concentration on the Faraday eﬃciency (FE) of
formic acid (FA) and the current density (CD) were
investigated. The results show that at high pressures it is
possible to eﬃciently convert CO2 to formic acid (i.e., the
molecular form of the acid) at low pH conditions. The highest
FE (∼80%) was obtained at a pressure of 50 bar at a cell
potential of 3.5 V and a CD of ∼30 mA/cm2. The FE of FA in
alkaline media is higher (∼90%) but produces formate (i.e., the
ionic form) instead of formic acid. We show that the minor
diﬀerence between the two forms of FA has major consequences
for the downstream separation process. Distillation, extraction,
adsorption with ion-exchange resins, electrodialysis, and
crystallization/precipitation have been reviewed for FA/formate
puriﬁcation from dilute streams of the CO2 electrolyzer. Using
process heuristics, liquid−liquid extraction and electrodialysis
with bipolar membranes have been selected to recover/
concentrate FA and formate, respectively. A technoeconomic
analysis of the electrochemical reduction of CO2 to FA or
formate has been performed. This analysis included the costs of
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J. R. Low-energy formate production from CO2 electroreduction using
electrodeposited tin on GDE. J. Mater. Chem. A 2016, 4, 13582−13588.
(54) Yang, H.; Kaczur, J. J.; Sajjad, S. D.; Masel, R. I. Electrochemical
conversion of CO2 to formic acid utilizing Sustainion membranes. J.
CO2 Util. 2017, 20, 208−217.
(55) Higgins, D.; Hahn, C.; Xiang, C.; Jaramillo, T. F.; Weber, A. Z.
Gas-Diffusion Electrodes for Carbon Dioxide Reduction: A New
Paradigm. ACS Energy Lett. 2019, 4, 317−324.
(56) Díaz-Sainz, G.; Alvarez-Guerra, M.; Solla-Gullón, J.; GarcíaCruz, L.; Montiel, V.; Irabien, A. Catalyst coated membrane electrodes
for the gas phase CO2 electroreduction to formate. Catal. Today 2018,
1−7.
(57) Lee, W.; Kim, Y. E.; Youn, M. H.; Jeong, S. K.; Park, K. T.
Catholyte-Free Electrocatalytic CO2 Reduction to Formate. Angew.
Chem., Int. Ed. 2018, 57, 6883−6887.
(58) Gmehling, J., Ed. Formic Acid−Water Azeotropic Data: Datasheet
from ’Dortmund Data Bank (DDB)Thermophysical Properties Edition
2014’ in SpringerMaterials, Springer-Verlag: Berlin, Heidelberg.
(59) Cusack, R.; Fremeaux, F.; Glatz, D.; Karr, A. A Fresh Look at
Liquid−Liquid Extraction. Chem. Eng. 1991.
(60) Gentry, J. C.; Solazzo, A. J. Recovery of Carboxylic Acids From
Aqueous Streams. Environ. Prog. 1995, 14, 61−64.
(61) Glatz, D.; Parker, W. Enriching Liquid−Liquid Extraction. Chem.
Eng. 2004, 44−48.
(62) Glatz, D.; Cross, B.; Lightfoot, T. Pilot Plant Testing for Liquid−
liquid Extraction. Chem. Eng. Prog. 2018, 24−30.
(63) Sprakel, L.; Schuur, B. Solvent developments for liquid-liquid
extraction of carboxylic acids in perspective. Sep. Purif. Technol. 2019,
211, 935−957.
(64) Reyhanitash, E.; Brouwer, T.; Kersten, S. R.; van der Ham, A.;
Schuur, B. Liquid-liquid extraction-based process concepts for recovery
of carboxylic acids from aqueous streams evaluated for dilute streams.
Chem. Eng. Res. Des. 2018, 137, 510−533.
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